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DELVIGNE Frank (2006) Etude de I'impact des conditons hydrodynamiques du bio-réacteur sur
la conduite et I'extrapolation des bioprocédés (Ttee de doctorat). Gembloux, Faculté Universitaire
des Sciences Agronomiques

Résumé a I'heure actuelle, les regles d’extrapolatioss chio-réacteurs agités sont basées sur des
parametres globaux du génie chimique relatif adiafion de mélange. L'objectif du travail est de
proposer des regles d'extrapolation et de dimensiorent des bio-réacteurs intégrant a la fois lésmo

du génie chimique et les contraintes afférentesnaigro-organismes. A cette fin, trois composantes o
été identifiées : une premiére composante hydradignee pour 'homogénéisation du réacteur, une
seconde composante hydrodynamique pour décrirgplacement ou la circulation des micro-organismes
a l'intérieur du bio-réacteur et une troisieme cosante pour la description de I'impact hydrodynamiq

au niveau de la physiologie des micro-organismessuperposition des deux premiéres composantes
permet d’obtenir les profils de concentration rerioés par les micro-organismes lors de leur séjans

le réacteur et la derniére composante permet dereléa réaction des micro-organismes vis-a-vis du
profil de concentration rencontré.

Chacune des composantes a fait I'objet d’'une meatédn mathématique structurée et stochastique. La
formulation stochastique des modéles a été chdisifait des nombreux phénomenes aléatoires entrant
en ligne de compte.

Lors du travail, le concept de réactamgale-downa été utilisé afin d'étudier I'impact des conditso
hydrodynamiques sur la physiologie microbienne.ré€seteur comprend une partie agitée et une partie
non agitée et permet de reproduire a I'échelleaioratoire les conditions d’écoulement rencontdées

les réacteurs industriels.

Ce dispositif a permis d'observer des chutes dedement de croissance dues aux conditions
hydrodynamiques dans le cas de procétEbatch de production deEscherichia coli et de
Saccharomyces cerevisigges résultats expérimentaux ont permis de valédemodéles mathématiques
décrits précédemment, soulignant le fait que ceuypeuvent étre utilisés comme outils de
dimensionnement et d’extrapolation fiables.

DELVIGNE Frank (2006) Study of the bioreactor hydrodynamic impact on bioprocesses scale-up
and design (Thése de doctorat). Gembloux, Faculténiversitaire des Sciences Agronomiques

Summary. until now, the stirred bioreactor scale-up andigie rules are based entirely on physical
parameters. The aim of this work is to propose mseale-up rules taking into account the micro-
organisms physiological constraints. In this petfipe, three components have been identified rst fi
component linked to the homogenisation efficientthe reactor, a second component for the desonipti
of the microorganisms circulation inside the regcémd a third component for the description of the
hydrodynamic impact on the microorganisms. The sopmsition of the two first components allows to
describe the concentration profile experienced Iy tmicroorganisms during their sojourn in the
bioreactor, whereas the last component allows #iseription of the microorganisms responses in fobnt
these profiles.

Each of these components have been mathematicatlglied. A stochastic formulation has been chosen
because of the great proportion of random phenomgewerning the processes studied.

A scale-down reactor has been designed in ordestudy the impact of the hydrodynamics on the
microbial physiology. This reactor comprises arstirpart and a non-stirred part and is able toockpre

at small scale the industrial fluid dynamics.

This apparatus have allowed us to observe micrgi@él drop induced by the bioreactor hydrodynamics
in the case of fed-batch processes for the pranlucif Escherichia coliandSaccharomyces cerevisiae
These experimental data permit to validate the eboentioned mathematical models as efficient tools
for the bioreactors design and scale-up.
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Symboles et notations

Cette liste reprend les symboles et notations lies gouvent utilisés. Des notations
plus particulieres peuvent étre trouvées pourhepitres 2 a 8

a : aire interfaciale spécifique {m?)

b : largeur des contre-pales (m)

C. : concentration en oxygene dissous (kg/m3)

C°% : concentration en oxygéne dissous & saturatigmg

CTD : circulation time distribution — distributiades temps de circulation
d : diamétre de I'agitateur (m)

D : diamétre de la cuve (m)

e : épaisseur des contre-pales (m)

Fr : nombre de Froude (adimensionnel)

g : accélération de la pesanteuf/ghn

G : débit gazeux (i¥s)

H : hauteur de la cuve (m)

k, : coefficient de transfert de masse en phased@(kg/s)

ka : coefficient volumique de transfert d’oxygéné)(s

Ks: constante d’affinité du micro-organisme pouslbstrat (kg/m3)
| : longueur de la pale (m)

M : torsion subie par I'axe (N m)

N : vitesse d’agitation §

NOZ : network-of-zones (modéle en réseau de zones)

N, : nombre de pales

Np : nombre de puissance (adimensionnel)

Ngp : Nnombre de pompage (adimensionnel)

Ngc : nombre de circulation (adimensionnel)

P ou R : puissance dissipée en milieu non aéré (W)

Py : puissance dissipée en milieu aéré (W)

P.ndice : probabilité d’occurrence d’'un événement (I'irelspécifie le type
d’événement)

Qo : consommation de I'oxygéne dissous par les micganismes (kg/l.h)
Q. : débit de circulation (f¥s)

Q.: débit d’entrainement (is)

Q, : débit de pompage (ifs)

Re : nombre de Reynolds (adimensionnel)

rpm : tours par minute

S : concentration en substrat (kg/m3)

S : vecteur d’état a I'instant i

T : matrice de transition

t. : temps de circulation (s)

tn = temps de mélange (s)

t, : temps de pompage (s)

TD4 : turbine a disque a 4 pales droites



TD6 : turbine a disque a 6 pales droites

V_ : volume de liquide du réacteur (m3)

w : largeur de la pale (m)

We : nombre de Weber (adimensionnel)

X : concentration cellulaire (kg/m?)

Y : distance entre I'agitateur et le fond de lae(m)

p : masse volumique (kg/m3)

M : viscosité dynamique (Pa s)

Hmax : taux de croissance maximum du micro-organismg (s
o : tension de surface (N/m)



CHAPITRE 1
Introduction générale et analyse bibliographique
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1.1. Apercu de la problématique abordée dans ce travail

La these a pour théme I'étude de I'impact des ¢amdi hydrodynamiques du bio-
réacteur sur la conduite et I'extrapolation desplnoédés. Vu la grande diversité
des bioprocédés, et afin de limiter I'étude desnphéenes se déroulant a l'intérieur
des réacteurs, seuls les procétEd-batchont été envisagés. Ces procédés sont
effectués en ajoutant progressivement une solwmtentrée en substrat carboné
en cours de culture. Ce mode de conduite du réadssorise I'apparition de
gradients de concentration du fait de I'ajout intiétent de la source de carbone
(généralement effectué par le dessus du réacteureprésentation schématique de
I'apparition d’'un gradient de concentration dansplan axial d’'un réacteur est
présentée a la figure 1. Il est important de nqtex cette représentation n’est pas
figée dans le temps, mais évolue en fonction defopeances de mélange du
systeme, de la fréquence d’'impulsion de la pompgdt et de la consommation en
substrat par les microorganismes. De ce fait, faatérisation de ces phénomenes
nécessite I'emploi de modéles hydrodynamiques m@laborés que I'approche
classique du génie chimique qui se base principaténsur des corrélations

empiriques globales.

AJOUT FED-
BATCH

Figure 1: représentation schématique de I'apparition dalignt de concentration
dans le plan axial d’'un réacteur agité opérant edefed-batch(les zones rouges
représentent les zones fortement concentrées edies bleues les zones faiblement
concentrées)
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Ce phénomeéne d'apparition de gradient de substrasedn des réacteurs sera
amplifié au cours de I'extrapolation du procédéea dolumes de cuve industriels.
En effet, la figure 2 montre que 'augmentationcifiélle du réacteur entraine une
augmentation irrémédiable du temps mis par le Bystpour revenir a un degré
d’homogénéité acceptable (exprimé par le tempsélange t). Cette augmentation

du temps de mélange peut étre expliquée comme guéand I'échelle du réacteur
augmente, les éléments fluides doivent étre tratdsposur de plus longues
distances. Leur vitesse de déplacement doit daecagigmentée afin d’assurer le
méme degré d’homogénéisation par rapport aux néectde plus petites tailles.

Malheureusement, cette vitesse est directementopiopnelle & la puissance
volumique (puissance dissipée par I'opération d&igin rapportée au volume utile
du réacteur), ce qui contraint d'augmenter cellegi fonction de I'échelle du

réacteur. Au niveau industriel, de telles puissane@umiques sont généralement
impossible a mettre en ceuvre du fait des contmimtecaniques. Tous ces
phénomeénes conduisent donc a une diminution déicbefté de mélange des

réacteurs au fur et a mesure du processus d’edtapo

-©- Réacteur de 20L ; 2 mobiles d'agitation TD6
-~ Réacteur de 20L ; 3 mobiles d'agitation TD6
-9~ Réacteur de 500L ; 2 mobiles TD4

-B~ Réacteur de 2m? ; 2 mobiles TD6

-A- Réacteur de 2 m?; 3 mobiles TD6

=B~ Réacteur de 30m? (Vrabel et al. [2000])
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Figure 2 : évolution du temps de mélange en fonction deuissance d’agitation
requise par unité de volume P/V pour des réactagités de différents volumes et
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munis de différentes combinaisons de mobiles ddsigit. Les résultats relatifs au
réacteur de 30 m2 ont été extraits de la littéeaflit

N

La formation de gradient axial a lintérieur desacteurs n'est pas la seule
composante a prendre en compte dans le cadre de gémique. En effet, les
micro-organismes se déplacent a l'intérieur du tedacselon un mouvement de
circulation dépendant de I'action des agitateues inicro-organismes ne sont donc
pas statiques par rapport au gradient de conciemtrators de son évolution dans le
bio-réacteur, une cellule microbienne sera soumdsedes fluctuations de
concentration dont I'intensité et la fréquence aélbent des conditions opératoires
et du volume de culture. Il est important de camaseér ces fluctuations de
concentration et de connaitre leurs effets suthigsiplogie microbienne. Ces deux
aspects constituent la toile de fond du présenairalLa circulation d’'un micro-
organisme a l'intérieur d’'un réacteur agité a &grésentée a la figure 3 et montre
que le déplacement du micro-organisme va condidora profil temporel des

concentrations extracellulaires auxquelles il setamis.

N

by microorganims

Relative concentrations encountered

L1

0 2 4 6 12 14 16 18

8 10
Time (h)

Figure 3: représentation schématique du déplacement d’wnororganisme dans
un réacteur agité sous l'action des flux de cirtoite engendrés par le mobile
d’'agitation (a gauche). Le profil de concentrati@sultant auquel est soumis le
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micro-organisme durant son déplacement dans ldendaest également représenté
(a droite)

La complexité du probléme traité au cours de ceattaéside dans les interactions
qui existent entre la population microbienne etdlacteur. Ces deux composantes
feront I'objet d’'une étude bibliographique appradan dans les deux paragraphes

qui suivent.

1.2. Notions relatives aux aspects du génie chimigue irdensionnement du

bio-réacteur

Le dimensionnement des bio-réacteurs est la premédape a envisager pour
résoudre la problématique précédemment exposéen $approche classique du
génie chimique, le dimensionnement d'un réactelte agst réalisé en plusieurs
étapes [2] :

- Utilisation d’'un réacteur de géométrie standard

- Calcul des parametres de base de l'opération ddangeé (nombre de
Reynolds, puissance, débit de pompage et de dimujaobtenus par
I'analyse dimensionnelle.

- Estimation des parameétres de performances enomlavec le but de
'opération de mélange considéré. Dans ce travigif deux types
d’'opération de mélange considérées sont I'homogatién et le transfert
d’'oxygéne.

Ces notions de base pour le dimensionnement dactaér agité seront détaillées au
cours des paragraphes 1.2.1. et 1.2.2. Néanmdirsgra montré au cours des
chapitres suivants que I'approche classique duegéhnimique n’est pas suffisante
pour un dimensionnement correct du bio-réacteurcaord avec les contraintes du

micro-organisme.
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1.2.1. Géométrie standard et analyse dimensionnelle d’'unéacteur

agité

La considération de rapports géométriques prédéiésmau niveau du systeme
cuve-mobile d'agitation est trés importante pour rialisation d'expériences
relatives au dimensionnement du bio-réacteur. Eat,afela permet de comparer les
résultats obtenus dans d’autres systéemes respégal@ment cette standardisation
de géométrie, mais cela permet surtout d’extrapcles résultats a I'échelle
industrielle. Les cuves agitées sont donc concuesmdniere a respecter une
géométrie dite « standard ». La figure 4 reprersl detéres recommandés pour
gu’une cuve mécaniquement agitée réponde a la géeratandard du point de vue
de ses dimensions [2]. Les cuves standards soimddgues, comprennent un axe
d’agitation sur lequel sont fixés un ou plusieurmsbites d’agitation et leur paroi est
munie de contre-pales permettant d’'éviter la miseogation du fluide agité. Toutes
les cuves agitées utilisées au cours de ce trey@miindent aux conditions standards

de géométrie ou s’en approchent fortement.

H=D

Y =D/3
e=0¥10
03D=d=05D

&
k J

Figure 4 : schéma reprenant les principaux paramétres géguésrinécessaires
pour respecter la configuration standard (H : hautke liquide ; D : diamétre de la
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cuve ; d: diamétre du mobile d'agitation; e: iépaur des contre-pales; Y :
éloignement du mobile par rapport au fond de laguv

La puissance dissipée au niveau de I'élément mélangst un élément important
dans la caractérisation de l'efficacité de I'op@mtde mélange. En effet, la
dissipation de puissance d’'un mobile d’agitationd®ctement liée a son efficacité
a réaliser une opération de mélange donnée. Dansolesidérations suivantes, le
terme puissance ou puissance dissipée sera admotépantifier I'énergie fournie
par I'élément mélangeur au fluide agité. La relatipermettant de calculer la
puissance en milieu non aéré a été mise au pdoegr I'analyse dimensionnelle du
probleme. Cette analyse est réalisée en utiligatitdoreme de Vaschy-Buckingham
[3].

L’analyse dimensionnelle permet de réduire les afiables impliquées dans le
probléeme d’agitation a 16 - n = 13 (n étant le nmmble dimensions impliquées,
celles-ci étant la longueur, la masse et le temP®rmi ces 13 nombres
adimensionnels, 9 sont des rapports géométriqugeésentant pas d'intérét si la
géomeétrie standard de la cuve est respectée. heses nombres sont :

« Le nombre de Reynolds (Re)pNd%u. Celui-ci caractérise I'action des
forces de viscosité et est utilisé pour détermitertype de régime
d’écoulement pour un liquide de masse volumigykg/m3) et de viscosité
dynamiqueu (Pa.s), dans une cuve de géométrie standard upadiameétre
de mobile d'agitation d (m) donné et pour une wited'agitation N (%)
donnée.

* Le nombre de puissance ou de Newton) (N PPN3®, caractérisant le
rapport des forces d’entrainement du fluide paedihce de pression (avec
P (W) représentant la puissance dissipée par ldlendlagitation) sur les
forces d'inertie. Ce rapport est mieux connu seuetme de coefficient de
trainée du systéme d’agitation [2]. Nous verronsgmes que ce nombre
est fonction de la géométrie du systéeme d'agitagomprend des valeurs
particulieres en fonction nombre de Reynolds.

« Le nombre de Weber (We)pN?d*/o, caractérisant le rapport des forces de

cisaillement sur les forces de tension superfie@I{N/m).
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« Le nombre de Froude (Fr) =2tlg, caractérisant I'action des forces
d’inertie sur les forces de gravité (avec g (meprésentant I'accélération
de la pesanteur).

Parmi I'ensemble des 13 nombres adimensionnelsnobie’expérience montre
qu'il vaut mieux choisir il comme variable indépendante [2]. On obtient alors
relation entre et un produit de nombres sans dimensions (avguuissances x, Y,
Z, X, Xo,...)

N K. RE&.FY . WE . (H/dy*. (D/dy* ...
Pour une cuve d'agitation standard munie de cqudies, cette équation peut étre
simplifiée et se résume a une simple relation elgraombre de puissance et le
nombre de Reynolds [2]. Cette relation est géngrafe déterminée pour un mobile
d’'agitation donné et est présentée sous la formeedcourbe caractéristique de

puissance (figure 5).

No N
\\
NN
10 \ f mE
NN 1 ] ;;
N LT pemteed
~[ TR T T I

I
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1
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m i =T‘=é/
o el ||

1 10 102 10° 10¢ 10¢ 108 107
Re

Figure 5: courbe caractéristique de puissancg N f(Re). Selon l'analyse
dimensionnelle, cette courbe ne dépend que dudgprobile d’agitation [4].

La figure 5 montre que pour la région de flux tuelmn (Re> 10* & 16, en fonction
du type de mobile utilisé) le nombre de puissangesdt indépendant du nombre de
Reynolds Re. A partir de la, la puissance dissipeéat étre facilement calculée a
partir du nombre de puissance :

P =N,.p.N.d
La valeur du nombre de puissance est donnée paonstructeur du mobile

d’agitation et peut étre trouvée dans des tables.
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D’autres paramétres de I'opération de mélange peu@de déterminés par un
raisonnement analogue et des courbes caractéestitgi pompage et de circulation
peuvent étre définies pour un systéme d’agitationné. En régime turbulent, les
nombres adimensionnels relatifs aux actions de pgegt de circulation du mobile
considéré ne dépendent plus du nombre de Reynbkineseulement fonction du
type de mobile [2]. Le débit de pompagg(@?3/s) est défini comme étant le débit de
liquide qui passe effectivement par le mobile dagn. Il peut étre déterminé par
I'équation :

Qo =NgpN
Le coefficient N, est le nombre de pompage, N la vitesse d’agitaiidnet d le
diamétre du mobile d’agitation (m). Celui-ci dépehdtype de mobile d’agitation et
est constant en régime turbulent.
A partir de la, un temps de pompage moyen, correlga au temps qui s'écoule
entre deux passages successifs au niveau de taagitpeut étre défini :

th=Vi/ Q,

Avec V|, (m3) correspondant au volume effectif de liquidansl la cuve. Ce
parameétre peut étre pour calculer la fréquenceadsgge des micro-organismes au
niveau de zones de fluide particuliéres a l'intérielu bio-réacteur, comme par
exemple, la zone d'ajout d’'une solutidad-batch[5], les zones enrichies en
oxygene dissous [5-8]. Le passage au niveau deaess de fluide est souvent
associé a l'induction d'un stress physiologiqueesit donc un parameétre important
pour le dimensionnement d'un bio-réacteur.
Le débit de pompage induit, par transfert de qtéarde mouvement, un débit
d’entrainement. Le débit de circulation dans laec@st la somme du débit de
pompage et du débit d’entrainement :

Q=Q+Q
Par analogie avec le débit de pompage :

Q=N N
Avec Ny etant le nombre de circulation.
A partir de 1a, un temps de circulation moyen pitte défini :

t=Vi/Q
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Dans ce paragraphe, plusieurs parametres relatifpé@ration de mélange ont été
définis. Ces parameétres sont faciles a calculer poe cuve d’agitation standard,
mais leur application reste globale et ne permstdabtenir de renseignement sur
I'hétérogénéité régnant dans un bio-réacteur. Aursalu travail, ces parametres
(puissance, débit de pompage et débit de circalatiseront utilisés pour
I'élaboration de modeles hydrodynamiques structyréemettant de caractériser
cette hétérogénéité (pour plus de détails, vaiagraphe 1 .2.3.).

Le calcul du temps de circulation réel peut étmpleyé afin d'illustrer cette notion
d’hétérogénéité des paramétres au sein d'un réadieueffet, dans la réalité, le
micro-organisme peut emprunter une série de chemscirculation dont la
diversité et la longueur dépendent des dimensiansédcteur. Il n'existe pas un
chemin unique de circulation moyen, mais bien uigridution de chemin de
circulation ou de temps de circulation. Dans le des réacteurs de petit volume, le
calcul du temps de circulation par I'analyse dimemselle est une bonne estimation
du temps moyen mis par un micro-organisme pourtéresporté au sein du volume
réactionnel. Néanmoins, les dimensions du réaceagmentant, I'écart-type de la
distribution des temps de circulation augmenteeetdlcul du temps moyen de
circulation par analyse dimensionnelle ne constfiliess une bonne estimation du
comportement global des micro-organismes a l'ietéridu réacteur. L’estimation
de la distribution des temps de circulation peu¢ &ffectuée par mesure, ou par
modélisation mathématique de I'écoulement au sesnréacteurs [9].

Dans le paragraphe qui suit, I'opération de mélasge abordée pour les cas
particuliers de I’homogénéisation et du transféskggéne. Ces deux opérations ont
en effet beaucoup d'importance dans le cadre deprdiédés du fait de la
sensibilité des micro-organismes face aux fluctuesti des conditions

environnementales et aux disponibilités en oxygissous.

1.2.2. Opération de mélange appliquée a I'homogénéisatiort au

transfert d’oxygene

Les buts de I'opération de mélange peuvent étriysémsur base de paramétres de

performance. Un parametre de performance est uaedgur qui permet de
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quantifier I'efficacité d'une opération de mélandans un but bien précis. Le
parameétre de performance utilisé pour quantifififitacité d’homogénéisation d’'un
systeme d’agitation est le temps de mélange. Leeminde temps de mélange est
illustré a la figure 6 par un I'injection d’un traar coloré dans une cuve agitée. Dans
ce cas, I'estimation du temps de mélange peutedfieetuée en suivant visuellement
I’'homogénéisation du colorant aprés ajout de caldans un systéeme d'agitation.
La valeur du temps de mélange correspond au temmsé entre I'injection du

traceur et son homogénéisation dans le volume devie.

Figure 6 : répartition d’'un colorant dans une cuve agitée pestimation du temps
de mélange [10]

En pratique, le temps de mélange est estimé pamd#isodes plus précises [11].
Celles-ci mettent en ceuvre un traceur de naturicpli&re et une sonde adaptée :
sonde pH dans le cas d’un traceur acido-basique $bAde de conductivité dans le
cas d'un traceur salin [13], thermocouple dansakedun traceur thermique [14].
Ces trois méthodes sont celles qui sont le plusacoment rencontrées dans la
littérature, mais il en existe encore bien d’auftesceurs radioactifs,...).

Le temps de mélange est un parametre de performapaetant a considérer pour
le dimensionnement d’un bio-procédé, spécialemettlsi-ci est effectué en mode
fed-batch(c’est-a-dire avec un apport externe en nutrimeis effet, dans ce cas,
la source de carbone est ajoutée de maniére pdlectwecours de la culture. Si le
temps de mélange est trop important, des gradamisoncentration en substrat se
forment a l'intérieur du bio-réacteur. Suivant t8nsité de ce gradient et la nature
du micro-organisme cultivé, les rendements du baz@dé peuvent en étre affectés.

Comme la figure 2 le montre, les performances dbgéméisation du réacteur vont

10
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se détériorer au cours de son extrapolation, gralement a cause de limitations au

niveau de la puissance pouvant étre fournie psydeeme d’agitation.

Le transfert d'oxygéne est également un processysortant qui dépend de
l'opération de mélange. Cette opération est pditi@ment limitante pour les
cultures de micro-organismes aérobies. En effetplabilité de 'oxygéne dans les
milieux aqueux est trés faibles, environ 7 a 8 rdgfts la gamme de pression et de
température courante, la demande moyenne des wigamisme dépassant
plusieurs fois cette valeur. Ce n’est donc padasquantité d’oxygéne transféré que
va se baser le dimensionnement du bio-réacteurs mlaitdt sur la vitesse de
transfert de I'oxygéne. Le parametre de performangeest utilisé pour I'opération
de transfert d’oxygéne est le taux de transferkytiéne ka (s'). De nouveau, cette
opération est particulierement limitante dans ls das procédéfed-batchpour
lesquels la densité cellulaire peut atteindre dakews trés importantes. Une
augmentation de la densité cellulaire nécessitpalsser au maximum la capacité
de transfert d'oxygéne du systéme.

En pratique, I'évolution de la concentration en gawye dissous dans un réacteur
peut étre décrite par plusieurs types d'équaticgguation la plus couramment

utilisée est celle qui découle du modéle du dofibte[15] :

o~ alfce-c ),

Ou dG/dt représente I'évolution de la concentration eygéne dissous dans la
phase liquide C(g/l) au cours du temps : kla'hest le coefficient volumique de

transfert d'oxygéne ; € (g/l) est la concentration en oxygéne dissous mabeém

pouvant étre atteinte a saturation du miliew ;& la consommation de I'oxygene
dissous par les micro-organismes (g/l.h)

Ce modeéle se concentre sur le transfert de massavaus du film gazeux et du film

liquide situés de part et d'autre de l'interface-tiquide. Dans le cas de I'oxygéne,
il a été démontré que le film liquide est I'éléméntitant du processus de transfert
de masse. Dans ce cas, I'équation de I'évolutiomxgmgéne dissous au cours du

temps dG/dt est formulée uniqguement a partir de ce filmuiig et est

11
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proportionnelle au & (coefficient volumique de transfert d’oxygénepatgradient
de concentration €— G).

Une grande diversité de techniques expérimentateg disponibles pour la
détermination du & [16, 17]. Ces techniques ne permettent néannmirisne

estimation globale de la capacité de transfertytjéxe d’un réacteur.

1.2.3. Vers une approche structurée de I'opération de métme

Les notions abordées dans les paragraphes présuembettent d'étudier le bio-
réacteur en lui attribuant des parametres reprasenine tendance globale (par
exemple, le temps de circulation représente le $empyen mis par un micro-
organisme pour traverser le volume du réacteur)vidde la sensibilité des micro-
organismes face aux contraintes physiques, il lapbitant de bien maitriser les
connaissances de dimensionnement des réacteurce fag, de nombreuses études
ont porté sur une amélioration des performanceséabaseurs :
- Optimisation de la géométrie du réacteur : dimemstonent de nouveaux
systemes d’agitation, d’aération,... [18, 19]
- Mise au point de techniques sophistiquées pourtitasion des
performances du réacteur : techniques de tomogrdpf], d'anémométrie
laser [21, 22],...
- Amélioration des systemes de régulation de paras@pératoires, tel que
le pH, la quantité d’'oxygéne dissous, la conceiginaén glucose dans le
cas d'un réacteur fonctionnant fad-batch... [23, 24]
Malgré ces études, I'hétérogénéité spatiale deprigtés physiques, chimiques et
biologiques du contenu des réacteurs constitueotosij un écueil a leur bon
fonctionnement et a leur optimisation. Les parae®tiemporels sont également
importants et sont représentés sous la forme damalyse des temps

caractéristiques de procédé [25] a la figure 7.
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Temps de génération des micro-organismes (20 min a Sh)
< >
Temps de mélange (5 a 400 s)
< >
Temps de transfert d’oxygéne (10 a 100 s)
< >
Temps de circulation (1 a 50 s)
)
[ 1 [
1 I 1
Secondes Minutes Heures
. A -
~ -~
BIO-REACTEUR MICRO-ORGANISME

Figure 7 : analyse des temps caractéristiques liés aux tiépes

Les temps moyens pour la croissance des micro-mmgas étant trés longs, les
temps de réaction requis au niveau des systemeségigdation ne sont pas
problématiques. Néanmoins, les micro-organismes/gugurépondre a certaines
perturbations par des réponses métaboliques raffdesexempleSaccharomyces
cerevisiaeréagit en quelques secondes face & une concenttadp importante en
glucose par le passage d’'un métabolisme respieatoirn métabolisme fermentaire
(effet Crabtree) [5]. Ces phénoménes métabolicagisies peuvent étre imputés aux
temps relativement courts pour l'induction des geimepliqués et la synthése des
ARN messagers [26]. La figure 8 permet d'illustrBimpact des réponses
métaboliques rapides sur les systémes de réguld@erbio-réacteurs. Cette figure
met en ceuvre le suivi de la concentration en oxyghssous lors de la cultufed-
batchd'une levure. Le systéeme de régulation intervigmir maintenir un niveau en
oxygene dissous supérieur a 30% (100% correspoadargaturation du milieu). La
figure 8 montre que des perturbations sont observ€elles-ci peuvent étre
attribuées a I'ajout ponctuel de glucose dansdetetir. En effet, suite a cet ajout, la
levure consomme le glucose de maniére aérobiajicentraine une chute au niveau
de l'oxygeéne dissous. Cette réaction de respirafi®rglucose étant trop rapide, le
temps de relaxation du bio-réacteur est trop ingmbrpour équilibrer le niveau

d’oxygene dissous a 30%.
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Figure 8: profil en oxygéne dissous lors de la cultted-batchde Pichia pastoris
Le systéme de régulation est programmé pour mairieeniveau d’oxygene dissous
au-dessus des 30% en modulant la vitesse d’agitdticystéme

Outre le temps de réponse parfois insuffisant,uiregype de probleme peu affecter
les systémes de régulation. En effet, leur fonckanent est souvent lié a la réponse
d'une sonde ou d'un capteur (sonde de tempérasorede pH, analyseur de gaz,
sonde a oxygéne dissous,...). Néanmoins, ce cageptaeé a un endroit donné du
réacteur et ne scrute q'une petite partie du voluleecelui-ci. Si le temps de
mélange du systéme est court, le réacteur peut@gdéré comme une boite noire
dont les paramétres peuvent étre mesurés par ume qacée a n'importe quel
endroit du systeme (celui-ci étant homogéne). Né&amsn pour les réacteurs de
taille plus imposante, le systéme est généralerétérogene, et la sonde ou le
capteur peut induire en erreur le systeme de réignla

Le méme raisonnement peut étre effectué a partadédeloppement des techniques
d’estimation des performances des réacteurs. En, ééf fait que les réacteurs ne
soient plus considérés comme des systémes homogénesnditionné le
développement de techniques expérimentales pemhettétudier la distribution

spatiale des parameétres de performance au seioldme réactionnel [20].
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Ces considérations sont particulierement importadens le cas des bio-réacteurs,
I'hétérogénéité pouvant gravement affecter certairmes métaboliques. Il y a donc
un intérét de plus en plus grand pour les modétedid-réacteur permettant de
simuler certains parameétres de performance a lleclozale. De tels modeles sont
appelés modéles structurés ou modeles boite gpiae,rapport aux modeles
considérant le réacteur comme une simple boitenoir

Dans la méthodologie développée dans ce travalx édispects du génie chimique
interviennent dans le cadre du dimensionnemenbatestacteurs : I'apparition du
gradient de concentration et le déplacement duarocganisme par rapport a ce
gradient. Plusieurs modeles structurés sont digfEmidans la littérature pour
caractériser l'intensité du gradient de concergratiu sein du réacteur. Ces modeles
structurés (c'est-a-dire prenant en compte lescténiatiques locales du systéme)
sont basés sur le concept de réacteurs parfaiteagegs placés en série [27, 28].
Dans cette approche, le volume du réacteur eshidélpar I'esprit en une série de
réacteurs pour lesquels le mélange est considémmeoparfait. Ces réacteurs,
encore appelés zones ou compartiments sont reléarls aux autres par des flux
dont lintensité et l'orientation permettent de mégenter les écoulements au sein du
réacteur considéré. Le concept de «compartimentatid’'un réacteur agité est
illustré a la figure 9. La figure 9A met en éviderla dynamique interne de la cuve
agitée. La figure 9B montre l'agencement des fluu (débits) entre les
compartiments de maniére a respecter les écouleg@srrés par I'agitateur. On
distingue :

- les flux de circulation qui proviennent du fluidet&iné par le mobile
d’'agitation. Ces flux de circulation @m3/s) peuvent étre calculés grace
aux corrélations présentées au paragraphe 1.2.1.

- les flux de turbulence qui représentent le fluidérané sous I'action des
forces de turbulence. Ces flux, représentés diguee 9B par des fleches a
double sens, expriment le rétro-mélange engendrdapturbulence. Ces
flux ne peuvent pas étre calculés a partir de tadioé et doivent étre
estimés par expérimentation (par exemple, en eff@ttdes tests de temps

de mélange).
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Ouverture de la
boite noire
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Figure 9: illustration du principe de « compartimentation’un réacteur agité. A :
ouverture de la boite noire. B : orientation des< ftle circulation et des flux de
turbulence en fonction du type d’agitateur choisi

La compartimentalisation permet d'obtenir un modéteathématique de
I'hydrodynamique du réacteur, exprimé sous la forien systéme d’équations
différentielles exprimant le bilan de matiére awveaiu des compartiments. Il y a
autant d’équations que de compartiments délimigissde modele. Par exemple,
pour un compartiment donné n, I'évolution de la a@ntration (par exemple, en

traceur, si on désire simuler une expérience desaie mélange) est donnée par :
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B2 2Q.11Cr1=QuouCr+QuinCr = QuouCr

Ou Q out €t Q ou(M?/s) représentent respectivement les débits rdelation et les
débits de turbulence sortant du compartiment nidérs et Qi et Q. i, les débits
de turbulence et les débits de circulation proverdun ou des compartiments
adjacents n-1. C représente la concentration giellstance a homogénéiser.

Ce genre d’équation peut étre modélisé pour sinfiéeolution d’'une concentration
C au cours du temps dans un compartiment donnéahteur, cette concentration
pouvant étre li€ée a un traceur ou a un substrigéupar les micro-organismes. La
résolution (c’est-a-dire les différences spatialesoncentration pouvant étre mises
en évidence) obtenue avec un modéle compartimeégendl du nombre de
compartiments considéré et est généralement addeptsi ce dernier est
suffisamment élevé (on peut trouver dans la littéeades modéles compartimentés
complexes composés de plusieurs centaines de comeats [20, 29]). Un
résolution plus élevée peut étre obtenue avec tEelas de mécanique des fluides
numérique [30]. Néanmoins, ce type de modele esudmip plus difficile a
manipuler du point de vue mathématique.

Au cours de ce travail, plusieurs modéles strustuvét été développés pour
représenter I'hydrodynamique de la composante éagteur de la problématique.
Ces modéles ont été exprimés de maniere stochadtigumaniére a pouvoir non
seulement représenter les phénoménes de mélangeanssi les phénoménes de
circulation des micro-organismes au sein du réacteCes modéles
hydrodynamiques stochastiques sont basés sur ilannd¢ probabilité de passage
d’'une particule d'un compartiment a un autre ebsemécrits plus en détail au
chapitre 3. Les principes généraux de construdiiesm modeles hydrodynamiques

stochastiques sont abordés en détail en annexe tiavail.
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1.3. Notions relatives au génie biochimigue : croissanaaicrobienne

Afin d’aborder la culture d’'un micro-organisme e-béacteur, il est important de
connaitre :

- Les performances hydrodynamiques du bio-réactealiegeci ont été
abordées au cours du paragraphe précédent).

- Lavitesse de la réaction considérée, c'est-adhres notre cas la vitesse de
croissance du micro-organisme ou la vitesse deustaxh d’un métabolite
(celle-ci étant liée a la croissance du micro-oigae).

Ce paragraphe a pour but de décrire I'aspect <igure microbienne » de la

problématique en relation avec les contraintesidudacteur.
1.3.1. Expression classique de la cinétique microbienne

La vitesse de croissance des micro-organismesgastgement exprimée a partir de
I'équation de Monod [31, 32] :

S
U I.J.max.S+KS

L’équation de Monod exprime I'évolution du taux d®issance p § en fonction
de la concentration en substrat S (g/l). Si la eatration en substrat est de loin
supérieure a K le micro-organisme se développe a son taux déssanace
maximum hax Par contre, si la concentration en substrat danstacteur est
inférieure a K, le taux de croissance du micro-organisme varidoegtion de la
concentration en substrat selon une loi de prewvidre (linéaire). K (g/l) est la
constante d'affinité du micro-organisme et corr@gpa la concentration en substrat
pour laquelle le micro-organisme se développe sefotaux de croissance égal a la
moitié du taux de croissance maximahy Plus la constante d’affinité est faible et
plus le micro-organisme aura la capacité de cag¢erfaibles concentrations en
substrat dans le milieu de culture. Connaissambligion du taux de croissance, la
vitesse de développement d'une population micrat@emépond a I'équation

suivante :
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ax—
dt X

Avec X étant la concentration cellulaire (g/l) aemps t. Cette équation est
uniquement valable dans le cas d'un réacteur fefméch). Dans le cas des
réacteurs continus ou semi-ouvertsd(batch, des termes doivent étre ajoutés a
cette équation, mais le principe général restedmen

L'utilisation de cette équation pour décrire I'éutibn d’'une population
microbienne dans un réacteur a rencontré un fraccés et reste encore utilisée de
nos jours (de nombreuses variantes ayant fait &parition). Néanmoins, de
nombreuses hypotheses ont été émises pour étatibr équation [31, 32]. Citons,
parmi celles-ci :

- Le réacteur est considéré comme parfaitement mélang

- La source de carbone S est le seul élément limaatbissance

- L’oxygéne est apporté en exces

- La mortalité cellulaire est négligée

Ces hypothéses entrainent un biais par rapportréal#é, ce biais étant plus ou
moins important suivant le procédé considéré. Dansoblématique qui constitue
la toile de fond de ce travail, le fait de cons@ée réacteur comme parfaitement
agité constitue un écart important par rapport &éklité. 1l est donc nécessaire
d’adapter la loi de Monod, voire de considérer utteatype de modéle de cinétique
microbienne plus élaboré. Avant de passer au paphgrsuivant qui traite de ces
modeéles plus élaborés, il est utile de dresser alassification des modéles de
croissance microbienne pouvant étre trouvés danistdeature [32]. En effet, les

modéles peuvent étre qualifiés d’'une part de :

- Non structurés: ce type de modéle considére la cellule de margkabale,
sans se soucier des réactions internes a cellmoilgle de type boite
noire). Le modéle de Monod constitue un exemplenddéle non structuré.

- Structurés: pour certaines applications, il est intéressboibserver une ou
plusieurs voies métaboliques particuliéres. Les étexd structurés ne
considérent plus la cellule microbienne comme upb@ebnoire, mais
comme un ensemble plus ou moins complexe de réaddiochimiques.

Et, d’autre part, de :
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- Non ségrégésce type de modéle considére que toutes les eslidé la
population microbienne sont identiques.

- Ségrégés dans la réalité, les cellules microbiennes csit une
population donnée sont dans des stades de croissamcdes stades
physiologiques différents. Les modéles ségrégémgteent de distinguer
plusieurs sous-populations, caractérisées par dats @hysiologiques
différents, au sein d’'une méme population.

Les modeéles a la fois structurés et ségrégés semtsiir les modéles de croissance

microbienne les plus élaborés.

1.3.2. Vers un modéle plus réaliste de la croissance mids&nne en

réacteur

Le développement de modéles de croissance micnobiplus élaborés a été rendu
possible grace au développement de techniquesimgréales fines permettant leur
validation. Dans le cas des modéles structuréspnedes techniques de marquage
moléculaire, de génomique, de puce a ADN,... qui sailisées pour la mise en
évidence des flux métaboliques [33]. En effet, t¢eshniques performantes
permettent la mise en évidence de nombreuses wwdtsboliques, ce qui permet
par la suite leur inclusion dans un modeéle stréctpouvant simuler des
métabolismes trés complexes [34]. Ces modéles tstas peuvent trouver des
applications trés importantes dans la problémataidait I'objet de ce travail. En
effet, dans les réacteurs hétérogenes, les celhile®biennes sont soumises a des
variations environnementales, notamment au nivesucdncentrations en glucose.
Certains micro-organismes réagissent differemmerfbaction de la concentration
en glucose environnante. Par exemple, dans le’&ssluerichia colile passage de
faibles concentrations a de fortes concentrationglecose entraine l'induction de
nouvelles voies métaboliques et le passage d'umbobBsme de type respiratoire
avec production de biomasse a un métabolisme em@w dans lequel le glucose
excédentaire est converti en acétate [35, 36]. l&enenraisonnement peut étre

effectué dans le cas d®accharomyces cerevisid87]. Ces phénoménes sont
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impossibles a reproduire a I'aide d'un simple med#t type Monod et un modéle
structuré devient nécessaire.

Dans le cas des modeles ségrégés, la validatioté aeféectuée grace a des
techniques expérimentales permettant d’estimeragislement I'état physiologique
d’'un grand nombre de cellules microbiennes, comareegemple la cytométrie en
flux [38, 39]. Les modeles ségrégés sont égalemgmbrtants dans le cadre de ce
travail. En effet, du fait de I'hétérogénéité dwaateur (surtout dans le cas des
réacteurs de taille industrielle), plusieurs étatisysiologiques peuvent étre
distingués au sein d’'une méme population. De nayveamodéle simple de Monod
ne permet pas de représenter ce phénomeéne. ldtiblis de modeéles ségrégés
permet de quantifier I'impact du réacteur en simulas proportions prises par les
différentes sous-populations présentant des étytsglogiques différents.

Au cours de ce travail, le modéle ségrégé a étésichour étudier la composante
microbienne de la problématique. La plupart des étexd ségrégés utilisés pour
décrire I'évolution des populations microbiennesiglées réacteurs sont exprimés
sous formes d'équations déterministes [40]. Nousnavchoisi dans notre cas
d’exprimer le modéle ségrégé sous forme d'équattboshastiques, le passage des
cellules d’un état a une autre étant gouverné pampdobabilités (ces modeles seront

développés au cours du chapitre 8).

1.4. Stratégie de recherche

La complexité des opérations d'extrapolation des-rbacteurs provient de
I'hétérogénéité a la fois au niveau du bio-réagtemais aussi au niveau de la
population microbienne considérée. Cette complegi#€ encore accrue par les
interactions entre les micro-organismes et le Baxteur. Afin de simplifier I'étude
des systemes complexes, des outils de modélisatafmématique peuvent étre
employés. Ces techniques permettent de mieux ssuda dynamique interne des
systemes complexes tels que I'hydrodynamique dudacteur ou la dynamique
d’'une population microbienne. Le systéme est diaupdus complexe a analyser si
il est composé de plusieurs processus en interadlans notre cas, 3 processus

doivent étre considérés (figure 10). Le premiercpesus est le gradient de
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concentration se développant dans le réacteuret@nsl processus est la circulation
du micro-organisme dans le réacteur. La superpaosites deux premiers processus
permet d'obtenir les fluctuations environnementa&xourues par les micro-
organismes lors de leur séjour dans le réacteufinEle troisieme et dernier

processus est relatif a la croissance microbietieer&me.

MICROBIAL

GROWTH
MICROORGANISM

GRADIENT CIRCULATION

FORMATION
Figure 10: présentation schématique des 3 processus intamvelans I'étude d'un
bioprocédé. Un modéle est requis pour prendre mipt@chacun de ces processus.
La modélisation mathématique de ces processus pedne faciliter leur
compréhension. L'originalité provient de la formiida stochastique des modeles
employés, ce qui permet de prendre en compte &suis aléatoires (comme, par
exemple le déplacement d'un micro-organisme au skinréacteur). En effet,
I'expression stochastique des 3 composantes eudg interactions a permis :
- de caractériser les fluctuations de concentratigiies par les
micro-organismes lors de leur séjour dans le réacte
- d’évaluer I'impact des contraintes liées au réacsem la cinétique
microbienne.
Les résultats expérimentaux relatifs a la cinétiopierobienne ont été obtenus grace
a la mise en place d'un réacteszale-down Ce type de réacteur est congu de
maniere a reproduire a petite échelle I'hydrodympmides réacteurs industriels. Le
concept de réacteuscale-downest illustré a la figure 11. Dans les réacteurs
industriels, les éléments fluides sont transpquédsle flux de circulation provenant
du mobile d’agitation, le flux de circulation formaune boucle de mélange. Le
temps mis pour homogénéiser une perturbation segogionnel a la fréquence de

passage au niveau du mobile d’agitation, et doréhit de fluide dans la boucle de

22



Chapitre 1

circulation. Lors de I'extrapolation, le temps dicalation (temps mis par une
particule fluide pour traverser consécutivementxd®eis le méme plan du réacteur)
va augmenter avec I'échelle du réacteur, induisente fait une détérioration de
I'efficacité d’homogénéisation du systeme. Le réacscale-downa pour but de
reproduire ces phénomeéenes en couplant un réactgidr de petit volume a une
section non agitée en écoulement piston censéésapter la boucle de circulation.
Une pompe permet de faire circuler le liquide etdrsection agitée et la section en
écoulement piston. Le réglage du débit de la popwenet de simuler toute une
série de conditions hydrodynamiques proches dessalencontrées au niveau
industriel.

Zote o af oat

Flacon d’ajoat

Canalisation &
geoulem ent Eoucle de
pistan  élatuge
R éacteur Zote
agité 2 litres Jaction de
1" agjtateur

Figure 11: illustration du concept de réactasale-down(a gauche) par
comparaison avec un réacteur industriel (a droite)

La stratégie de recherche mise en ceuvre pour répanid problématique présentée
au paragraphe 1.1. (c'est-a-dire la compréhensis rdécanismes d'interaction
entre les micro-organismes et I'hydrodynamique éacteur dans un contexte
d’extrapolation de procédé) comprend plusieursestapi seront abordées comme
Suit :

- Développement des outils de modélisation de I'hgignamique

du réacteur : étapdset2.
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Dimensionnement d'un réacteuscale-down permettant de
reproduire  en laboratoire les conditions d’écouletme
industrielles : étapa.

Etude de l'impact des conditions hydrodynamiquespdusieurs

types de micro-organisme : étapges$ et6.

Inclusion des données hydrodynamiques dans un model

croissance microbienne prenant en compte les diftér états

physiologiques des micro-organismes : étape

Les différentes étapes de cette stratégie de reoheonstituent les chapitres relatifs

aux résultats et discussion de ce travail, chasuges$ chapitres ayant fait I'objet

d’une publication.

Afin de faciliter la lecture du document, le tahleh reprend les différentes étapes

de la stratégie de recherche en mettant I'accentlesu résultats attendus et la

correspondance avec les chapitres de la thésealBzat est suivi d’'une série de

paragraphes reprenant chacun de maniére détailédas étapes du travail.
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Chapitre 1

Il est important de noter que, d’aprés le tableale travail met en ceuvre plusieurs
micro-organismes appartenant a des genres difremichia pastoris,
Saccharomyces cerevisiae, Escherichia.chk choix de ces micro-organismes
comme modele d'étude pour linfluence des condgiomydrodynamiques du
réacteur sur la physiologie microbienne a été d¢mmdié par les aspects suivants :

- ces micro-organismes sont fortement utilisés dassagplications
industrielles (pour la production de métabolites,bilomasse, ou
encore comme vecteur d’expression)

- ils produisent des métabolites secondaires défalegaa la
croissance lorsqu’ils sont soumis a de trop factegentrations en
substrat.

- de nombreuses données (physiologiques, génétiqliesont
disponibles dans le cas Hecoli etS. cerevisiagce qui permet de
faciliter par la suite I'intégration de celles-a@yr la construction
d'un modéle de croissance microbienne en relativec aes
performances du réacteur

- lutilisation de E. coli et deS. cerevisiagour la réalisation des
expériences nous permet de comparer le comportemdest
organismes procaryote et eucaryote face aux smds#s par le
bio-réacteur, ce qui permettra de généraliserdssltats obtenus

au cours de ce travail

1.4.1. Description de la premiére étape de la stratégie decherche

Intitulé : approche classique et structurée pour I'étude mphrametres du génie
chimique en relation avec un bio-procédé
Bref descriptif des travaux effectuésdes cultures en réactefed-batchde Pichia
pastorisont été effectuées pour différents systémes dtagit :
- TD6-TD6 : deux turbines de rushton & écoulemeriatad
- TD6-A340 : une turbine de rushton & écoulementatadians le
bas de la cuve combinée avec une hélice a effel agpompe

bas » dans la partie supérieure de la cuve.
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Chapitre 1

- A315-A340: une hélice a effet axial « pompe ha@nbas de
cuve combinée avec une hélice axiale « pompe bass la partie
supérieure de la cuve.

Les systemes d'agitation ont été testés du pointvde de leur performances
d’homogénéisation et de transfert d'oxygéne. Lesiesde traceur effectués pour la
détermination du temps d’homogénéisation ont mentdes comportements
hydrodynamiques trés différents selon le systénamitiition testé. Les tests de
traceur ont été exploités de deux maniéres diffégen

- Tout d'abord pour le calcul du temps d’homogénésatafin de
chiffrer l'efficacité de mélange d'un systeme diagion. Cette
méthodologie est caractéristique de I'approchesmas du génie
chimique qui consiste a décrire une caractéristidfue systeme
d'agitation donné par un parameétre chiffré. Cetmprache
considére le systéme d’agitation comme une boiiee ngt ne
prend pas en compte la dynamique interne du proc#alss le cas
d'un bio-procédé mettant en ceuvre des  micro-osyads
sensibles aux fluctuations de concentration en tmtbscette
approche n'est pas satisfaisante.

- Ensuite, les courbes de traceur ont été explofiées la mise au
point d’'un modele hydrodynamique structuré (ces éexlont été
décrits au cours du paragraphe 1.2.3). Ce modele
hydrodynamique a été couplé a une réaction de sznoie
microbienne de type Monod (voir paragraphe 1.3dfip de
calculer I'évolution du gradient de concentratiom eours du
procédé&ed-batchen fonction du systéme d’agitation utilisé.

Résumé des principaux résultats obtenus et des pemsves ['utilisation du
modele hydrodynamique structuré couplé a une @acke croissance microbienne
a permis de comparer de maniére objective I'efftéades systéemes d’agitation dans
le cadre dun bio-procédé. Les simulations ont méntune chute de
I'efficacité d’homogénéisation du systéme lors datilisation d'un systéme
d’'agitation TD6-TD6 et lors du passage d'un volude cuve de 20 litres a 500

litres. Les simulations ont également montré lliétéle la combinaison TD6-A340,
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Chapitre 1

qui permet d’atténuer le gradient de concentratios du procédéed-bacthtout en
assurant un apport en oxygéne satisfaisant. Erterfrade 20 litres, les résultats
d'efficacité de mélange n'ont pas pu étre corrélérendement correspondant en
biomasse. En effet, a cette échelle relativemerdeste, I'impact des conditions
hydrodynamiques sur la croissance microbienne ipasttrés marqué. Néanmoins,
d’'un point de vue économique, la réalisation déstde fermentation dans des cuves
industrielles est irréalisable. Il serait donc iet&sant de mettre au point un systéme
permettant de reproduire a petite échelle les tiomdi d’écoulement rencontrées
dans les réacteurs industriels. En conclusionptaghe de modélisation structurée
développée au cours de ce chapitre permet de éasattavec précision I'efficacité
de mélange du systéme d’agitation en relation &®contraintes d’un bio-procédé
(dans notre cas, la cultured-batch d’'une levure sensible aux gradients de

concentration).

1.4.2. Description de la seconde étape de la stratégie dherche

Intitulé : expression déterministe et stochastique d'un heoddydrodynamique
structuré de bio-réacteur

Bref descriptif des travaux effectuéda premiére étape de la stratégie de recherche
(paragraphe 1.4.1.) a démontré l'intérét des maedbiglrodynamiques structurés
pour I'étude de I'impact de I'opération de mélarsge la cinétique microbienne. Le
but de la seconde étape est de reformuler ces swdatucturés de maniére
stochastique. Dans cette optique des modéles stimhas ont été formulés de
maniére équivalente aux modeéles structurés détestednpréalablement utilisés.
Premiérement, le méme nombres d'états stochastiquesde compartiments
déterministes ont été utilisés, chaque état ou eotinpent correspondant a une zone
de volume donné du réacteur agité. Deuxiememesitptebabilités de transition
entre états du modéle stochastique ont été catsldérebase des flux de circulation
et de turbulence du modéle stochastique. La protgapour un élément fluide de
passer d'un état a un autre a été définie comnm égale au rapport des flux

responsables du mouvement sur la totalité desdlexercant sur I'état considéré.
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Cette maniére de procéder implique l'interventionndparameétreAt représentant
I'intervalle de temps correspondant a une transitio

Résumé des principaux résultats obtenus et des gEgtves la comparaison des
formulations stochastique et déterministe des nesdéydrodynamiques de réacteur
a montré I'équivalence des deux approches au nivid@auleur résolution du
phénoméne d’homogénéisation en cuve agitée. Néasmoles modeles
stochastiques présentent l'avantage de posséderfammailation mathématique
moins compliquée que leurs homologues déterminisbgsrimés sous forme
d’équations différentielles. De plus, les modelesisastiques permettent de simuler
le déplacement de particules a I'intérieur du actCette propriété importante sera
exploitée dans la suite du travail pour simuledéplacement des micro-organismes

dans les bio-réacteurs.

1.4.3. Description de la troisieme étape de la stratégieedrecherche

Intitulé : utilisation des modéles stochastiques pour leedsionnement d'un
réacteurscale-dowrreprésentatif.

Bref descriptif des travaux effectuésafin d'étudier I'impact des conditions
hydrodynamiques industrielles sur les performandas bio-procédé, il est
nécessaire de développer des outils d'étude permete reproduire ces conditions
en laboratoire. Le réactewscale-downreprésente un bonne alternative a cette
problématique (voir figure 11). Afin de faire cospmndre au mieux ce type de
réacteur aux écoulements industriels envisagés, uméthodologie de
dimensionnement est proposée sur base des modé&esodiinamiques
stochastiques. Les simulations permettent en dffditenir I'intensité relative des
gradients de concentration se développant dansébxtaur, mais aussi le
déplacement des micro-organismes sous |'effetldasehgendrés par les agitateurs.
La superposition de ces deux phénoménes permetediobe profil temporel des
concentrations rencontrées par le micro-organismede son déplacement au sein

du fluide agité.
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Résumé des principaux résultats obtenus et despmves l'intervalle de temps
At entre deux transitions lors d’'une simulation kstique a été choisi comme base
de comparaison pour le processus d'extrapolatios dEacteurs et pour la
comparaison de I'hydrodynamique des réacteurs tridisset des réacteussale-
down En effet, I'extrapolation ou 'augmentation delwme du réacteur, affecte de
maniére notable I'échelle de temps du procédé. Dwise cas, les temps de
mélange et de circulation (voir paragraphes 1.21.22. pour la définition de ces
parametres) seront considérés. Les simulationséésl de cette maniere ont permis
de mettre en évidence I'importance de I'arrangengéoimétrique des états spatiaux
du modele, de maniéere a représenter de maniers@i&coulement des réacteurs.
En effet, selon le type de réactegale-down 'arrangement des états au sein de la
partie non agitée du réacteur doit étre effectuéntiére a représenter un
écoulement piston plus ou moins prononcé. D’unei@énarplus générale, le nombre
d’'états doit étre augmenté pour représenter le gghéne de circulation lors d’'un
processus d’extrapolation. Mis a part la contraiqgteand a la spécification de
'arrangement spatial et du nombre d'états devéaet éonsidérés dans le modele,
I'approche proposée permet de comparer l'efficack@Bomogénéisation des
réacteursscale-downet des réacteurs industriels. Cette approche adire utilisée
pour dimensionner des réacteusctale-down représentatifs des conditions

rencontrées a I'échelle industrielle.

1.4.4. Description de la quatrieme étape de la stratégieedrecherche

Intitulé : impact des performances d’homogénéisation durdacteur sur la
cinétique microbienne : cas &scherichia coli

Bref descriptif des travaux effectuésdes expériences de cultures Elecoli en
réacteur scale-down ont été effectuées afin de déterminer [limpact de
I'hydrodynamique du réacteur sur la croissance @enicro-organisme. Le modéle
hydrodynamique stochastique, mis au point au cdessdeux étapes précédentes, a
été utilisé afin de simuler les gradients de cotreéion se développant au sein des

réacteurscale-dowret la circulation des micro-organismes.
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Résumé des principaux résultats obtenus et des p@stves en examinant les
courbes de cinétiques microbiennes obtenues a gdartéacteuscale-downil a été
déterminé que ces réacteurs ne reproduisent pasoleditions d'écoulement
rencontrées a I'échelle industrielle. Premieremkentébit d’alimentation en source
de carbone est trop important et induit une accatianl de glucose dans I'ensemble
du systéeme, ce qui rend difficile I'observation teffet hydrodynamique du
gradient de concentration. Deuxiémement, la section mélangée du réacteur
scale-dowrprésente une géométrie propice a générer un éuentede type piston,
ce qui s’éloigne relativement des conditions d'déement industrielles. Afin
d'améliorer la représentativité des expérienceséatteurscale-down(concevoir
des expériences en réactsuale-dowrreprésentatives des conditions industrielles),
cette étude a montré l'intérét de travailler avecdébit d'ajoutfed-batchlimitant
'accumulation de glucose dans I'ensemble du réactEnsi que de considérer des
sections non mélangées de géométries différentes.résultats de croissance de
Escherichia colidans différentes conditions de réactsaale-downont pu étre
expligués par les simulations hydrodynamiques séab a partir du modéle

stochastique.

1.4.5. Description de la cinquieme étape de la stratégieedecherche

Intitulé : impact des performances d’homogénéisation durdacteur sur la
cinétique microbienne : cas &accharomyces cerevisiae

Bref descriptif des travaux effectuésla stratégie expérimentale est la méme que
celle de I'étape 4 et est basée sur I'étude defliémce des conditions
hydrodynamiques sur la croissanceSiEcharomyces cerevisiaa réacteuscale-
down Les défauts relevés lors de I'étape 4 ont é&gnéis, et un intérét particulier a
été porté sur la méthode d'ajofetd-batchet sur la géométrie de la partie non
mélangée du réactescale-down

Résumé des principaux résultats obtenus et des pmgtves les tests de
croissance dé&. cerevisia@nt montré un impact significatif de I’hydrodynamae
du réacteur. Une chute du rendement en biomassaebfecde grammes de biomasse

produits sur nombre de grammes de glucose consonan#dé notée lorsque le débit
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de recirculation du réactewscale-downest diminué. Le modéle hydrodynamique
stochastique a été utilisé pour calculer les caimatons en glucose rencontrées par
les micro-organismes lors de leur séjour dansdetedirscale-down Pour cela, les
chemins de circulation de 3500 cellules microbisnoet été superposés au gradient
de concentration. Le calcul des chemins de cirratet du gradient de
concentration ont été effectués sur base du mémilmastochastique. Les profils
de concentration en glucose rencontrés par leglegltle levure ont été exploités de
maniére a calculer la concentration moyenne renéenfpar chaque micro-
organisme lors de son séjour dans le réacteuroh@araison des distributions de
fréquence obtenues montre un étalement plus impodans le cas des réacteurs
scale-dowrfonctionnant a un débit de recirculation moins antant. Cet étalement
signifie qu’une partie de la population microbierest soumise a des concentrations
plus importantes en glucose, ce qui explique legeshde coefficient de rendement

en biomasse.

1.4.6. Description de la sixiéme étape de la stratégie decherche

Intitulé : étude de I'impact du bio-réacteur sur une pdpmamicrobienne de taille
limitée

Bref descriptif des travaux effectuésle but de cette étape de la stratégie de
recherche est de standardiser I'approche de matliélis mise au point lors de
I'étape 5. Pour rappel, cette approche consisteugerposer le gradient de
concentration en substrat et les chemins de cilionlasuivis par les micro-
organismes lors de leur séjour dans le réacteusieRirs paramétres numériques ont
été observés : la taille ou le nombre de celluledadpopulation microbienne, la
position initiale de ces cellules dans le réactlutemps de simulation et I'effet de
la fréquence d’impulsion de la pompe d'ajéed-batch

Résumé des principaux résultats obtenus et des pEmtves les simulations ont
montré que chacun des parametres numériques obsemtéune influence sur la
distribution des concentration en substrat renéestpar les micro-organismes lors
de leur séjour dans le réacteur. Les valeurs of#sr@our chacun de ces parametres

ont été déterminées. Les simulations effectuées ess valeurs de parameétres ont

32



Chapitre 1

permis de comparer différents types de réactscase-down, ainsi que différents

types de bio-réacteurs industriels.

1.4.7. Description de la septieme étape de la stratégie decherche

Intitulé : vers un modéle de cinétique microbienne preaartompte les contraintes
liées aux bio-réacteurs et a leur extrapolation

Bref descriptif des travaux effectuéde but de cette septieme étape est d’élaborer
un modéle représentatif de la deuxiéme composaatéa doroblématique de ce
travail : la population microbienne. L'utilisatiomu modéle hydrodynamique
stochastique a montré une diversité au niveau dassstencouru par les cellules
d'une méme population microbienne (étapes 5 etlL&).modéle de cinétique
microbienne doit pendre en compte cette diversitélogt donc étre formulé de
maniére ségrégée (voir chapitre 1, paragraphe .1.8rnl modéle ségrégé est un
modéle qui prend en compte une ou plusieurs a@aisitjues individuelles des
cellules d'une population). Afin de respecter lalggophie du travail, le modeéle de
cinétigue microbienne doit étre formulé de manigt@chastique. Cela permet de
faciliter par la suite la connexion entre le modé&elrodynamique et le modeéle de
cinétique microbienne. Un modéle stochastique déssance microbienne a donc
été élaboré. Dans ce modele, les temps de géméiatitviduels des cellules sont
générés de maniére aléatoire a partir d’'une didtdb log-normale. Au terme de
son temps de génération, la cellule considéréevigedet donne naissance a une
nouvelle cellule. Par ce processus mathématigéeollition du nombre de cellules
au cours du temps peut étre simulée, chaque cdllalet considérée de maniére
individuelle.

Résumé des principaux résultats obtenus et des gmotves la loi log-normale
s'est avérée efficace pour I'obtention des tempsgéeération individuels. Les
courbes de croissance microbienne en réacteale-downfonctionnant en mode
fed-batchont pu étre reproduites. Les paramétres de laildiion log-normale
doivent néanmoins étre modifiés de maniére continueours de la phased-batch

du procédé afin d'obtenir des courbes de croissamcaccord avec I'expérience.
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Cette modification correspond concrétement aux glarents environnementaux

percus par les cellules microbiennes au cours dcépiéfed-batch
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Abstract

In this article, two theories are unified to invgate the effect of hydrodynamics on
a specific bioprocess : the network-of-zones (NOB)Xrodynamic structured
modelling approach (developed by several authors dmly applied to a few
bioprocesses (17) (20)) and the effectivenessofagtapproach (4) (15). Two
process scales have been investigated (20 and Be®)|and for each,
hydrodynamics have been quantified by the useN®@ validated by homogeneity
time measurements. Several impeller combinationdudimg very different
hydrodynamics were tested at 20L scale. After shiép, effectiveness factors were
determined for each fermentation run. To achiei® #h perfectly mixed microbial
kinetic model was evaluated by using simple Monautics with a fed-batch mass
balance. This methodology permitted determinatibthe effectiveness factor with
more accuracy because of the relation with theepertase deduced from the
Monod kinetic. It appears that for small scajejecreases until reaching a value of
approximately 0.7 ( 30% from ideal case) for thee¢h impeller systems
investigated. However, stirring systems which idelthydrofoils seem to maintain
higher effectiveness factors during the courséneffermentation. This effect can be
attributed to oxygen transfer performance or to bgemisation efficiency exhibited
by hydrofoils. In order to distinguish the oxygeartsfer from the homogenisation
component of the effectiveness factor, these phenomwere analysed separately.
After determination of the evolution g, linked to oxygen transfer for each of the
fermentation runs, NOZ model was employed to q@ansiubstrate gradient
appearance.

After this step another effectiveness faagyy related to mixing was defined. By
this way, it is possible to distinguish relative pontance of mixing effect and
oxygen transfer on a given bioprocess.

Results have highlighted an important scale eféecthe bioprocess which can be

analysed by the use of the NOZ model.
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1. Introduction

Microorganisms are very sensitive to environmetaiditions such as pH level,
substrate concentration and dissolved oxygen l@eise considerations have led to
the design of stirred bioreactor for large scalenimalation of micro-organisms.
Indeed, impeller systems tend to generate a hidtulence in the bulk of the stirred
liquid and thus to enhance transfer processes aomass transfer, heat transfer and
kinetic energy transfer. Nevertheless, limitaticias these actions appear when
operating at large scale or with viscous broth.
Bioreactor efficiency is important at several levelFirst, to ensure a good
homogeneity of the broth, and second, to enhanedr#nsfer efficiency such as
oxygen transfer from the gas phase to the liquiasphand heat transfer. This paper
deal with the impact of chemical engineering pan&nseon the growth of Richia
pastoris wild strain in a fed-batch stirred bioreactor. §hinicro-organism is
sensitive both to oxygen transfer and substrateoga@misation (due to Pasteur effect
at high substrate concentration). Traditional clwaiiengineering approaches
involve the use of specific performance criteriaider to quantify the efficiency of
these two phenomena,alfor oxygen transfer and mixing time or homoggntihe
for mixing efficiency. However, these performanc#etia are not characteristic of
the bioprocess because they are only linked wittsighl performance of the stirring
system and not with the dynamics of the process.
In order to quantify the efficiency of bioreactar,practical approach consist to
employ an effectiveness factgr(4). This factor represent the ratio of the reacti
rate processOf the process considered to the reaction rafg.fof a process without
mixing and transport limitations :

N = Torocesh Iperfect
When there is no problem associated with mixingnass transfer, the biochemical
reaction rate is only limited by the biological ®m itself and) = 1.
In this paper we propose to use a theoretical iinetorder to fix the denominator
of n at a reliable value. Indeed, the traditional apphes have not considered a real
fermentation run to fix the reaction rate of th@mosed perfect process. However,

this run does not correspond to an ideal case Bec#uis performed in real
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conditions and some uncertainties related to thésumption remain when
calculatingn.
Whenn < 1, mixing operation becomes limiting for the gess reaction rate and
problems due to gradient appearance and oxygesférasppear.
The process considered here is particularly sessitb gradient formation and
oxygen limitation. IndeedP. pastorisis sensitive to glucose effects (shift from a
respiratory to a fermentative metabolism, evereirohic conditions, which lead to a
lower cell yield) and fed-batch regulation musttbeed in this way. Nevertheless,
substrate addition at the top of the bioreactoddet gradient formation with an
intensity depending of the mixing efficiency of thgitation system. We can thus
describe the effectiveness factor as a functiamvofcomponents :

N = f(MmixNo2)
With nmix being the component of the factor associated with the homogenisation
efficiency of the impeller system anmgh, being the oxygen transfer performance
component of the impeller system. Distinction betwehe two components is
important in order to orientate the stirring systesign and operating conditions.
At this stage of knowledge, we need reliable meshtodpredict mixing efficiency of
a bioreactor. Simplest method consist of a mixingetmeasurement. This can be
achieved by injecting a non-reactive tracer antb¥ahg it in the vessel studied. But
experiments involving several probes are best tadgct homogeneity time
measurements (10).
Improvements have been accomplished with the appear of structured
hydrodynamic models. These models are based onrinasdries concept in which
the vessel is separated into several compartmernithvare individually considered
as perfectly mixed. Figure 1 give example of a lbatch process. By using
traditional approach which consist to considentbssel as perfectly mixed, gradient
formation is neglected. It as been showed thattheadients have a great impact on
microbial kinetics (2) (6) (7) (11). The structuradproach will take into account
gradient appearance along the vessel by breakmdltitk box (figure 1). By this
approach, it is possible to see what happen insidevessel and to follow several
parameters at several locations. In the case ofdabécth process, it permits

detection of gradient appearance along the vessghh Great interest has been
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given to this approach and several variants cafoined in the literature in function
of type of impeller used (axial or radial), numh#ragitation stages, number of
perfectly mixed cells (this parameter being giverhe case of a batch bioreactor).
Complexity of hydrodynamic model varies from comsidg single or a few
perfectly mixed cells per agitation stage (3) (8)6)( (18) to a network of

interconnected cells per agitation stage (9) (20).(
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Figure 1 : comparison of an hydrodynamic black box (undtmed) model with a

structured network-of-zones model. The first modehsider that a pulse of
substrate fed to the top of the vessel is inst@aasly mixed and thus substrate
concentration is automatically homogenized aftgedtion. The second model
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consider the internal dynamic of mixing by dividittge whole tank into a series of
perfectly mixed elements. This second approach ipeton consider substrate
gradient appearance during a fed-batch process.

In this study, the efficiency of a fed-batch precésvolving aP. pastorisstrain
cultivation was studied. Several impeller combioasi were tested and fermentation
at pilot scale was also performed in order to itigese scaling effect. A network-of-
zones model has been constructed to estimate meffinjency for each of agitation
systems and the oxygen transfer coefficient wasvi@d during fermentation runs.
In a second step effectiveness factor was calallatethe basis of the theoretical
microbial curve obtained by the use of a Monod tinadaptated td®. pastoris
cultivation in fed batch mode. Estimation of effeehess factor permitted
determination of the appearance of mixing or transfmitations. On the basis of
the NOZ model, a method to distinguish mixing eéficy from oxygen transfer

efficiency will be discussed.

2. Material and methods.

Experimental strategy.

During a first experimental step, chemical engimggexperiments of homogeneity
time were performed. Mixing curves obtained wereduto validate the turbulent
flow rate component (of the network-of-zones model .

During a second experimental step, several ferrtientauns with varying impeller

system and scale were performed. Effectivenesesrfaas calculated in function of

time for each fermentation run.

At this stage NOZ simulations with fermentationrritig conditions permit to
quantify heterogeneity magnitude. On this basisjsitpossible to distinguish
heterogeneity problems from oxygen transfer probléns distinction being useful

to improve bioreactor efficiency.

41



Chapitre 2

P. pastoris cultivation.

P pastorisCWBI F383 wild strain were grown on rich mediume&ultures were
performed on 863 broth (20 g/l glucose ; 10 g/lsyesxtract ; 10 g/l casein pepton)
in 150 and 500 ml shake flasks. The 500 ml flasleyewused to inoculate

fermentorsP pastorisCWBI F383 wild strain were grown on rich medium.
Bioreactors.

Stainless steel strirred bioreactors (Biolaffiteufiee) of 20 liters (D = 0.22 m) and
500 liters (D = 0.62 m) were used in this studymperature, dissolved oxygen and
pH were regulated by an automate (ABB). Duringabkure, pH was maintained at
5.5, temperature at 30°C and dissolved oxygen waigstain as longer as possible
above 30% from saturation by varying stirrer spg@eitial rotational speed of 150
rpm and maximum rotational speed of 450 rpm). Sates{glucose) is fed at the top
of the bioreactor with an exponential flow rate g exg*“** (maximum flow
rate k.. Off-gas analysis was performed by a Qffrared analyser (Servomex)
and an oxygen paramagnetic analyser (Servomex)a Dare collected and

managed to compute the volumetric oxygen transfefficient (ka).
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Figure 2 : distinction between a radial flow pattern (lefitduced by a rushton
turbine and an axial flow pattern (right) induceddn A315 hydrofoil. Only the qc
circulation component is represented on this figure
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In the case of 500 L vessel, only TD6-TD6 stirrisgstem were used. For
experiments conducted in 20L vessel, several impalbmbinations were tested
(see figure 2 for details). Mixing efficiency ofethe impellers were previously tested
in an experimental perspex stirred vessel. Microgpiawth was followed by optical
density measurements at a wavelength of 540 nnte Btaunt and final dry matter
measurements were also performed in order to co@@rmeasurements in grams

of biomass per litter.

Experimental vessel.

Homogeneity time experiments were performed in espex vessel (D = 0.24 m).
Air is injected trough a pipe sparger (2 mm hole§)wo experimental fluids of
varying rheological properties were used : wated agueous solutions of
carboxymethylcellulose (Fluka). CMC solutions werade at weak concentration in
order to show the impact of a slight increase efitiscosity on the mixing process,
as can be observed when operating with a high dmikity fermentation like a
Pichia pastorisfed-batch process. A pulse of heated fluid (10Ppwals added at the
top of the vessel near a baffle in order to prodaceemperature fluctuation of
approximately 0.3°C. The temperature curves wereorded by several
thermosensors disposed on the baffle. Data wergded each second by a labview

3.1. station.
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Figure 3 : Comparison of mixing curve obtained for differémpeller combinations
tested (Working fluid : water ; N = 270 rpm). Figuon the right side show the
location of the thermosensors in the vessel.

Thermosensors are made of copper—constantan (sespiome of 0.45 s.). Typical
mixing curves can be seen on figure 3. Homogengihe was calculated as
described in the literature (10). Mixing curves gveised to adjust parameter of the
NOZ model. Mixing time experiments were also perégiron the 500L vessel by
using the conductivity technique (Conducell eled&ravith acquisition interval of 2

s).

3. Network-of-zones mathematical model design.

The model contain a constant number of perfectlyechizones (72) per stirring
stage. The number of zones is justified by a genoa¢inetwork of 2 cm sided cells.
The adjustable parameters are : the circulatiox letween cells gand turbulence
flow qe (this parameter also include the pneumatic compookmixing in the case
of aeration). The circulating floware oriented degieg on the global pattern
generated by the impeller type used (radial orlpaimcan be seen on figure 2. NOZ

model consist of a mass balance on the perfectkednicells interconnected by
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circulating and/or turbulence flows. For a givemea, mass balance equation have

the following form :
Vv @d—?:Qc [(Chvi —Cn )+ Qel{Crvi +C-j —2Cn)

It result a set of ordinary differential equatidose for each cell or zone) that can be
resolved numerically by a Runge-Kutta routine.

Turbulence flow gis modelled by backmixing flow between each adjaeenes in
the vertical direction. The value of this parameteestimated by adjustment on

experimental homogeneity curve.

The circulation flow gis determined by the use of the following coriielatwhich
come from dimensional analysis :

Qc = Nge.N.&°
For turbulent flow (Re > 10000), circulating numidgg remain constant. In the case
of an aerated vessel, gaseous cavities formatitirediack of impeller blades induce
a drop of the pumping capacity of the agitationtesys This drop is similar to the
power drop and can be estimated by computing thatexk power by the use of
correlations found in the literature (17) (20).
For transitional flow, influence of viscosity orrailation capacity of the impeller
must be taken into account. For TD6 impeller Merted Norwood (13)
correlation can be employed (this correlation wesvipusly validated for several

working fluids such as CMC and xanthan solution§(17

4. Results and discussion.

Chemical engineering experiments.

The three impeller systems were first tested fodimgi efficiencies. To achieve this,
homogeneity time measurements were made as dabedoker. As shown at figure
4, radial impeller combination showed a larger timechieve a given homogeneity
degree (here, 85%). Previous studies have showitasimsults (1). This was due to

the compartmentalisation effect induced by radiajextion of liquid by the turbine.
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Figure 4 : dimensionless plot synthesizing homogeneity tim@gults obtained for
Water and CMC solution (viscous system) under veyyoperating conditions for
the three impeller combinations tested.

Replacement of the upper impeller by a propelleda{a avoided this effect and
reduced the homogeneity time. We can see thathtes timpeller combinations
tested showed different hydrodynamic behavioursrainghg experiments highlight
only the impact of these differences on the homizggion efficiency. Indeed,
analysis of typical mixing curves show pronounceddedyence between fluid
mechanics induced by the impeller combinationsu(gg3). These differences have
been interpreted by several authors as an exchiémgebetween agitation stages,
this exchange flow being more pronounced in the cdsaxial impeller (8).

We can thus conclude that the radial or axial behavexerted by the impeller
greatly influences the hydrodynamic, differencesnpeinduced by the balance
between recirculating and turbulence componenthef impeller. These a priori
knowledge will be exploited for the elaboration e NOZ model firstly by
representing the circulation flows following a raldior an axial pathway, and

secondly by considering a circulating componeng} épd a turbulence component

(Qe)-
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Values of homogeneity time are used to adjust theagameter of the NOZ model
for different operating conditions and for diffeteimpeller combinations. This
model will be used to operate simulations in ortterestimate substrate gradient
magnitude for each agitation system tested. Toeaehthis, the NOZ model will be
coupled with a simple Monod kinetic in order toagdkto account the impact of the

substrate consumption rate.

Biochemical engineering experiments.

The use of an effectiveness factor is an origirey ¥o investigate impact of mixing
operation on microbial processes. Referring tod®nition ofr, microbial kinetic
corresponding to a perfectly mixed case can bendéfivith a stronger theoretical
basis by employing a simple Monod kinetic coupleithwnass balance equations
corresponding to a fed-batch operation (5). Parammetlated to the calculation of
theoretical microbial kinetic are given in tableadd were obtained during previous
batch experiment.

Table 1: list of kinetic parameters

used to determine the theoretical
microbial growth curve in perfectly
mixed condition for the calculation

of n.

. 0.32h!
K, 0.025 gl
ms 0.013h™
Yy 0.42
S, 370 g/l
Q, 0.005 I'h
Qi 0.25 lh
exp 0.32
torat 9h

We obtain by this way a theoretical microbial grbwtrve which correspond to the
following ideal assumptions : bioreactor is peffigchixed, oxygen is in excess and
only carbon source is limiting. Thus, effectivenéastor calculated on the basis of

this theoretical growth curve is representativetlod mixing and mass transfer
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efficiency of the apparatus chosen to achieve arghioprocess. Figure 5 compare
microbial kinetics obtained on a theoretical baaisd those obtained during
fermentation experiments.

Batch phase Fed-batch phase

100

T T T
0 TD6-TD6 experiment "
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Figure 5 : microbial growth curves obtained during ferméiotaruns at 20L and
500L scales and comparison with theoretical growittive.

We can see that after the initial batch phase @0d), there is a divergence from
ideal case for all mixing system considered.

Figure 6 show the evolution of the effectivenestdaalong each fermentation run
performed for different hydrodynamic conditions.téfthe initial batch step (feed
pump is only activated after 10 houng)tend to decrease. This can be attributed by
mixing limitation which is traduced by substratadjent appearance and by oxygen

depletion.
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Figure 6 : variation of the effectiveness factprwith time for each stirring system
considered.

We need thus a new parameter to make the distmbidween mixing and mass
transfer phenomena.
The first step for going in this way is to managggen transfer coefficient obtained
by gas balance analysis in order to define an &ffwess factor related to mass
transfer only. We can thus define :

No2 = Ka/Kaperect
With being the oxygen transfer coefficient permiftio ensure no oxygen limitation
during the culture. It can be easily calculatedviimg that in a perfect situation, 1 g
of oxygen must be used to assimilate 1 g of glucds&ing into account the time
and the volume of culture, we obtai@ ;= 900 R Figure 7 show the evolution
of no, for all the fermentation runs. Dissolved oxygegulation by controlling
stirring speed improves thg, (shift from 0,2 to 0,4 for the 20L scale), thispatt
being less pronounced at 500L scale. Indeed, sndase oxygen becomes limiting
faster than for the 20 litters vessel due to theeloaeration capacity of the larger

system as can be seen at figure 7. In this figuoan be also seen that the TD6-TD6
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system at 20 litters scale show a drop of perfomaaat 16 h. At this time, growth
was exponential and the dissolved oxygen requiremes maximal. The drop
recorded for the TD6-TD6 system is due to a lacthencapability of reaction of the
dissolved oxygen regulation system based on agitapeed (this phenomenon can
be visualised at the top part of figure 7 whichwshithe stirrer speed evolution

during the culture).
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Figure 7 : variation of the oxygen transfer effectiveneastdr no, with time for
each stirring system considered. Upper graphic sth@nincrease of stirring speed
induced by he regulator in order to maintain digsdloxygen level at 30% from
saturation.

In generalno, stays at a low value and dissolved oxygen is iediably a limiting

factor of P. pastorisgrowth, and in general for high cell density ctéti
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Computation of an effectiveness factor related torhogenisation by the use
of the NOZ model.

The effectiveness factor does not permit to distisiy directly mixing effects from
mass transfer effect. In our case, mixing effestels/ important because substrate is
added continuously during the culture. We need thparameter to estimate mixing
efficiency in the particular case of a fed-batchgess. By using NOZ coupled with
a simple Monod microbial kinetic, it is possible ¢valuate glucose gradient in
bioreactor. But it is a purely subjective methodcduse the microbial growth is
directly influenced by substrate repartition iniorkactor. Indeed, if we take a given
value of growth rate to compare mixing efficiendyddferent apparatus, the results
don’t depend on the microbial activity but are om§luenced by homogenisation
efficiency of the apparatus. It is an artefact t¥daby the coupling of NOZ and
microbial growth model. In order to obtain a redismodel coupling microbial
growth and fluid mechanic, we need an equatiortinglahe influence of substrate
concentration fluctuation on specific growth rafais is a very ambitious task going
out of the context of this paper. At this stag¢éeraton will be focused on the fluid

mechanic part of the problematic.
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Figure 8 : substrate gradients observed for each stirrygiesns when coupling
NOZ model to a simple Monod microbial growth modal: TD6-TD6 system at

20L scale ; B : TD6-A340 system at 20L scale ;A315-A340 system at 20L scale
; D : TD6-TD6 system at 500L scale).

Microbial kinetic can thus be coupled to the NOZdwmlp the growth rate being the
same for all the experiments. Results obtained mpenly on the chemical
engineering performance of the impeller systems ared not influenced by the
microbial growth.

Simulations performed for each stirring systemsdrewn at figure 8. It can be seen
that systems including hydrofoils (A340 or A315¢ anore efficient to minimise the
substrate gradient inside the vessel. For all iheulations, the zone receiving
directly substrate pulse is constantly subjectelddber substrate concentration than
in the bulk of the vessel.

An objective way to define the effectiveness factdated to the mixing component
is to consider the inhomogeneity curve (10). Os thasis, a parameter specific to

the homogenisation of the system at a given miatabaction rate can be defined :

Nmix =1 =1
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With i being the inhomogeneity degree as descriliedthe literature (10).
Modification have been performed on this paramatesrder to be specific of the
microbial process :

i = s / acceptable gradient
With s being the mean absolute deviation of théedkht zones of the model from a
homogenous substrate concentration. Here, thenatiti comes from the fact that
the inhomogeneity degree is calculated on the lzdsis acceptable gradient for the
bioprocess. We obtain a parameter more reliable tha traditional performance
criteria used to quantify mixing efficiency (mixinggme) because related to the
dynamic of a fed-batch bioprocess.
Evolution of the inhomogeneity degree is shownigire 9. During the exponential
phase of the feed, gradient formation tendencyrésitgr for all the system tested.
Working at 500L scale implies a degree of inhomedtgnof 16%, which is 4 time
greater than the 20L scale with the same impeljstesn. At this scale system
comprising hydrofoil presents a slightly lower imhogeneity degree than the
double turbine (TD6-TD6) system. This effect canatieibuted to the well known

compartmentalization effect induced by radial ingre$uch as TD6.
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Figure 9 : evolution of the inhomogeneity degree computdéyise of NOZ model
for each stirring system considered. Calculatioasfggmed on the basis of an
acceptable gradient of 10 mg/I.
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Figure 10 present the evolution of for each ofghstem tested. It can be seen that
this factor is acceptable from a biochemical engiiimg point of view for each scale
considered (> 80%). However, sensitivityRf pastoristo gradient exposure is not
known , and it is not possible to obtain maximaétable gradient to compute the
Nmix Value limiting for the bioprocess. Further resbancust then be necessary to

investigate this effect.

o otgetead sa0daoeadeaoaloreelacdadaaea
‘\Q
0.9
*

< \
o
508 / /.
]
<
07 / /
o
5 ’ /
< 06 20L scale
00
E 500L scale
505
[
<]
g 0.4
£ -=- TD6-TD6 20L
a2 —+- TD6-A340 20L
203 -&- A315-A340 20L
o —+- TD6-TD6 500L
802
=
w

01

0
o] 5 10 15 20 25 30 35 40 45 50

Time(h)

Figure 10 : variation of the homogenisation effectivenesstdanx with time for
each stirring system considered.

Conclusions.

Experiments conducted in this study highlight thiuence of the homogenisation
efficiency and mass transfer on a bioprocess cdadua a stirred vessel operating
with a low viscosity broth. To achieve this, a N@®del has been elaborated to
integrate fluid dynamic in the microbial procesdahus to facilitate study of

mixing and mass transfer for a given set of opegationditions. Indeed, these two
factors are implied in the efficiency of bioreast@and a method is necessary to
distinguish them. A method has been developed i® plaper and involve the

concept of effectiveness factor developed by (4 €ffectiveness factor has been

divided into two components to deal separately withygen transfer and
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homogenisation. These factors have been expressamiiparison with a perfectly
mixed simulated growth curve. This approach pemmibbtain results on a more

reliable basis.

The effectiveness factor related to the homogenisafficiency is more difficult to
express. To facilitate its implementation, a NOZdelohas been used to express
substrate gradient concentration in stirred ve$¢@Z model has been extensively
studied in the literature, but only a few papezaldvith application to bioprocesses.
The methodology presented here permit to makdittisy the use of an integrated

effectiveness factor.

Experiments and simulations with NOZ have demotetravery different
hydrodynamic behaviours between impeller combimatiotested. Chemical
engineering data obtained are in accordance wighect literature (1). Scale-up has
shown a significant decrease in microbial growthiclvhcan be attributed to
hydrodynamic and oxygen transfer. At this stagéhefstudy, it is recommended to
try hybrid radial-axial (TD6-A340) or complete aki#A315-A340) impeller
combinations at larger scale, these configuratigmmemoting better mixing

efficiency.

However, during the scaling-up, heterogeneity wikcome more and more
important leading to substrate gradient accomparbigdan oxygen gradient.
Comparison of experiments conducted in 500L an@(h have highlighted this
effect. The structured component of the effectigsniactor related to homogeneity
will thus have a critical importance at large sdaéeause both carbon substrate and
oxygen have to be homogenised (14). NOZ have prowdre an efficient tool for
the estimation of gradient appearance and candxk fos estimating the mixing part

of the effectiveness factor.

Analysis of effectiveness factor components haad ke the conclusion that stirring
systems composed of hydrofoil(s) present bettegemytransfer effectiveness factor
and homogenisation effectiveness factor. Resultaimdd in this study show a
slightly positive impact on microbial growth. It pties that hydrofoils could be used

to design a stirring system at a greater scale wixang efficiency is necessary to
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ensure a good homogenisation of both dissolved exygncentration and substrate

concentration.

In order to obtain more reliable,x value, acceptable gradient intensity must be
know. To achieve this, it is necessary to knowshlestrate gradient sensitivity of P.
pastoris. Apparatus for such experiments is desdrib the literature (6) (11) and

more work must be conducted in this way.

In conclusion, a method for comparing the impachomogenisation and oxygen
transfer on bioprocesses has been proposed. Efficief such a methodology has
been tested onRichia pastorided-batch process and has lead to a reliable fasis
comparison of processes performances (several lienpebmbinations and two
scales have been investigated). The great advanofatigs approach is to make a

direct link between chemical engineering varialaled microbial kinetic.
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Nomenclature

CMC : carboxymethylcellulose

d : impeller diameter (m)

ex : exponential factor of the substrate feed pump

F : fed-batch pump feed rate (m3/s)

F, : initial fed-batch feed rate (m3/s)

Fiax : maximum feed rate (m3/s)

i : inhomogeneity degree

Ky : affinity constant (g/1)

N : impeller rotational speed{s

n : number of circulation loops of NOZ model

Ngc : circulation number (dimensionless)

NOZ : network-of-zones

Q. : circulating flow rate (m3/s)

dc : circulating flow rate of NOZ model {g Q/n) (m3/s)
Je : turbulence backmixing flow rate of NOZ model (s)3
Re : Reynolds number (dimensionless)

rpm : round per minute
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s : mean absolute deviation

S : substrate concentration (g/l)

Sa : substrate concentration in the feed (g/l)
X : biomass concentration (g/l)

Y,s : Substrate to biomass conversion yield
M : viscosity (Pa.s)

Uy : growth rate (H)

Hymax . Maximum growth rate (B

n : effectiveness factor (%)
Nmix : homogenisation component of the effectivenes®fg %)
No2 : oxygen transfer component of the effectivenastof (%)
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Abstract

The potentiality of a stochastic approach is exaehim the case of a mixing model
for stirred vessels. This model is interesting doehe probabilistic and discrete
properties that can be used further to facilitatee timplementation of a
hydrodynamic model into complex reacting systemshsas those encountered in
bioprocesses. Stochastic model performances areparech to well known
deterministic compartment mixing models (CM). Ipeprs that parameters coming
from CM can be used in the stochastic approach that they give equivalent
results. A methodology is elaborated that simgifiee determination procedure of
the adjustable parameters of the stochastic mathel.most important parameter to
determine is the time step of a simulation perfatrbg the aim of the stochastic
model. Indeed, the time step is not explicitly givey the model and a correlation is
necessary to translate simulation intervals intal ftme increments. After an
appropriate analysis of several mixing systemsg(sior multi-agitated) it appears
that a simple correlation involving circulation #ntould be used to perform this
translation. The correlation contains an adjustaiéeameter, which has been
quantified for the operating conditions coveredtlie study. The circulation of
micro-organisms was also simulated simply by udhwg transition matrix coming
from the stochastic model, which shows the potéttiaf this kind of model in the

field of complex reacting systems, such as thosewmntered in bioprocesses.

Introduction

The elaboration of a probabilistic mixing modelrfrahe well known structure of a
compartment model (CM) has been investigated & shidy. CM has been widely
described in the literature and allows the repriegiem of mixing phenomena with a
relatively good resolution (depending of the maostelicture). Nevertheless, only a
few number of compartment models have been appli¢ke description of mixing

problems in bioprocesses [1-3].
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The idea is to extend this kind of model to a sémtic approach in which the
passage of particles from one flow region to anmotbegoverned by probabilities.
Interest in this kind of model comes from its prbitiatic and discrete properties,
which facilitate implementation with complex reacfi systems, such as
fermentation processes. In addition, the stochastidel is very simple to compute
and does not require large computation space oe.tiflhis low computational
requirement is an additional reason allowing thredusion of this model within more
complex ones, such as microbial kinetic models.

In order to understand the working principles oésth models, a short literature
review is necessary. As stated previously, a langmber of compartment mixing
models are available in the literature. The firsucgures were very simple and
comprised a single compartment per agitation stagggmpartment corresponding
to a volume element of the reactor considered tpdagectly mixed [4-10]. The
structures then evolved and were applied to stibiedeactors. This led to very
complex model structures, such as the network-abgdNOZ), which comprises a
large number of interconnected compartments [1], Tl2se NOZ models have a
higher resolution but require more computation spaecause of the large number
of differential equations involved.

In terms of similarity, the compartment networkao€lassical CM can be used in a
stochastic context. Indeed, this model consistsseferal states that can be
assimilated into the compartments of the CM. Thecsures are therefore very
similar and differences between the two approacimese from the mathematical
formulation of the models. Stochastic mathemategbression does not involve
ordinary differential equations, but a transitiolpability matrix that orientates the
evolution of the system. This system comprisesrsdatates that correspond in our
application to the concentrations in several deéthzones in the stirred vessel. The
CM principle, having been greatly improved uponuseful to take as a basis from
which to elaborate stochastic models that are ndelyw applied in the area of fluid
mixing, except in the case of some theoretical icemations [13-15]. Of interest is
the fact that stochastic models have properties ¢ha be used to study special

mixing phenomena, which are important, notablyiopbocesses.
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The first property is the stochastic aspect of tiedel that can be used to make
particle following studies [14]. This aspect is w@&nportant in bioprocesses because
it enables the easy description of circulation pa#tken by microorganisms inside a
stirred bioreactor, and allows the determinationfof example, the frequency at
which microbes are exposed to high nutrient comaeéions or high shear stress [2,
16]. Circulation simulation will be investigatedtime last section of this paper.

The second property is the discrete aspect of theefhthat can be interesting when
coupling hydrodynamics with complex reactions, sashmicrobial kinetics [17].
This property will be investigated in further stesli There are many other properties
that can be usefully exploited. One example isatworbing property, which will be

investigated in this study.

Material and methods

Experimental stirred vessel

Two impellers were used: rushton disk turbines (BPpand lightning hydrofoils
A315 (pumping downward), both having a diamete®df m. Some combinations
were particularly investigated: RDT6-RDT6, RDT6-A3{the first cited impeller
was placed at the lower part of the vessel andsdm®nd one at the upper part ;
impeller clearance from the bottom of the ves€®ll:m ; inter-impeller clearance :
0.2 m). Photographs of these impellers are showkigare 2. All experiments were

performed in a Perspex stirred vessel (D = 0.22muijpped with four baffles.

Mixing time experiments

Three kinds of mixing experiments were employed this study, each kind
permitting the investigation of a specific aspdatnixing behaviour.

The first kind of experiment consisted of measurihg mixing time in a vertical
plane of the stirred vessel. To achieve this, esearf thermocouples attached onto a
baffle of the vessel were used. The small dimensibthese probes (0.45 mm

diameter) allows the control of only a restricteddume element in the vessel. It can
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thus be assumed that only a vertical plane in thssel was involved in the

experiments facilitating the implementation of theults in a CM.

The second kind of experiment was also a mixingetimeasurement, but here we
used conductivity probes. In this case, due tdahger dimensions of the probes (1
cm diameter), the volume elements are bigger anst i@ considered in a three-
dimensional context. Experiments conducted in Wéy were used to implement
three-dimensional models. The positions of the esolfor these two kinds of

experiment are presented in Figure 1.

INJECTION INJECTION
e L
L |
o
| J
®
TWO-DIMENSIONAL THREE-DIMENSIONAL
EXPERIMENTS EXPERIMENTS

Figure 1: Locations of thermosensors (on the left) and cotidityc probes (on the
right) in the stirred vessel

The third kind of experiment was a residence tinséridution (RTD) measurement.
The apparatus is the same as for the previoushutdyere fluid is continuously fed
and extracted from the vessel at a flow rate ofrBf3. Conductivity probes allow
the on-line measurement of the decreasing condemtraf the injected tracer.
These experiments allowed for an improvement of shechastic model, by
analysing the absorbing state property.

For the first and second kind of experiment, theing time (corresponding to a

degree of mixing of 85%) was calculated from tracarves using the method
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presented by Mayret al. [18]. In this method, an ideal response function
corresponding to the tracer curve of a pulse adidedperfectly mixed reactor must
be first determined. The standard deviations oheagerimental tracer curve (5 or
8 for the thermal method and 1 or 2 for the conigitgtmethod) from this ideal
response function are then calculated. The standawiations are summed and
divided by the number of sensors to give an inhoenedgy function varying from O
(total homogeneity) to 1 (total inhomogeneity). tims study, the mixing time
corresponded to the time at which the value ofithemogeneity function dropped
to 0.15, or in other words a degree of mixing o#85The inhomogeneity degree
was chosen at a high enough level to make theuthticn signal of the probes
negligible.

A large amount of data were collected in this wayg avere used to elaborate a
mixing database containing the experimental comakti the mixing time results and
the parameter estimation for each model. In orodintit the experimental field and
to concentrate our attention on stochastic modekldpment, only the results
performed in water in non-aerated conditions widl bonsidered in this paper.
Indeed, aeration and viscosity led to a modificatid the parameters of the model
(e.g., circulation flow drop with increasing aeoatiand/or viscosity). This requires

extensive discussion, which cannot be includetiénspace allowed.

Mathematical models: CM and stochastic approaches

The aim of this paper is to translate compartmexing model knowledge into a

stochastic context. Advantages of such an apprbagk been briefly discussed in
the introduction and will be reviewed at the endhis study.

It is of practical importance to begin with a bri@éscription of the two models
presented here and to discuss their differenceghdncase of the compartment
mixing (CM) approach, the flows between the intarected compartments are
responsible for homogenisation. In the case ofoahststic model, it is a series of
probabilistic transitions between states that aspaonsible for the repartition of the
tracer in the whole vessel. The CM approach cansilsa set of ordinary differential

equations (one for each compartment), which arelved in a continuous manner
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with an appropriate numerical method (in our caRuage-Kutta routine was used).
More details about CM construction can be found6inll]. The stochastic model
consists of an initial state vectog, 8/hich is multiplied with a transition matrix T to
give a new state,;SThis procedure can be represented by the follgwouation:

For the first transition: S= T . § (1)

The next step involves the multiplication of theanstate vector Swith the same
transition matrix T until a steady-state is reached

For the second transition:(ST.S) or (S=T>. %) (2)

For the 1 transition: ($=T.S4) or (S=T.%) (3)

In our case, the state vector contained the tremecentrations for all states, a state
corresponding to a region of the agitated vessela(@ompartment in the CM
context).

The numerical implementation of a stochastic sititeis thus very simple because
it involves only matrix multiplication. An importariact is that the stochastic model
is a discrete-space and discrete-time model, whetd4 is a continuous-time and
discrete-space model. It thus appears that themtadels work on a very different
basis. The dissimilarities between the CM and tbetastic mixing models need to
be analysed in order to facilitate the translatainknowledge between the two
approaches.

In order to stay within the same referential fdrthe models constructed in this
paper, the number of compartments per agitatiogest@as always 8. This is the
minimum number of compartments that allow for difetiation between axial and
radial impellers.

The impellers used (RDT6 and A315) exhibit threffedént flow patterns that
influence the orientation of the circulation flowates in the CM model. RDT6
exhibits a radial flow pattern and, on the oppoditarofoil A315 has an axial flow

pattern. The “basic plane” models for each impeiler presented at Figure 2.
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SHAFT

IMPELLER

—_ 4

«+——

—»>

: turbulence tlow rate g

: convective flow rate qc

Figure 2: “Basic plane” compartment network for a radial atier (RDT6 on the
left) and an axial impeller (A315 on the right)

These basic structures can be combined to modellistaged vessel. In the case

of a three-dimensional model, eight basic planecttires are arranged in series for

an agitation stage, these planes being linkedab ether by a tangential flow rate g

(Figure 3).
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SHAFT : turbulence flow rate q.

I : convective tlow rate qc

/ : tangential flow rate q

Figure 3. Arrangement scheme of “basic plane” structuresgiee a three-
dimensional compartment model

The first step in this study was the estimationhef parameter.pf the CM model.

This allowed the determination of the ratiggg which would then be used for the
qualitative analysis of the stochastic model. THamdlation from the CM model to
the stochastic context is illustrated in FigureThis figure represents the global

structure of the two models.
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Compartment model

Corresponding stochastic model
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Figure 4: Comparison of the compartment model and stoahagproach

The ratio ¢/g. coming from the CM model was used to calculatepttodabilities of

shifting from one state to another in the stockastodel. These probabilities were

collected in the transition matrix T. An example atransition matrix valid for a

RDT6 system is given in Figure 5.

S S, S5 S, S Ss S; Sg
2. 4 4tge 0 0 0 0
4qe+qe  4get+qe  4getqe
gotqe _2¢: ge 0 0 0 0
4qet+qe  4qetqe 4qe+qc
qe 3qe Getqe qe 0 0
64e+qe 6¢e+qe  6¢e+qe  6Ge+qe
0 Getqe qe 3q. qe 0 0
6ge+qc 6qe+qc 6qe+qc 6¢e+qc
0 0 qe 0 3¢ qetqe qe
6¢e+qe 6getqe 06Ge+qe  6¢e+q
0 0 q. qe 3ge qetqe
6ge+qe  6¢e+qe 6qe+qe 6¢e+(qe
0 0 0 0 qetqe 2q. q.
4qe+qe 4q.+q. 4qe+q.
0 0 0 0 qe Getqge  2qe
L 4qetqe 4qe+qe 4qe+qe |

Figure 5. Example of transition matrix
presented in Figure 4 (right hand side)
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The ratio ¢/ge only has an impact on the shape of the traceresuand governs only
the qualitative aspect of the results. The quaitdaaspect is taken into account by
fixing the time required to achieve a transitionentrunning a simulation with the
stochastic model. This aspect will be analysedeiaitiin the results and discussion

section.
Parameter estimation procedure

For the two-dimensional compartment model, theeetaio adjustable parameters:
de and @. The circulation flow rate gwas calculated by the use of the following

equation coming from dimensional analysis [3]:

_NgeN.cP
nIoop

with n,ep being the number of circulation loops implemeritgche model (gop = 2

Qc 4)

for the RDT6 and jp,, = 1 for the A315 impeller). Nis a dimensionless circulation
number that depends only on the impeller geometrthée turbulent flow regime
(Ngc = 1.51 for RDT6; Iy, = 1.3 for A315).

The turbulence flow rate.gvas estimated by sensitivity analysis. For a dated
value of g, the value of gwas modulated to match the measured mixing tinhe. T
maximum and the minimum values of mpatching with the experimental mixing
time were determined, the mean corresponding toused value of gin the
simulations.

For the three-dimensional versions (Figure 3),ehgas an additional parameter to
determine: the tangential flow rate @he determination of this parameter will be
discussed in the following sections.

After parameter determination of the CM modeltlad flow rates g g. and g were
collected to calculate the transition matrix T loé ttorresponding stochastic models
(q. and q for the two-dimensional versions g, @ and g for the three-dimensional

versions).
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Results and discussion

Two-dimensional mixing time experiments

As previously discussed, the compartment modetwasdjustable parameters. The
circulation flow rate g was calculated with the dimensional equation e
turbulent flow rate was estimated by the procedulined in the Material and
methods section. All the results concerning these parameters are presented in
Table 1.

Table 1: Estimation of the adjustable parameters of thmagartment model for each
impeller system investigated

Calculated m3/s
% ) Estimated q.

e

N (min) Lower stage  Upper stage (m3fs)
RDT6 230 0.0028 - 0.0155
RDT6 270 0.0033 - 0.0205
RDT6 360 0.0045 - 0.0295
RDT6 450 0.0056 - 0.029
RDT6-RDT6 230 0.0028 0.0028 0.04
RDT6-RDT6 270 0.0033 0.0033 0.0475
RDT6-RDT6 360 0.0045 0.0045 0.0645
RDT6-RDT6 450 0.0056 0.0056 0.0725
RDT6-A315 230 0.0028 0.0049 0.084
RDT6-A315 270 0.0033 0.0058 0.123
RDT6-A315 360 0.0045 0.0078 0.122
RDT6-A315 450 0.0056 0.0097 0.158

Figure 6 shows a comparison between experimenglltseand a compartment

model simulation for the mixing of tracer pulse pediat the top of the vessel.
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Figure 6: Comparison of experimental results and simulatiesults obtained with
an RDT6-RDT6 compartment model (simulated valuesespond to the continuous
lines)

Adjustable parameters were calculated accordinthéomethod discussed in the
Material and methods section. The mixing times by the model matched the
experimental ones exactly, but the shape of traueres recorded by the probes at
different locations in a vertical plane of the wasdid not exactly match with the
simulation results. Nevertheless, simulated tracarves presented the same
tendencies as the real ones (e.g., the tracer cuesmrded near the pulse location
exhibited a strong peak, which was not observedtlier lower locations in the
vessel).

There are two principal factors affecting the qyabf the simulation. First, the
number of compartments considered. If the numbeneases, the resolution of the
model will be higher and tracer curves may be naifferentiated. A high resolution
can be obtained with models containing a large remdf compartments with

several parallel circulation loops. Such modelsaaiéed network-of-zones (NOZ).
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Secondly, the model is limited to two dimensionsdded, a three-dimensional
model takes into account the tangential compongtiteomixing action. This aspect
will be improved upon in the next section with timelusion of a tangential flow
rate.

At this level, the goal is to translate the CM stume from a determinist to a
probabilistic context. To achieve this, the stotlcadlarkov chain theory was
chosen, because its applicability in mixing proeesgo date, especially in the case
of particulate mixing processes) has been prewouslved [13-15, 17, 19-22].

The first step is to take the same interconnectedpartments network used in the
CM. For each compartment (called a state, in thehststic context) the probabilities
of shifting to an adjacent compartment (state) orstaying within the initial
compartment (state) were calculated. The flow ratese then translated into
probabilities of shifting from one state to anothéese probabilities depending on
the flow structure (radial or axial) and the ratibcirculating flow on turbulence
flow. All the probabilities were collected to constt a transition matrix (Figure 5),
which governs the evolution of the system fromadesg(t) to a state §+At) during

a transition timeAt. The time taken to achieve a transition is nqtliekly given by
the model. This important aspect will be studiedHer in this section.

When having the stochastic model structure derifredn CM, the adjustable
parameters of the new model must be identifiedthedestimation method must be
elaborated.

The first parameter to estimate is the ratio of ¢leulation rate on the turbulence
rate. This parameter only has an impact on thetqtigé results (on the shape of the
tracer curves). TheJy ratio was calculated for each structure (RDT6, RERDT6
and RDT6-A315) (Table 2).
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Table 2 Calculation of parameters necessary for the $fuifbh a CM to a stochastic
model (Two-dimensional case)

Impeller(s) N (min™) qc/de k tmss (S) At (s) t. (s)
RDT6 230 0.18 32 5 0.15 1.72
RDT6 270 0.16 32 4 0.12 1.47
RDT6 360 0.15 32 3 0.09 1.1
RDT6 450 0.19 32 3 0.09 0.88
RDT6-RDT6 230 0.07 154 14 0.09 172
RDT6-RDT6 270 0.07 154 12 0.07 1.47
RDT6-RDT6 360 0.07 154 9 0.05 1.1
RDT6-RDT6 450 0.07 154 8 0.05 0.88
RDT6-A315 230 0.04 133 7 0.05 1.86
RDT6-A315 270 0.03 133 5 0.04 1.59
RDT6-A315 360 0.05 133 5 0.03 1.19
RDT6-A315 450 0.04 133 4 0.026 0.95

On observing the results, it can be seen that flog r@tio is lower when the mixing
system comprises an axial flow impeller. These ltesseem to be in discordance
with the general literature covering mixing pro@sswhich recognises axial
impellers as high circulation and low turbulenceducing impellers. But the
comparison of stirring systems must be performeagnwbperating at the same
volumetric power. In our case, the comparison wadopmed at the same stirrer
speed and it was thus normal to obtain a lowerevalugq when operating with an
axial flow impeller.

The second parameter to estimate is the effectivation of a transitiod\t. This
parameter is very important, since it governs th@ngjtative result of the simulation
and thus the mixing time value. If we look at a @iation (Figure 7), it can be seen
that a given number n of transitions are necedsefyre all the states of the models
are visited by tracer particles. It thus seemsrastiing to determine this number n.
This can be easily done by observing the course simulation. When running a
simulation with a single-staged agitated vessetrabsitions are required before
observing the first tracer molecules on the lowertpof the vessel. When
considering a two-staged stirred vessel, the nuroberansitions increases to 8 (the
concentrations in the last states are very low eamhot be correctly viewed in
Figure 7). We can see from Figure 7 that the trasetution for the RDT6-A315

system exhibits oscillations that are typical obaow impellers.
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Figure 7. Repartition of tracer concentrations through tliferent states of the
stochastic model during a simulation (consisting @eries of transitions from state
to state). Three impeller systems are presentad tap to bottom : RDT6 (A),
RDT6-RDT6 (B), RDT6-A315 (C). The correspondingtstaumber can be found
for the RDT6 system in Figure 4.

It is important to observe that this number n daes depend on the operating

conditions, but only on the model structure and rthenber of states. Thus, for a
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given geometry and states network, n will be canidiar every operating condition.
This number n will be used further.
The time intervalAt of the stochastic model was determined from erpantal data

by using the following equation:

_1m
A= )

Results of this analysis are presented in Table 2.

To give some physical significance to our modAt, must be linked to a
characteristic time of the mixing process that dsn easily calculated by the
operator. We chose here the circulation time, whghknown to have a strong
physical signification for the mixing process. lede Figure 8 shows that, when
increasing the mixing performances and thus whemedsing the circulation time,
the parametett drops down to a limiting value, which can be ailsited into the
maximum homogenisation capability of the systennoffing at Figure 2, it can be
seen that the mixing time values are very low fase operating conditions.) These

observations suggest a strong correlation betwieenlation time andt.
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Figure 8: Evolution ofAt in function of circulation time
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In order to extract a correlation from these date following equation was
considered:

_t
At nc ©

with ¢ being a correlating factor betwegrahdAt. The parameter n corresponds to
the number of transitions before all the statesrésponding in practice to the flow
regions) are visited by tracer particles. This namiif transitions is indeed linked in
the physical sense to the circulation time, theutation process assuming transport
of particles throughout the whole volume of therstl vessel. In Figure 9, it appears
that c is constant for a given impeller geometrd amssel size. Indeedt must
intuitively increase with scale-up and such behavi@an be denoted when
comparing the RDT6 and RDT6-RDT6 systems.

- -
P ———
- -
- el Y
-
- _—————
L T

-
- il T

- -
— ~——

DA

-~

~ -

N el TN
. ~———

Correlating factor ¢
w

.
-~
——
—

-8- RDT8
1F -4- RDT6-RDT6 i
-¢- RDTB-A315

0 L L L L

200 250 300 350 400 450
Stirrer speed (min-1)

Figure 9: Evolution of the correlation factor ¢ involved éguation (6) with stirrer

speeds for different mixing systems

Mean values of ¢ for each stirrer system are caxdpii Table 3.
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Table 3: Mean values of ¢ (see equation (6))

c qc/de
RDT6 2.28 0.17
RDT6-RDT6 2.49 0.07
RDT6-A315 478 0.04

At this stage of the study, it appeared that twapeeters needed to be determined
in order to run stochastic simulations in the caSenixing in a stirred vessel. The
first parameter was the ratiqQ/qs, which does not vary significantly for a given
stochastic model structure and which only has graghon the qualitative aspect of
the simulation. The second was the time intervdijctv is the most important
parameter. It has been proven that this parameterbe linked to the circulation
time by a simple correlation (equation 6).

In the next section, knowledge gained from the timensional model will be

extended to a three-dimensional model.

Three-dimensional mixing time experiments

Two-dimensional results obtained in the previougisa can be used to quantify the
ratio of circulating flow on turbulence-inducedwlan each plane of the 3D-version
of the model. But in the 3D-model, a third kindfloiw, named tangential flow, is
necessary to make the connexion between adjacamesgl Tangential flow is
responsible for the dispersal of tracer acrossdifferent planes of the vessel. Its
determination can be made by matching simulatioith wxperimental results.
However, we showed, by using a sensitivity ana)ytbiat a g/q; ratio equal to one
leads to better results. Indeed, we also modeHedential flow by a backmixing
flow. It is thus normal for tangential flows to hlawalues equal to those of
turbulence flows, because of the analogy betweeivib dispersive mechanisms.
Translating the model into a 3D version leads te thodification of some
parameters previously defined for the two-dimeraianodel. The increase in the

number of states in the model is traduced by arease of the n and k parameters.
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Indeed, the value of n for a single-staged vessg) and 12 for a two-staged vessel.
Values of k can be found in Table 4.

Table 4 Calculation of the parameters involved in stotibasnodels (Three-
dimensional case)

Impeller(s) N (min™) dc/ge qdge k tmasy, () At (s)
RDT6 230 0.18 1 80 5 0.062
RDT6 270 0.16 1 80 4 0.05
RDT6 360 0.15 1 80 3 0.037
RDT6 450 0.19 1 80 3 0.037
RDT6-RDT6 230 0.07 1 292 16 0.054
RDT6-RDT6 270 0.07 1 292 14 0.047
RDT6-RDT6 360 0.07 1 292 12 0.041
RDT6-RDT6 450 0.07 1 292 10 0.034
RDT6-A315 230 0.04 1 290 12 0.041
RDT6-A315 270 0.03 1 290 10 0.034
RDT6-A315 360 0.05 1 290 10 0.034
RDT6-A315 450 0.04 1 290 3 0.027

Concerning this table, the same methodology wasl usedetermine the time
interval At of a simulation in function of the mixing perfoamce of the system (see
equation (6) previously elaborated for the 2D meyel

Figure 10 presents the evolution of the correlafactor ¢ in function of stirrer

speed for each impeller system tested.
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Figure 10 Evolution of the correlation factor ¢ involved @guation (6) with stirrer
speed for different mixing systems (Three-dimensicystem)

As previously noted for the 2D case, values of mdbvary significantly for a given

impeller system. Mean values of ¢ are compiledabl& 5.

Table 5. Mean values of ¢ for a 3D-model (see equatioh (6)

Cc
RDT6 3.42
RDT6-RDT6 2 38
RDT6-A315 333

Equation (6) and the values of c reported in Tablgere used to perform several
simulations. Figure 11 shows a comparison of ttsseilations with experimental
results. It can be seen that the proposed parareesduation methodology led to

acceptable results.
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Figure 11: Comparison between experimental (dot) and siradlag¢sults (line) with
three-dimensional stochastic models

Residence time distribution (RTD) experiments

In order to perform RTD simulations, the 3D-modelainbe adapted by adding an
additional state, named the absorbing state. Ttase sis responsible of the
absorption of tracer molecules and representsothierlzone of the vessel, including
the liquid evacuation hole. The transition matriiglire 5) must be adapted to

contain the absorbing state and has the aspewnhshd=igure 12 [19].

Eareh B
0 1

Figure 12 Transition matrix containing an absorbing stasedito perform RTD

simulations
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In this matrix, Taenis the transition matrix previously presented igufe 5 ; B is a
column vector containing zero elements and a sialgiment containing.g;; 0 is a
line vector containing zero elements and 1 is & al@ment responsible for the
absorbing process.

In this case, an additional parameter expressieglitjuid flow rate leaving the
system must be determined. This flow is experinignt&nown and its
determination don’t cause any difficulties.

At this stage, it is thus possible to perform siatioins by entering the previously
determined parameters of the model. In this sectian will perform simulations
and compare the results with experimental datanipkes of the quality of the

simulations can be viewed in Figure 13.

0 200 400 600 800 1000 500 1000 1500 2000
Time (s) Time (s)

Figure 13 Comparison between experimental (dot) and siradlZRTD results
(line). On the right: RDT6-A315 system; on the I&DT6-RDT6 system

These simulations were performed by using paramdtgr g., g and At) coming
from three-dimensional mixing experiments (see &ab} and 5 in the previous
section). The simulations improved the validitytbése parameters for the mixing

systems considered.

Stochastic simulation of particle circulation in atirred vessel

Another interesting property of the stochastic nidgléhat the transition matrix T
can be directly used to perform single particlewation simulations. Indeed, the T

matrix contains all the transition probabilitiesorit state to state and these

probabilities can be used in conjunction with ad@n number generator to provide
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the path taken by a particle in displacement ingli@estirred vessel. In a bioprocess
context, it is very important to know the passigguency of the micro-organisms
in some crucial flow regions of the bioreactor (&Btample, the substrate addition
point in the case of a fed-batch culture, which canse a stress due to the high
concentration levels). In the case of a circulafioocess simulation, only the axial
planes of the vessel are important. We can thus éior observations by using only
one of the basic planes of the three-dimensionallahdefined in Figure 3. An

example of particle travel from state to stateiveg in Figure 14.

Upper circulation loop

State number
visited by the particle

Lower circulation loop

0 50 100 150 200 250 300 350 400
Transitions

Figure 14 Stochastic simulation of a particle circulatioiside a stirred vessel. The
arrangement of states corresponds to the axiaic'ipdene” defined in Figure 3.

These results can be exploited to calculate thegggsfrequency of a particle inside
a given state and, in this way, the circulationetim relation with this state. When
simulation involves a lot of transitions, circutaii time distribution can be
established for a given state or a given set désteéSuch an example is given in
Figure 14 for 200,000 transitions, which correspomdre or less to 2300
circulations through a particular state. The st&i@sen here corresponds to the flow
region located at the top of the vessel, whichcase of a fed-batch bioprocess, is

subject to substrate pulse addition. This in tuan affect cellular metabolism. An
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important fact is that the circulation time distriton (CTD), represented in Figure

15, exhibits a log-normal shape, as describedaritirature [16].
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Figure 15 Circulation time distribution related to a givetate of the stochastic
model (circulation timetis not express here in seconds but in numberoéttions)

The maximum of probability corresponds to 3 traaei before returning to the
specified state and is in accordance with the bpkioe structure of the model,
which involves 4 states per circulation loop. Tpiienomenon can also be viewed in
Figure 14, which highlights the presence of 2 datian loops in the axial plane of
the vessel. The variance comes from the fact that farticle can bypass the
circulation loop constituted by a set of 4 stafHlse variance can be increased by
considering several concentric circulation loopg, this requires a modification of
the model structure. This important fact, as weltte extensive development of the
circulation aspect, emerges from the objectivethisf publication and would need a

separate study.
Conclusion

A methodology has been presented here aimed ditdtiog the calculation of the

parameters of stochastic models. It involves the afsestimated flow rates coming
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from compartment mixing model (CM) analysis. Theadetween these flow rates
can be assumed to be constant for a given impglieem, which greatly facilitates
the elaboration of the transition matrix. A secamgortant parameter to determine
is the time intervaldt, necessary to achieve a simulation step. This 8tep is not
explicitly given by the model but, after appropeianalysis, it appears that a simple
correlation could be used to make the connexiowéet a simulation step and a
real time interval &t). The correlation (equation 6) contains an adjolst parameter,
which depends only on the impeller geometry, inrdmege of operating conditions
tested. Corresponding values of ¢ can be foundahlel 3 for two-dimensional
models and in Table 5 for three-dimensional ones.

The stochastic model can be used for model mixetgpksiour of different impeller
systems in stirred vessels, resolution being edgpitawith that obtained with
classical CM. Indeed, simulation performances veamglar for each kind of model
investigated in this study. This equivalency allaiws application of the stochastic
model to the study of mixing in fluid systems. Thigproach is interesting because
of the exclusive properties of the stochastic mddet found in the classical CM),
which can be used to investigate special mixingabitur in the process industry.
The aim of our study was to combine a structuredtdryynamic model (such as CM
or more recently the stochastic model) with micabkiinetics. In this area, the
exposure of micro-organisms to gradients can beestigated by performing
particle-tracking simulations. These simulationa t& simply performed by using
the transition matrix of the model, as shown irs 8tudy. A second advantage of the
stochastic model in this area comes from the disa@eolution of the system during
a simulation run. Indeed, this characteristic oé t#tochastic model allows the
calculation of a given state by using equation(@) T . S). This property can be
exploited when dealing with complex models invotyireactor hydrodynamics and
reacting species (such as micro-organisms in tlesgmce of a nutrient), which

require a large amount of computational time aratef23].
Notation

CM : compartment model
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c
d
D
k

n:

. correlating factor for the determination of thensition time interval
. impeller diameter (m)
: stirred vessel diameter (m)

: number of transitions that are necessary tolré@mmogeneity

number of transitions before all states argaedsby tracer particles

Nwop: NUMber of circulation loops in a two-dimensioGaf

N

: stirrer speed B

NOZ : network-of-zones

Ngc: circulation or flow number (dimensionless)

Q. : circulation flow rate (m?3/s)

dc: circulation flow rate per loop in the CM (m3/s)

Oe: turbulent flow rate (m3/s)

q:: tangential flow rate (m3/s)

Oexit - €Vacuation flow rate used in RTD experiments gjm?3/

RTD : residence time distribution

S

. Sstate vector

Sy: initial state vector

S : state vector aftefitransition

T : transition matrix

t.: circulation time (s)

tm: mixing time (s)
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Abstract

Scale-up is traduced in practice by an increagberflimensions of the bioreactors,
leading to a modification of the time scale andstbfithe process dynamics. In the
present work, a methodology to study the effectsofle-up on bioreactors
hydrodynamics and to put in place scale-down reaatepresentative of the flow
properties encountered in real scales bioreactatstailed.

In order to simplify the analysis, we have proposieel use of a stochastic model
which is directly affected by the time scale. Indleto run simulations with such
models, we have to specify the time taken to achi@vransitionAt. Stochastic
models are thus reliable to study scale-up effacstored reactors hydrodynamics.
In addition, these models permit to have an insa@hthe internal dynamic of the
process.

In the case of the circulation process, qualitataapects have to be taken into
account and induce a modification of the flow regi@rrangement of the model.
The stochastic analysis of large-scale bioreagbersits to propose a translating
methodology into a scale-down context. Optimisealesdown reactors can be used
further to carry out fermentation tests with thedtodynamic conditions of the
industrial scale. In a general rule, the perforneanof stochastic model allow to
facilitate greatly the analysis of the scale-upeetff and the hydrodynamic

characteristics of both large-scale and scale-d®aotors.
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Introduction

One of the most important problem arising when idgaWith bioprocesses is the
scale-up of the results at the industrial scalee ©f the problems is caused by
difficulties to represent hydrodynamic evolutionstirred reactors during scale-up.
The aim of this study is to propose a methodolagyolving simple structured
hydrodynamic models in order to resolve scale-gblems. Data obtained from the
hydrodynamic analysis and modelisation of largdestéoreactors will be used to
elaborate a scale-down reactor having the capéxitgproduce the hydrodynamic
encountered at the industrial scale. Such reabtre been widely described in the
literature and different variants can be found snaall stirred bioreactor coupled
with a pipe [1-6], two or more stirred bioreactathwecycle [7-11], a single stirred
bioreactor with randomly fluctuating substrate &ddi [12-15], a single stirred
reactor with physically separated internal compartta [16]. Among these, the
system comprising a bioreactor coupled with a glagr section seems to be the

more promising.

Material and methods

Mixing time experiments

Three different stirred vessels are used for mixinge experiments : a 30 litters
Perspex vessel, a 500 litters bioreactor (Biokxfitance) and a 2000 litters
bioreactor (Biolaffite-France). Dimensions of thesired reactors can be found in

table 1.

Table 1: dimensions of the stirred vessels
investigated in this study

D (m) d (m)
Perspex vessel 30L 0.24 0.1
Bioreactor 500L 0.62 0.25
Bioreactor 2000L 1.02 0.4
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Four different kinds of scale-down apparatus anelietl. These apparatus comprise
a 30 litters vessel (the same vessel as preserggbpsly, with a working volume
of 10 litters) assumed to be perfectly mixed corabino a plug flow section. A
peristaltic pump ensures the liquid circulationvien the mixed and the plug flow
sections. The four scale-down systems differ bydisgign of the plug flow section.
We have used : a silicone tubing (internal diame&mnm ; length : 7.5m) (System
A), a glass bulb (internal diameter : 85 mm ; léng0.25 m ; connexions of 8 mm
diameter at each end) (System B), two glass bulbseries (System C) and two
glass bulbs in parallel (System D). These apparedusbe viewed schematically at

figure 1.

DETECTION
x> DETECTION
0

TRACER PULSE TRACER PULSE

fe—— j———

SYSTEM B
SYSTEM A

Lo

DETECTION
O

DETECTION

TRACER PULSE
fe———

TRACER PULSE

SYSTEM DIy
SYSTEM C

Figure 1 : schematic representation of the scale-down oeadhvestigated in this
study. The mixed part correspond to a classicakstivessel with a working volume
of 10L

Homogenisation experiments have been performedagh bioreactor and scale-
down reactor by using a tracer pulse injection methrhe technique employed
consists in recording the conductivity evolutiorteafthe injection of a saturated

NaCl solution at the top of the vessel (2% of thtaltvolume of the reactor). Mixing
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time is calculated from tracer curves by the metbhbdl7]. In the case of scale-
down reactors, the technique is somewhat diffesiadtis explained at figure 1.

In addition, RTD experiments have been performedhat level of the mixing
section of the scale-down reactors. Methodologhéssame as presented above, the
stirred vessel operating in the continuous modesffrwater is continuously added

and extracted from the stirred vessel).

Stochastic modelling of mixing curves

The stochastic model used here is in fact a Madtmin. This kind of model has
been widely used in the area of particulate miXitey 19], but can also be applied
in the field of fluid mixing [20, 21]. When perfoiimg stochastic simulations, a state
vector containing the description of the statehef $ystem at a given time interval is
multiplied with a transition matrix (which contaitlke probabilities to shift from
state to state) to give a new vector describingsthte of the system at the next time
interval. This new vector can be multiplied agaw the transition matrix. This
procedure is repeated to obtain the evolution efdfate vector in function of time
or transitions. The mathematical procedure cantitgew as :

For a first transition, when starting from an iaitstate $: S=T. &% (1)

The following steps involve the multiplication dig new state vector; Svith the
same transition matrix until a stateiSreached. In our case, the stgteddresponds
to the steady-state for which the system can beidered as homogenous. The
mathematical procedure can be written as follow :

For the second transition :{ST.S) or ($=T°.%) (2)

For the ith transition : (S T.S4) or (S=T.%) (3)

With S being the state vector and T the transiti@trix. In our case, the state vector
contains the tracer concentrations for all stadestate corresponding to a region of
the stirred vessel, and a transition corresponthng time interval. The numerical
implementation of a stochastic model is thus vemypte because only involving
matrix multiplication.

The model investigated contains 8 states per pldhesvhole volume of the vessel

being modelised by 8 planes. There is thus a tftél states per agitation stages,
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these states being interconnected by probabilii@sh are function of circulation,
turbulence and tangential flow rates physicallycemtered in stirred vessels (figure
3). The general structures of the models have pemriously improved [22] (figure
3).

[
| K)
2

N\ J, ...’
SHAFT 4 turbulence flow rate g,

—p : convective flow rate q,

A : tangential flow rate q,

Figure 3 : physical structure of the model involved in tkisidy. Each states are
interconnected with each others by probabilitiedcudated on the basis of
circulation, turbulence and tangential flow rateBhe circulation flow rates
orientations are valid only in the case of a ranfrgdeller

Stochastic modelling of particle flow path

The circulation of a particle inside a stirred leiactor is very easy to simulate by the
aim of the transition matrix of a stochastic modéévertheless, the flow network
must be modified in order to represent more précigee circulation flow paths.

Indeed, if the previous network structure is udiglfe 3), the circulation process
can't be efficiently represented because of thdit@etional nature of the turbulence
flow rates. These flow rates contribute to assitmilthe circulation process to a

random walk. To avoid this effect, a diagonal floate structure (figure 2) can be
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adopted [23]. This structure permits to represemremclearly the circulation
process. In order to be in accordance with theipusly presented mixing model,
the probability to remain in the circulation loop ¢alculated in function of the
circulation flow rate generated by the impeller.eThrobability to shift to an

adjacent flow loop is extracted from the valueh#f turbulent flow rate (figure 3).

r---

Flow ﬁ Flow
region i region

i+l

Figure 2 : diagonal flow structure proposed by [23] usedptrform stochastic
particle displacement simulation

Results and discussion

Preliminary comparison of stirred bioreactors anccale-down reactors : time

constants analysis

The bioreactor hydrodynamics must be optimised ideo to ensure a good
homogenisation of the broth and minimise the appear of concentration
gradients. The parameter generally used to quatitdyhomogenisation process is
the mixing time. This mixing time,thas been measured for several bioreactor
volumes under varying operating conditions (stirrepeed and impeller
combinations). In order to allow comparison on babde basis, some results of
mixing time are presented in function of the reastmlume at constant volumetric

power consumption (figure 4) [24].
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Figure 4 : evolution of mixing time in function of volumétrpower consumption.
Bioreactor 30 rresults are extracted from the literature [24].

It can be seen that the increase of the voluméeféactor leads to the drop of the
homogenisation efficiency (traduced by an increggbe mixing time). A particular
attention must be paid on the fact that an impértacrease of mixing time is
observed when passing from a two-staged to a stesged mixing vessel. This can
be attributed to the radial behaviour of the imgrsllused. It has been previously
proven that these impeller configurations induceti@ng compartmentalisation
effect. Previous studies have shown that incotporaof an axial flow impeller
permits to decrease drastically the mixing tim¢hefwhole system [24, 25].

One of the goal of this study is to make the ligtieen scale-down and large-scale
reactors. In other words, a relation between opeyatarameters of the two kinds of
system must be highlighted. We can begin our coisparby determining the time
constants related to the reactors hydrodynamid® :circulation time tand the
mixing time t,. From figure 5, it can be seen that mixing timeves representative
to those encountered in large- scale bioreactardeabtained by using scale-down

reactors.
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=& - Scale-down reactor system A ; Qrecirc = 2.25 ml/s
=0 - Scale-down reactor system B ; Qrecirc = 16.6 ml/s
-
F

Normalised tracer concentration

= Scale-down reactor system C ; Qrecirc = 25 ml/s
= Scale-down reactor system D ; Qrecirc = 25 ml/s
-8 Bioreactor ; 2m?*; 3RDT4 ; 38 rpm

== Bioreactor ; 20L ; 3RDT6 ; 230 rpm

0.2

0 50 100 150 200 250 300 350
Time (s)

Figure 5 : tracer curves obtained for different reactorfigumations

The adaptation of the shape of the mixing curveslm performed by varying the

recirculation flow rate, as well as the volume ahd diameter of the plug-flow

section. The residence time in the plug-flow secté a scale-down reactor can be
assimilated to the circulation time observed in tase of a large-scale reactor.
Indeed, these characteristic times correspond Wotithe time between two

consecutive passages of a particle at the levileoiimpeller plane.

In the case of stirred bioreactors, the circulatiore value can be obtained by using

the following correlation :

M_ M
Q- NgoN.d? “)

By analogy to thectin real bioreactors, the circulation time in sedé®vn reactor

tc

can be considered to the mean time taken by aclgagntering in the plug-flow
section before going back to the mixed section. Vhkies of § pug.iow are first
considered as equal to the theoretical retentime tf the plug-flow section. We

have thus :
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t _Vplug— flow

Coiua e _ ®)
plug- flow plug- flow QFECII’C

All the results concerning time constants anal§sisscale-down and real reactors

are summarized respectively in table 2 and 3.

Table 2: characteristic time constants determined folesdawn reactors

Theoretical circulation time

Scale-d_own r_eactor Recirculation flow  Plug flow part tepugiow (5) in the plug flow Mixing time
configuration rate Qyegr; (Ml/'s) volume (ml) section tmasy, (S)
A 225 380 168 170
A 3.9 380 96 130
A 8.33 380 45 56
A 16.66 380 23 32
B 8.33 1000 120 292
B 16.66 1000 60 134
B 25 1000 40 104
B 33.33 1000 30 70
Cc 16.66 2000 120 224
Cc 25 2000 80 170
[ 33.33 2000 60 130
D 8.33 2000 240 534
D 16.66 2000 120 246
D 25 2000 80 176
D 33.33 2000 60 130

Table 3: characteristic time constants determined for beaeactors

Reactor Working volume (L) Impeller(s}) N(s") tc(s) tugsy(s)
10 RDT6 383 172 5
10 RDT6 45 147 4
Perspex vessel 30L 10 RDT6 6 11 3
10 RDT6 7.5 088 3
20 2RDT6 383 1.72 16
Perspex vessel 30L 20 2RDT6 45 147 14
P 20 2RDT6 6 11 12
20 2 RDT6 7.5  0.88 10
30 3RDT6 383 1.72 38
Perspex vessel 30L 30 3RDTS 45 147 30
P 30 3RDT6 6 11 26
30 3 RDT6 7.5 088 22
350 2RDT4 0.83 8.9 36
. 350 2RDT4 1.66 445 24
Bioreactor 500L 350 2RDT4 25 296 22
350 2RDT4 333 222 20
1200 2 RDT4 0.63 13 60
) 1200 2RDT4 1.2 6.9 42
Bioreactor 2000L 1200 2 RDT4 181 4.56 26
1200 2RDT4 2.36 3.5 26
1800 3RDT4 0.63 13 188
. 1800 3RDT4 1.2 6.9 100
Bioreactor 2000L 1800 3RDT4 181 456 52
1800 3RDT4 2.36 3.5 53
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At this stage of the study it is important to knthe circulation time tyg.iow range
which permits to match the mixing times encounteiredarge-scale bioreactors.
Figure 6 presents the evolution of mixing time imdtion of circulation time for

different bioreactors and scale-down reactor caméijons.
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Figure 6 : mixing time — circulation time relationship fadifferent reactor
configurations

Some tendencies can be highlighted when considerinogo and multi-agitated
bioreactors. Indeed, three tendencies can be aasénvfunction of the number of
agitation stages in the case of large-scale bitwesacThis can be attributed to the
fact that, when the number of agitation stagesem®es, the theoretical circulation
time remains constant but not the mixing time. Téffect is attenuated in the case
of a combination comprising an axial flow impelléfhese tendencies can be
extrapolated by scale-down mixing time results, darnparison is difficult because
of the few points matching with results obtainedhe case of large-scale reactors. It
comes from the fact that bioreactor scales consitiém this study are relatively

small compared to the sale-down results which gpeaisentative of bigger scales.
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Time constants analysis is not sufficient to ddwrprecisely the bioreactor
hydrodynamics. In reality, there isn't a single ualfor t, but we can observe a
circulation times distribution (CTD) for a givenirséd bioreactor and for a given
range of operating conditions. The same observat@onbe done for a scale-down
reactor in which there is a retention time disttit depending of the geometry of
the plug-flow element and of the recirculation floate. We need thus a tool to
describe the circulation time distribution.

We have also shown that it is possible to obtairingi time value in scale-down
bioreactors similar to the one observed in largdesceactors. However, the mixing
time is only a parameter, and elaborating a scplsttategy on the basis of this
single parameter leads to wrong results. Indeegingitime don't predict the flow
direction in bioreactors and the way in which manganisms are exposed to
gradient. To obtain a good representation of thpkenomena, we need a
hydrodynamic modelisation tool. We use here a ststt model which presents the
advantages to predict not only the way in which bgenisation is achieved, but
also the circulation paths followed by particlesidie the bioreactor. It has been
previously proven that stochastic model has theesauiming simulation potentiality
than the well-known compartment or network-of-zomexlels.

In the following sections hydrodynamics characterssof scale-down reactors and
large-scale stirred bioreactors will be comparedhenbasis of tracer mixing curves
and particle circulation paths. Stochastic modei$ e used to facilitate these

analysis.

Analysis of bioreactors hydrodynamics by stochastiodelling

1. Scale-up effect on the simulation time intenfadtochastic models

Stochastic model has been previously improvedrtwilgite mixing curves of stirred
bioreactors under several operating conditions. &ffieiency of this kind of model
has been previously proven [22].

In this section, two goals have to be achievedstFihe quantification of the scale-

up effect in stirred bioreactors by using stocltastiodels. Then, always in a
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stochastic modelisation context, the comparisothefmixing process in large-scale
bioreactors and in scale-down apparatus. In oalezgolve the problem, we need to
find a parameter of the model which is particuladifected by the scale-up
procedure. Intuitively, the lone parameter affegtthe time scale of the process is
the time interval taken to achieve a stochasticehtrdnsition. There is also a space
scale which is affected by scale-up, but this stsakxplicitly included in the model
by states or flow regions.

In order to simplify the approach, a previouslygemted methodology [22] will be
used and it will be assumed that the ratio of ¢athon flow on turbulent flow will
be constant for each simulations. This methodojmgynits to find the time taken to
achieve a transition during a simulation with achtstic model. The parametiris

thus calculated from mixing time experiments by rtsation :

_tm
A= ©)

k being the number of transitions required befaraching homogeneity in the

context of the stochastic model. The parameter gedés only on the number of
states constituting the model (these state correspoour case to the different flow
regions by analogy to the well-known compartmentlels) and on the arrangement
of these states (in other words, it depends omé#tere of the flow loops generated
by the impeller, these loops differing in functiohthe radial or axial behaviour of

the impeller). The parameter k = 80 for a singlditue system, k = 299 for a two-

turbines system and k = 670 for a three-turbinesesy. This number of transitions
needs to be related to an effective time in oraermhance the reality of the
stochastic simulations. This can be achieved empartially by using equation (6),

and the following correlation can be written as :

At:rf_.cc @)

n being the number of transitions before all stafake model are visited by ay least
on tracer molecule. As in the case of k, this pateamdepends only of the model
structure : n = 8 for a single-turbine system, h2=for a two-turbines system and n

= 16 for a three-turbines system. The parametefaccorrelating factor. The use of n
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permits to give more significance to the correlatiparameter ¢ by deleting its
dependence to the model flow regions structurbaft been previously noted that
this parameter c is constant for a given impelleorgetry [22]. As it will be seen

further, this remark is only valid for a given sealndeed, the parameter ¢ must

intuitively vary when increasing the operating scal
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Figure 7 : evolution of the correlating factor c in funatie@f circulation time for
different bioreactors configurations. The correlgtifactor is used to translate the
simulation transitions into a real time referential

The magnitude of this variation is representedgairé 7 in relation with some tracer
experiments. A special attention must be paid ® ekiolution of the correlating
factor c in function of the operating scale. At #insaale (10 to 30 litters, mono or
multi-staged vessel), the correlating factor climast constant in function of the
circulation time (or more generally in function thie stirrer speed) and for a given
impeller configuration. When increasing the scalesignificant variation of c is
observed when increasing the stirrer speed. In falkben considering small-scale
reactor, circulation time doesn't vary on a gredent and ¢ seems to be constant.
But when increasing the reactor volume in ordeinthuce a significant increase of

the circulation time, differences at the level ovalues appears. We assist at a
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significant increase of the correlating factor, Imot sufficient compared with the

circulation time increase. As a result, the timéeival At increased. It can be

concluded that the scale-up induce, at the stoichasidel level, an increase of the
timescale, this effect being more pronounced foltinmpeller systems.

This effect can be partly explained by reasoningaobasic scale-up principle.

Indeed, if it is assumed that the scale-up effecprimarily due to a timescale
modification, some explanations can be given toresults. In larger vessels, fluid
elements must circulate over longer distances. Msure an homogenisation effect
similar to those encountered at small scale, tba flyelocity must be greater.

Unfortunately, the fluid velocity is directly progmnal to the volumetric power

which constrained the large vessel to run undeatgrevalues of P/V. Such required
P/V are not technically achievable and this liniitatis the basis of scale-up
problems.

This is in accordance with the fact that the mixipigpcess in stirred reactor is
closely linked to the circulation time. According tthe related literature,

homogenisation of the system is achieved aftema tnterval equal to four or five

times t [26]. The use of equation (7) to run simulation royes thus the physical

significance of our stochastic model.

2. Analysis of circulation process in bioreactors

The circulation of a particle inside a stirred leiactor is very easy to simulate by the
aim of the transition matrix of a stochastic moddie problem which appears when
using a structured model is that the spatial dinoends governed by the

arrangement of the flow regions. To analyse thdesgp phenomena only the
temporal dimension has been exploited, but thishowktinduces some problems
linked to the spatial aspect of the model. Indestien scaling-up, the spatial
dimensions of the system increase, which is tradlatéhe level of the model by an
increase of the flow regions volume. Nevertheléssthe case of the circulation

process no qualitative differences have been obdemrimarily because the flow
regions number and arrangement are the same. take for example our basic

three-dimensional flow regions network for simuigtithe circulation of a particle in
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the reactor, problems can arise when proceeding tecale-up analysis. The
circulation phenomena is mainly limited to the &xianes which involves each 8
flow regions (figure 3). During a scale-up analysie volume of the flow regions
must be increased, as well as the probability far particle to remain inside a
particular region. This phenomena leads to a CTIh wi maximum probability
observed for actequal to zero (which corresponds to the retentibthe particle
inside the same flow region). In conclusion, thelgative aspect play an important
role in the case of circulation path simulation.isTts traduced in practice by an
increase of the number of circulation loopgpain the axial plane of the vessel
(figure 8).
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Figure 8 : expected evolution of the circulation model stame with scale-up

In function of the number of flow loops includedthre model, particles are allowed
to achieve different sequences of transitions.example, in the case of the 72 flow
regions model, particles can follow three kindgiofulation loops : circulation loop

composed of 4 flow regions, 12 flow regions orf@®v regions. These differences
contribute to the probabilistic aspect of the dation process. The quantitative
aspect is anew governed by a simulation transitirreal time interval relationship

which is very easy to establish by considering thattime taken by a particle to

follow the longer circulation loop corresponds t@ ttheoretical circulation time
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expressed by equation (4). All the results conogrtheAt conversion obtained by

using equation 8 have been compiled in table 5 :

_t
Atcirc =
Soop (®)

Table 5: stochastic model parameters for scale-down oea¢system B)
Qrecirc (ml/s) Penter Pstay Pback At (s)

8.33 0.15 0.75 0.1 3.65
16.66 0.31 0.59 0.1 1.675
25 0.5 0.4 0.1 1.3
33.33 0.69 0.21 0.1 0.875

The analysis has been focused on the model steugttoposed by [23]. These
authors have shown that a ratio of 0.85:0.15 bewi¢probability to remain in the
main flow loop) and P(probability to shift to another flow loop) leads results
representative of large-scale vessels. To illustthe principles presented at figure
8, simulations have been performed with three mostelictures comprising
respectively 8, 32 and 72 flow regions, which cepand to 2, 4 and 6 circulation
loops. To run simulations,.Rnd R were maintained respectively at 0.85 and 0.15
for all the simulations. Simulation results aregamted at figure 9 and have been
compared with the theoretical log-normal distribatof the circulation times having
the following form [27]:

2
f(tc :;X —l{(wj} 9

For each simulation, 200,000 random transitionghsen performed and these
numbers of transitions have been converted intictiraa intervalAtg;,. by using
equation 8.

From figure 9, it can be seen that the scale-upded an dispersion of the CTD. All
the simulations show a log-normal behaviour in adance with the literature [23,
27].
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Figure 9 : circulation simulation according to the modelustures presented at
figure 8. From left to right : 8 states model (82, states model (b) and 72 states
model (c)

Hydrodynamic characterisation of scale-down reacsdry stochastic modelling

Structured models allow to gain a more precise ghtsiinto the internal
hydrodynamics of stirred bioreactors. In this smgtistochastic modelling of scale-
down reactor will be considered. Simulation mixicgrves obtained by this
approach will be used to make some comparisonstivitbe obtained in the case of
large-scale bioreactors.

In the case of a scale-down reactor, in the spetifange of operating conditions,
the homogenisation process is limited by the traemntion inside the pipe section.
Indeed, the tracer has been injected at the lefvétheo plug-flow section and the
operating conditions in the mixed part have beayseh to lead to a mixing time of
5 seconds. We'll thus focus our attention on thegglow part of the scale-down
reactor.

Table 4 presents a comparison between the thealredisidence time of the plug-
flow part (obtained by equation 5) and the minimama the maximum experimental

retention times.
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Table 4: characteristic circulation time relative to gwale-down reactors

s Qe Votugson Theoretical ) E_xperimental. E_xperimental.
ystem . . minimum retention maximum retention
(mlis) (ml) retention time (s) time (s) time (s)

A 2,25 370 164 124 170

A 3.9 370 95 78 130

A 8.3 370 45 38 56

A 16.6 370 22 22 32

B 8.3 1000 120 26 292

B 16.6 1000 60 8 134

B 25 1000 40 8 104

B 33 1000 30 8 70

Cc 16.6 2000 120 24 224

Cc 25 2000 80 10 170

C 33 2000 61 10 130

D 8.3 2000 241 80 534

D 16.6 2000 120 30 246

D 25 2000 80 20 176

D 33 2000 61 8 130

These experimental retention times have been med$tom mixing time curves by
recording the appearance of the first tracer mdéscin the mixed part (minimum
retention time) and by calculating the mixing tifmeaximum retention time). We
can see that small diameter plug-flow part (sys&nexhibits a strong plug-flow
behaviour because the maximum and the minimum @rpatal retention time
values are close to the theoretical retention tif@s is not the case of the large
diameter plug-flow parts (systems B, C and D) ftiick dispersion effect occurs.
Two cases can be highlighted depending on the fidwgpart diameter :

- For small diameter, tracer dispersion is very lowl ¢he pulse is convoyed
trough the plug-flow part. The system can thus &&nailated to a single
circulation channel who behave like a perfect flogv.

- For bigger diameters, the dispersion effect is morensive. Large
diameter plug-flow part behave like a set of selvBoav channels which
interacts with each other, the inter-channel exgharbeing responsible of
the tracer dispersion.

In order to perform stochastic simulations for thuegd mixing, we have considered
in all cases the mixed section with the paramgiegsiously determined in the case
of the 30L perspex reactor with 10L of working vl (this reactor being
effectively used in practice as the mixed partha scale-down apparatus), which
permits to stay within the same modelling referntrhe model arrangement is

presented at figure 10.

104



Chapitre 4

Mixed part Pract

Pstfw

Pl‘ecil‘c

Plug-flow part

Figure 10: scale-down stochastic model arrangement

The plug-flow section has been modelled by a setaifes put in series. Transitions
between the states of the plug-flow part are geeeiy R the probability for a
particle to be carried by the general circulatitmw Py, the probability to be
retained at the level of a given state and byPthe probability of backmixing.
Anew, the theoretical time of the model (expresseé number of transitions) must
be translated into real time interval. The validity of this translation needs some
verifications because we consider now a hybridtmead o do this, the RTD of the
mixed part of the scale-down system has been medsarorder to verify the time
effectively spent by a particle in this sectiontbé reactor. Experimental results
have been compared with simulations performed thiéhmodel presented at figure
11.
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Figure 11: comparison of RTD experiments and simulation

This comparison allows to fix the probability foiparticle to enter in the plug-flow
section Byewhen passing at the vicinity of the evacuation haflthe mixed section
(this evacuation hole being comprised in a particgtate of the model called an
absorbing state [28]). This probability must, irinpiple, be proportional to the
recirculation flow rate, and figure 12 shows thais ttendency is respected by the

model.
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Figure 12 : linear relationship between the recirculatioow rate and the
probability to enter in the plug-flow section o&tkcale-down reactor

In a second step, the plug-flow section internadrbgynamic parameters must be
determined, and more precisely the probabilitigg, Bnd Bag. This determination
has been performed on the basis of the mixing gexgeriments performed on the
whole scale-down system. From sensitivity analygidas been determined that
Poack has only a limited impact on simulations resultsl @ur attention has been
especially given to theR, parameter. The basic structure of he model coepids
states in series for the plug-flow section. Thiscture is efficient to represent fluid
mixing in systems B, C and D, but not in the cabsystem A. In this case, the
number of states must be increased to 50, whickvskemew the strong plug-flow
behavior of system A. The whole analysis is nowahbere, but the most important
results concerning system B, and notably&h@arameter, are presented at table 5.
We can see thdltt values are representative of those calculatedercase of large-
scale bioreactors. In generdlt values are more elevated because of the most
important mixing times encountered in these scalerd systems. Example of
mixing simulation efficiency will be shown in thext section.

Table 4 can also be used to establish the CTD a&stown reactors. Indeed, the

circulation loop being physically delimited by apgi section, the residence time
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inside the plug-flow part of a scale-down reactan be assimilated to a circulation
time. It comes from this fact that three charasterivalues of circulation time can
be obtained from table 4. The same model stru¢hae the one presented at figure

10 can be used in a circulation simulation context.

Comparison of real bioreactors and scale-down reast

The scale-down reactor must reproduce as precaelypossible the large-scale
bioreactor hydrodynamics. Several criteria can beduin order to establish the
hydrodynamic similarities between scale-down aral reactors. The first category
of criteria contains the characteristic time contstd, and {. These criteria permit to
determine roughly if the chosen scale-down reatdorepresentative of a given
large-scale bioreactor. Performing a selectionhenlbiasis of these simple criteria
can induce important losses of representativeneiss fscale-down reactor. It is
preferable to use a second category of criteriaimgrfrom structured stochastic
models analysis (compartment models can be usedhéiu potentialities are more
limited than those coming from stochastic modeis).important factor to take into
account when dealing with bioprocesses is the enmient experienced by
microorganisms travelling in the bioreactor. In tbase of a fed-batch culture,
substrate is fed in the vessel and continuouslgralesl by microbes. We assist thus
at a very complex dynamic system. In order to siimghe methodology, we’ll
perform a mixing simulation and choose a given mbgeneity degree. We'll
concentrate our attention on the concentratiord fel this time, this field being
considered as a structured criteria. The paranidterust be determined in order to
present the results in a real temporal refereniédier this step, a circulation
simulation can be performed with the same modeictire than the one used for
mixing simulation. It is the second structured emid. By superimposing the two
structured criteria, i.e. the concentration fietdaagiven inhomogeneity degree and
the stochastic displacement inside the bioreadorepresentative view of the
concentrations encountered by a micro-organisnbeambtained.

In order to prove the powerfulness of such strgttucriteria, figure 13 shows a

comparison between a 2m?3 bioreactor and a scalerdeactor (system B). To
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achieve these simulations, 20,000 transitions hé&een performed, which
correspond approximatively to 18 hours in a realetireferential. In the case of a
2m3 bioreactor, the three-dimensional model stmechave been used to match the
CTD presented at figure 9. Operating conditionsehiaen chosen to lead to,a=t
188 s and a.t= 13 s in the case of the 2m3 bioreactors andt{o=al34 s and a. &

60 s in the case of the scale-down reactor. Citiculaime values are significantly
different, but { is not a structured criteria and it has been shthanit can deviate

from its theoretical value (table 4).
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Figure 13 : stochastic structured characterisation of reactat the right side :

scale-down reactor system B. At the left side : Bio?eactors equipped with three
RDT4 impellers. From top to bottom : stochastic imgx simulation (a and b) ;

calculation of the inhomogeneity degree and selaabif the concentration field at
an inhomogeneity degree of 0.4 (c and d) ; supersitipn of the concentration
field with the stochastic circulation of a microganism (e and f)

Figure 13E and F show significant differences & tavel of the environment

expected by micro-organisms travelling in the bémter and in the scale-down
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reactor. Indeed, in the case of the scale-dowrntegabe microorganism tends to be
more frequently submitted to concentration peakgurés 14 A and 14C validate
this fact by showing that the probability for a noierganism to be submitted to high

concentration is more elevated in the case oftheeslown reactor.
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Figure 14 : comparison of : the probability distribution thie relative concentration
experienced by a microorganism during a sojourretwh 18 h in a 2m3 stirred
bioreactor equipped with three RDT4 impellers (Ahe probability distribution of
the relative concentration that can be experiemtedgiven zone of the 2m3 stirred
bioreactor at an inhomogeneity degree of 0.4 (fBg;probability distribution of the
relative concentration experienced by a microorgariuring a sojourn time of 18 h
in a scale-down reactor system B (C) ; the prolighdistribution of the relative
concentration that can be experienced in a givare zf the scale-down reactor
system B at an inhomogeneity degree of 0.4 (D)

This can be explained partly by the fact that tleedactor comprises three agitation
stages, and circulation simulations have shownhis tase that micro-organisms
tend to stay at the level of an given impeller stagwhich the environment is rather
homogenous. This is not the case of the scale-dewactor which contains only one
agitation stage. In addition, micro-organisms éntgiin the plug-flow section is

submitted to important concentration fluctuatiomsluiced by the poor mixing
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performances. This suggests that, by reducing ¢bi&culation flow rate between
the mixed section and the plug-flow section of th&ctor, it is possible to reproduce
an environment matching the one encountered inelaogle reactor. Figure 14
permits to validate the simulations involving thevieonment experienced by the
microorganisms by comparing the distribution rekatio the time probability for a
microorganism to be submitted to a given relatisaaentration in the reactor, and
the distribution relative to the spatial probakilito encounter such relative
concentration (calculated according to the respectones included in the model
structure). In the case of the large scale redbttwo probability distributions are
in good accordance (figures 14A and 14B). Somegifices can be observed in the
case of the scale-down reactor in the sense tleasghtial probability distribution
(figure 14D) shows a higher probability to be sulbed to high relative
concentrations than the time probability (figureC}4This fact can be attributed to
the physical separation of the scale-down reac¢har,higher concentrations being
encountered at the level of the plug-flow sectibm. general, the two kinds of
frequency distribution are in good accordance, eatigg that the superimposition
of the circulation process is not necessary and tthe gradient field inside the
reactor is sufficient to characterise the microargia exposure. However, only one
microorganism has been considered when running lation. In perspective, it
would be interesting to consider the circulatioragfopulation comprising several
microbial cells in a continuously changing enviramt) such as the one encountered
in fed-batch processes.

In addition, figure 14 validate anew the fact ttia environment experienced in the
scale-down reactor is rather different that the emeountered in large-scale reactor.
These distribution can be used as a tool to estittlget environmental heterogeneity
that can be encountered by a microorganism in engieactor, and thus as a tool to
design representative scale-down reactors.

The methodology presented above allows a radiogblfication of the study of the
microbial stress induced by gradient formation iordactors. Nevertheless, an
additional validation step seems to be requiredsfowulating circulation in stirred

bioreactors. Indeed, the results presented irsthidy have been validated by the use
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of data coming from the literature. Modern techeisjof particles tracking can give

more insights about the circulation process, buewt at our disposal.

Conclusion

Scale-up has a great impact on mixing efficiencg ainculation characteristics of
stirred bioreactors and can be studied by the fistochastic models. The use of
such model requires the knowledge of the modelsttiam-At relationship. This
relationship can be directly used in a scale-ugeodrbecause the increase of reactor
volume is traduced in practice by an increase ef ltidrodynamic characteristic
time constants (e.g., mixing and circulation timéévertheless, when scaling-up a
bioreactor, the spatial dimension is also involvEdis dimension is included in the
model as a rigid network of flow regions callediata It becomes problematic when
dealing with circulation problem for which the sphtlimensions are very important
because it affects the shape of the circulatioresirdistribution. In this case, the
network structure of the stochastic model must depted. A procedure has been
proposed to perform such modification in accordanitk the scale-up rules and the
literature.

By using stochastic models, we are able to proposinple procedure to translate
the hydrodynamic characteristics of a big scaledaiotor at the level of a scale-
down reactor comprising a perfectly mixed part amug-flow part. This procedure
involves two steps, the first one leading to theeduination of a concentration field
at a given inhomogeneity degree, and the secondnenéring the use of structured
parameters coming from stochastic simulations. Eaep leads to the calculus of a
structured criteria which is represent efficientye mixing and the circulation
capacities of the system. By superimposing the tstuctured criteria, the
concentrations fluctuations encountered by a mizganism during his sojourn in
the bioreactor can be obtained.

In order to validate an efficient scale-down reactnfiguration it seems interesting
to test each of the configurations proposed in gaper in the case of a given
bioprocess. By this way, the impact of the readtpdrodynamics on microbial

physiology can be recorded and facilitate the sieleo©f an efficient apparatus.
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NOTATIONS

CTD : circulation time distribution

d : impeller diameter (m)

D : stirred vessel diameter (m)

m : mean of the lognormal distribution

N : stirrer speed (8

Nieops: NUMber of circulation loops

Ngc : circulation number (adimensional)

Np : power number (adimensional)

Poack: probability to assist to backmixing in the ca$@a scale-down model

P. : probability to stay in the main flow loop in tlvase of a bioreactor circulation
model

Penter: probability to enter in the plug-flow sectionafcale-down apparatus

Ps : probability to shift to another flow loop in tlwse of a bioreactor circulation
model

Pstay - probability to assist to retention in the casa scale-down model

Qrecirc - recirculation flow rate in the scale-down reado3/s)

rpm : rounds per minute

RTD : retention time distribution

RDT®6 : rushton disk turbine with 6 blades

RDT4 : rushton disk turbine with 4 blades

Seop : NUMber of states comprised in the longer citatdoop of a stochastic model
T : transtion matrix

t. : circulation time (s)

tc plug-fiow : Circulation time in the plug-flow section of eade-down reactor (s)

tm : mixing time (s)

t pug-fiow - theoretical retention time in the plug-flow pafta scale-down apparatus
(s)

V| : stirred reactor effective volume (m3)

p : agitated fluid density (kg/m3)
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o : standard deviation of the lognormal distribution

At : real time interval when performing mixing siratibn with a stochastic model
(s)

At : real time interval when performing circulatiomsilation with a stochastic

model (s)
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Abstract

A micro-organism circulating in a bioreactor can fibmitted to hydrodynamic
conditions inducing a significant effect on its plofogy. The mixing time exhibited
by the stirred bioreactor and the circulation o€miorganisms are both involved in
this reacting system. The mixing component deteateim the intensity of the
concentration gradient and the circulation comporggterminates the way by
which the micro-organism is exposed to this gratdi€hese two components linked
to the experimental evaluation of microbial physgt can be analysed by a
structured stochastic model in the case of a arét or “scale-down” reactor. A
stochastic model indeed enables to simulate theénmgiprocess as well as the
circulation of microorganisms in scale-down reastomlhe superimposition of
mixing and circulation processes determines the@oination profile experienced
by a microorganism in the reactor. In the presastec the glucose concentration
experienced byscherichia colihas been modelled during a fed-batch culture. In
this context, the use of a stochastic hydrodynamidel has permitted to point out
an interesting feed pulse retardant effect in tB&R& Nevertheless, the metabolic
response oE. coli is not easy to interpret because of the possiiohel&neous
developments of overflow metabolism and mixed derdhentation induced by the

strong glucose concentration in the reactor.
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Introduction

The hydrodynamic behaviour of a stirred bioreaatan be schematised by an
impeller zone surrounded by a bulk zone in whicl mixing intensity is less
pronounced. These two zones are interconnectedrdylation flow loops induced
by the impeller pumping and circulating capacityttie impeller region, turbulence
forces are intensive and ensure a homogeneity degfre¢he broth close to the
perfect homogeneity. This is not the case of thik begion in which turbulence
intensity is less intensive. This conceptualisatias led to the design of the scale-
down reactor (SDR) which generally comprises a kstated bioreactor connected
to a pipe section mimicking the circulation flowofms. This kind of SDR has been
previously recognized to generate hydrodynamic Weba close to the one
encountered in large-scale stirred bioreactors thind inducing a representative
impact on micro-organisms physiology [1-6].

In the case of a process improvement perspectivg,imteresting to determine the
micro-organisms/bioreactor hydrodynamic interactioim order to achieve this, we
propose a numerical model considering the prograssf micro-organisms in the
bioreactor and able to determinate its exposureadcentration fluctuations. In
function of the intensity and the frequency of #héisctuations, physiological stress
response will be more or less pronounced, dependimgthe micro-organism
considered. It is very important since some miamganaisms exhibit rapid
physiological responses when exposed to concemtrgiradients (production of
acetate in the case Bf coli, production of ethanol in the case ®f cerevisiag..).
The circulation process must then be analysed irallph with the mixing
phenomena to study the bioreactor hydrodynamiopadnces.

The methodology adopted to determine the hydrodymasffects on microbial
growth and physiology is defined in the contexad&d-batch cultivation dE. coli
This bacteria has been cultivated in a small-sctiged bioreactor and in a
partitioned reactor composed of a mixed sectionaptug-flow section. This kind
of partitioned bioreactor design is inspired frohe tSDR concept in order to

facilitate the hydrodynamic analysis.
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At first, the intensity of overflow metabolism anther microbial growth associated
parameters have been examined. Then, the hydrodiyitenaviour of classical and

scale down reactors have been determined by thefanstochastic model.

Material and methods

Fermentation runs

Fermentation tests have been carried out with ssteah feed flow rate of 1.5
ml/min (Glucose concentration of the feed : 370 gthrted after 5h of culture,
without substrate inlet regulating system. It pésntd study the direct impact of
bioreactor performances and to avoid interactioitis thie regulating system.
Cultures were performed in a stirred bioreactopgtier diameter d = 0.1 m ; vessel
diameter D = 0.22 m) (Biolaffite-France) with a Wimg volume corresponding to
12 litters. In the case of experiments performedhi@ context of a partitioned
reactor (or scale-down reactor SDR), the aboveestivessel was connected to a
silicone tubing (diameter : 8 mm ; length : 7.5 his tube acts as a plug-flow
section to promote gradient formation inside thardmctor. Fed addition of glucose
is carried out at the entry of the plug-flow sextighile a peristaltic pump ensures
broth circulation between the vessel and the péotian.

Dissolved oxygen tension is measured by a polapbgeaprobe (Ingold). Oxygen
and carbon dioxide percentage in the outlet gastere measured by paramagnetic
and infrared analysers (Servomekscherichia coliATCC 10536 is growing on
rich medium (20 g/l glucose ; 10 g/l casein peptd@ g/l yeast extract). Microbial
growth is observed by optical density measurememtvélength : 600 nm) and
correlated with cell dry weight (drying at 105°Crithg 24 h after filtration on 0.45
pum filter). Glucose is enzymatically analysed bycassive reactions based on
glucose oxidase (YSI 2700, Yellow Springs InstrutegnAcetate is analysed by
UV spectrophotometry (wavelength 375 nm) after pesubmitted to a set of

enzymatic reactions (Boeringher Manheim kit n° 18761 035)
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Tracer tests

Homogenisation experiments are performed on clalksioreactor and SDR by a
tracer pulse injection method. The technique engdoygonsists to record the
conductivity equilibration after injection of a seted NaCl solution at the top of
the vessel (2% of the total volume of the reactdhe conductivity is measured by
the use of a Conducell 4-U series probe (Hamilayed at the level of the stirred
vessel part of the SDR and the signal is recordgdabDagstation DX-100
(Yokogawa). Mixing time is calculated from tracemees by the method of Magt

al. [7]. In the case of SDR, pulse is injected atitthet of the plug-flow section.

Stochastic models

In order to facilitate the results analysis, aited hydrodynamic model has been
used instead of the classical compartment mode&ledd, probabilistic models
presents some advantages that cannot be founddetdrministic ones. Among
these, we can highlight three distinct charactiegsthich are used in this study :
- mathematical implementation simpler than in theeca$ deterministic
models ;
- discrete behaviour of the equations system, whieimjs to study the
pulse effect without inducing divergence from thathematical solution ;
- probabilistic nature of the model which permitsstady both mixing and
circulation phenomena inside the reactors.
In this stochastic model, the scale-down reacteirtsally divided in several states.
Each state is interconnected with each othersallinked by probabilities which
are governed by the flow behaviour exerted by theeiler for the mixed section of
the reactor, and by the recirculating pump for pheg-flow section. The resulting
probabilities network is collected into a trangitimmatrix T, and the concentration
field at a simulation step i is described by aestagéctor § The methodology
concerning the transition matrix construction haerb described in a previous
publication [8]. Simulation of the concentrationndynic inside the scale-down
reactor can be achieved by the following imple miéoa
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S=T.% 1)
This equation can be used to simulate the tracgmmiafter a punctual injection
inside the apparatus. When considering the mixihngnpmena in the case of a
frequently repeated pulse addition, as in the oafsex fed-batch reactor, the
following equation has to be used to describe tdution of the state vector :
S=T.3:1+ Suse 2)
With :

Coe 0 0. 0 Couee O...
0 00

Spulse: 3)

0 00 . . ..0

In the first row, the number of zero elements betwewvo pulses (Gise being the
concentration of the tracer pulse) depends onakd pump activation frequency.
The number of elements in a column correspondhdonumber of states in the
model. In this matrix, it is to be considered ttie pulse is added at the level of the
first state of the model (first element in a colymPhe number of elements in a row
corresponds to the number of simulation steps pasdd.

In order to modelise the SDR described in this wttide model structure presented
at figure 1 has been adopted. The relative numbstates in the mixed section and
in the plug-flow section of the scale-down appasatwust be chosen in function of
the mixing time in the mixed section of the SDR pamatively to the retention time
in the plug-flow section. Indeed, mixing time isryelow in the stirred vessel
(approximatively 5 s) and the limiting elementhisi$ the plug-flow section (which
exhibits theoretical residence times varying froért@ 124 s in the range of our
operating conditions). This section has been meeelby a set of 50 states placed in
series, by comparison with the mixed section whitdls been modelised by 8

vertical planes in series comprising each 8 sidigsre 1).
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Pslz\)’

Plug-flow part

Figure 1: representation of the stochastic model in tlee @d a SDR. The plug-fow
part comprises a set of states placed in seriesedvpart is constituted from 8 states
per axial plane, for a total of 8 planes (64 stated shown here for reason of
clarity). The transitions from states to statesiplane are arranged in accordance
with the global hydrodynamic generated by the ingpglin our case, the impeller
promotes a radial flow)

In figure 1, R corresponds to the probability to be recirculateside the plug-
flow part ; Ry corresponds to the probability to stay in the alctiate during a
simulation step ; R« corresponds to the probability to be backmixed nwhe

circulating along the plug-flow part.

Results and discussion

Scale-down fermentation tests

Three fermentation runs have been performed. A 88B& been used for the two
first tests, by varying the recirculation flow ratetween the plug-flow and the

mixed section, and the last one without the plog¥flsection as a reference
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fermentation. We can see from figure 2B that agbe gradient appears between

the two parts of the SDR, and is more pronouncedhie lower recirculation flow
rate.
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Figure 2 : results of the three fermentations tests. A ol@ion of the cell dry
weight during the cultures ; B : evolution of théuapse concentration ; C :

evolution of the dissolved oxygen level in the naixeart ; D : evolution of the
percentage of CLQn the outlet air

The lower biomass yield has been noted for thesidakstirred fermentor without
plug-flow part (Y,s = 0.22 by comparison with,¥= 0.26 and 0.24 in the case of
SDR with recirculation flow rate of respectively®2and 135 ml/min). In addition,

figure 3 shows that more acetate is produced irctise of the classical bioreactor
than for the SDRs.
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Figure 3 : acetate evolution in SDR and classical reactor

Due to the high glucose concentrations resultimgnfithe constant feed flow rate
imposed to the system, two kinds of metabolism baninduced. At first, the

overflow metabolism resulting from the passage @roorganisms in high glucose
concentration zones leading to the formation oftatee Then, the mixed acid
fermentation which results from the passage of moigganisms in oxygen depleted
zones inducing the transformation of glucose imtetate and other by-products [9].
One of the possible explanation for the lower geef@oduction in SDR is the

physical retention of glucose pulses into the glogr section. In this case, the
volume of broth submitted to strong glucose conetioins is more restricted. From
this point of view, it is thus interesting to ansdy more precisely the SDR
hydrodynamics. To achieve this, the structured hastic model previously

presented has been used. However, the influentbeoiixed acid fermentation

must also be kept in mind. Indeed, figure 2C revéladt there is a possible oxygen
depletion which occurs during the culture. Considgrthis phenomena, it is

difficult to attribute the entire acetate formatimnthe overflow metabolism. Indeed,
the higher acetate concentration observed in tlse od the classical bioreactor
could be attributed to the mixed acid fermentatidawever, the aeration conditions
were the same for all the fermentation experimédissolved oxygen level was
maintained above 30% by varying stirrer speed) Wwiould suggest that there is

another impact of the glucose pulse retention atlélwel of the SDR. Indeed, the
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glucose pulse retention inside the plug-flow sectid a SDR can limit the amount
of glucose entering the mixed section and thusothgen depletion in this part of
the reactor. However, additional experiments arquired to validate this
assumption. In the next section, the glucose ptdsention phenomena will be

analysed by the use of a structured stochastic mode

Tracer experiments and modelisation of mixing anulaulation

The plug-flow section considered consists in a bdliameter silicone pipe. Tracer
tests reveals that this kind of apparatus geneeate=ar plug-flow hydrodynamic. In
other words, the pulse of glucose generated byetba@ pump is transported through
the pipe length without strong dispersing effedtisTkind of plug-flow section acts
thus as a pulse retardant. In the previous seatierhave postulated that scale-down
hydrodynamic has a significant impact on cell pblsiy. This impact should have
to be explained by the pulse retardant effect aisdassumption will be discussed in
this section. The stochastic models have been fisgdto model mixing curves
obtained by tracer experiments. It has permitteddétermine the adjustable
parameters of the model. Probabilities to shiftrfrone state to another in the mixed
section have been determined according to ciraunatiurbulence and tangential
flow rate knowledges [8]. The probability for a pele to enter the plug-flow

section has been directly determined from traceresui(figure 4).
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Figure 4 : characteristic tracer curve obtained for a Sife¢tion at the beginning
of the plug-flow section at time t = 0) : companisof experimental and simulated
results

Inside the plug-flow section, the backmixing protigb has been minimised
because of the nearly perfect plug-flow observetk Tast step consists to convert
simulation transition into real time interval. Framixing time experiments, it has
been determined that a transition corresponds appadively to 0.43 s for the
recirculation flow rates investigated in this stydg5 ml/s and 235 ml/s).

On the other hand, the stochastic model has beshtossimulate pulse addition of
substrate during a fed-batch cultureEofcoliin SDR. As said previously, one of the
interests of the stochastic models lies in thescdite nature. This permits to
compute a repeated pulse perturbation without imducesolution divergence. In
order to facilitate the comparison with fermentatiests, a consumption term has
been added to the equations system. We can seefifyjare 5 that the pulsations
induced at the inlet of the plug-flow section dese when going through the plug-
flow section. The residence time of this sectionluces a lag effect in the
appearance of glucose at the level of the mixetissecThis is clearly shown by the
simulation provided at figure 5, in which we carsetve a concentration difference

between the plug-flow and the mixed section.
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Figure 5 : pulse mixing simulation with the stochastic mioddative to the SDR

These retention and lag effects could induce atditioin at the level of the acetate
overflow metabolism. This assumption cannot bedeaéd in this study due to the
possible intervention of the mixed acid metabolishine following step is to
determine the exposure Bf colito concentration gradients. This can be achieved

by superimposing the gradient field to a typicaicglation path followed by a
microorganism.

The circulation process is more difficult to anays@nce experimental methods are
not available. Nevertheless, circulation in thegpliow section is very easy to

simulate because it physically corresponds toeissdence time. Circulation time in
the mixed section can be calculated with the foifmnequation :

V, V,
te=——Lt=— "L
Q NgoN.d3 @)

With V| being the liquid volume in the stirred vessel (n63) the circulation flow
rate (md/s), Iy the flow number (adimensionnal and equal to 1lr6the case of a
rushton impeller in the turbulent flow regime), Netstirrer speed ¢ and d the

impeller diameter (m). Circulation times calcubatior experimental determination

are collected in table 1. These values constitutebfasis for circulation simulations
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by the aim of the stochastic model. The path foldviby a micro-organism in the
SDR is simulated by using the same transition mafriused to perform mixing
simulation.

Table 1: characteristic circulation times obtained in SDR

135 mli/min | 235 ml/min

Theoretlca}l cwculat_lon time 1.03 1.03
in the mixed section (s)
Theoretical retention time in

the plug-flow section (s) 164 95

Experimental minimum
retention time in the plug- 124 78
flow section (s)

Experimental maximum
retention time in the plug- 170 130
flow section (s)

In the present case, the transition matrix is rsetdufor simulating the dispersion of
a tracer pulse comprising several particles (tramelecules), but to simulate the
path of a single particle (micro-organism). On tmntrary of mixing modelling,
circulation process in stirred vessel is thus nyainfluenced by circulation (which
governs the mean of the circulation time distriba}iand not by turbulence (which
governs the variance of the circulation time dttion). Proportion between
circulation probabilites and turbulence/tangentidlow probabilities has
consequently to be rearranged, and a ratio of 888Mken chosen referring to [10].
This value permits to match the representativeutaton time distribution [11]. The
probability for a micro-organism to enter the plilmw section has been determined
by residence time experiments on the stirred vessethe two recirculation flow
rates investigated.

The simulated circulation path is superimposedht® gradient filed in order to
obtain the concentrations experienced by microsusgas. Nevertheless, the
resulting simulations do not reflect perfectly tlemlity, but reasonably permit to
compare SDR and classical bioreactor on the bakimiging and circulation
performances. In order to enhance the quality efsimulations, a microbial kinetic

model has been added to the bioreactor hydrodynamodte! .
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It can be seen from figure 6 that micro-organismessaibmitted to higher and more
frequent concentration pulses than in the SDR. phenomena can be explained by
the retention of the pulses into the plug-flow paftthe SDR. In this systems,
concentration gradients are retained in the pimticse which could minimize the
overflow metabolism in the whole apparatus. Newets, it is not easy to interpret
this effect from a physiological point of view, cidering the possible simultaneous

development of a mixed acid metabolism.

18 T T T
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13 T T T

Glucose concentrations
encountered by microorganims

1MF .
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9 1 L 1
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Time (h)

Figure 6 : superimposition of concentration field obtainkeg mixing stochastic

model and micro-organism stochastic circulationisTimethodology permits to
obtain characteristic glucose concentrations (inegicountered by micro-organisms
in different systems : SDR (top) and classical $isedle bioreactor (bottom)

Conclusion

Fermentation tests have been carried out withodibBgch regulation at constant
feed rate. This strategy leads to the appearanbigbfglucose concentrations inside
the reactor and acetate overflow metabolism, a$ ageimixed acid fermentation,

can be induced. In this context, an interestingatffesults from by the geometry of
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the SDR. Indeed, the near perfectly plug-flow gatest inside the pipe section of
the SDR induces a lag in the appearance of theoggupulse in the mixed section
(which represents the major volume of the SDR)sTéffect could be traduced at
the level of the micro-organism by a limitationtbé overflow metabolism, but the
results are difficult to interpret considering thassible simultaneous production of
acetate by the mixed acid fermentation pathway.

Nevertheless, the partitioned reactor has shovarlglan impact of hydrodynamics
on microbial physiology in the case of a fed-bat€lE. coli. A direct application of
the stochastic methodology presented here is thdty sif the scale-down effect in
the perspective of the elaboration of large-scatecgsses. This effect have been
previously observed in scale down reactors. We Isénosvn that these SDR can be
optimised by modifying the recirculation rate bedémemixed and plug-flow
sections, as well as the diameter of the plug-feegtion, in order to match the
hydrodynamic of large-scale bioreactors. In thisspective, this show the interest

of using stochastic hydrodynamic model.
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Abstract

The mechanisms of interaction between microorgasiand their environment in
stirred bioreactor can be modelled by a stochaapproach. The procedure
comprises two sub-models : a classical stochastideinfor the microbial cell
circulation and a Markov chain model for the corication gradient calculus. The
advantage lies on the fact that the core of eabhnsadel, i.e. the transition matrix
(which contains the probabilities to shift from arfectly mixed compartment to
another in the bioreactor representation), is idahfor the two cases. That means
that both particle circulation and fluid mixing pess can be analysed by use of the
same modelling basis. This assumption has beedatati by performing inert tracer
(NaCl) and stained yeast cells dispersion experisnghat have shown good
agreement with simulation results. The stochastidehhas been used to define a
characteristic concentration profile experiencedtbg microorganisms during a
fermentation test performed in a scale-down reactdwe concentration profiles
obtained by this way can explain the scale-dowreatffin the case of a
Saccharomyces cerevisié&d-batch process. The simulation results areyaadlin
order to give some explanations about the effectthaf substrate fluctuation

dynamics orS. cerevisiae
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Introduction

In stirred bioreactors, microorganisms are submnhite concentration fluctuations
(substrate, oxygen, pH,...) with an intensity andreqfiency depending on the
operating scale. In a scale-up procedure, it is timportant to characterize the
concentration gradient, as well as the way in whigbroorganisms are exposed to
these gradients. We propose two modelling appr@abhsed on the compartment
principle. This kind of model is generally expres$sy a set of ordinary differential
equations [1]. The originality here lies in thedtastic expression of these models,
this approach providing new potentialities. Inde@gdusing this model, fluid mixing
and particle circulation can be simulated with 8sme model structure. In this
study, the descriptive analysis of a fed-batchucaltof Saccharomyces cerevisiae
(microbial growth and glucose consumption) perfainie a small-scale stirred
bioreactor (20 1) and in a scale-down reactor casnmpy a mixed part and a non-
mixed part will be followed by two structured hydsmamic modelisation
procedures in order to give more insight aboutribeng impact onS. cerevisiae
productivity. In particular, the study will be foged on the microorganism - fluid
mixing interactions. The scale-down reactor (SDRgduin this study permits to
obtain at a small scale the environment heterotyere¥icountered in large-scale
bioreactors. This kind of system has been prewouséd in several applications [2-
7]

The originality here lies on the fact that the mamganism-environment interactions
will be entirely modelled by a stochastic approathe concentration gradient
developed when running in fed-batch mode will beresented by a Markov chain
which is a special kind of stochastic model. Therhda chain has been previously
developed in the case of a stirred bioreactor aaw dhown a lot of potentialities
compared with classical deterministic compartmeatiets [8]. The microorganism
circulation paths inside the bioreactor are modellg a stochastic model involving
the same transition matrix as for the Markov chdihe superimposition of the
gradient field and the microorganism circulatiorthzaleads to the concentration

profiles experienced by the microbial cells. Thesencentration profiles are
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discussed in function of the biomass yield and diperating conditions of the

fermentation tests performed in scale-down reactor.

Material and methods

1. Cultures in stirred bioreactor and in scale-down rector (SDR)

Saccharomyces cerevisig®UCL 43341 ; misapplied nameboulardii) strain is
stored at —80°C. Cultures are performed in 20kesdirbioreactors (D = 0.22 m)
(Biolaffite-France) equipped with a RDT6 rushtorrbine (d = 0.1 m). The
regulation of the culture parameters (pH, tempeeatu) is ensured by a direct
control system (ABB). Dissolved oxygen level is ntained above 30% of
saturation by modulating the stirrer speed. Forsitede-down tests, the previously
described stirred vessel has been connected tass dlulb of 1 litter (diameter :
0.085 m ; length : 0.25 m). During fermentation surthe broth has been
continuously recirculated between the stirred Me@aixed part) and the glass bulb
(non-mixed part) by a peristaltic pump (Watson Merl323S/D). In the case of the
scale-down reactor (SDR) experiments, glucose iatdis performed at the level of
the non-mixed part. In the case of the classicaldaictor experiments, glucose is
fed by the top of the stirred vessel. Glucose &idis controlled by an exponential
feeding algorithm according to the equation Fo=dxp(u.t). With F being the feed
flow rate (m3/s), Fthe initial feed flow rate (m3/s), 4 the microongam growth rate
(h™) and t the culture time (h). The two parameters 2005 mif* and i = 0.086
ml/min are calculated from growth data $&ccharomyces cerevisiae a batch

bioreactor.

2. Tracer tests : inert tracer and biological tracer
Two kinds of experiment have been performed usmegSDR : tracer experiments
in classical mode and in “open system” mode, thatith the SDR reactor running

in continuous mode. Liquid is injected at the toptlee mixed section and is

extracted at the outlet of the non-mixed sectioa given flow rate. Tracer tests are
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performed by injecting a short pulse (injectiondird 3 s) at the top part of the
mixed section.

Two kinds of tracers have been used : an ineretrésaturated NaCl solution) and a
biological tracer (suspension of microbial celB)ological tracer experiments are
performed by injecting a pulse of a solution camtag stained cells in the
bioreactor. The cells are stained with a fluoresaye (Vybrant CFDA SE cell
tracer kit V-12883) which facilitates the detectiby epifluorescent microscopy.
The staining protocol consists to perform a pregelin a 500 ml Erlenmeyer flask
in order to obtain the required amount of biomasddrther staining. An aliquot of
the preculture is centrifuged (5 minutes at 400@)rprhe precipitate is washed with
10 ml of sterile PBS buffer (NaCl 8 g/l ; KCI 0.2 g K,HPQ, 1.44 g/l ; KHPO,
0.24 g/l ; adjusted to pH 7.5 with ,KPQ, and KHPQ,). Three successive
centrifugation/washing sequences are performederAttis, microbial cells are
stained by addition of 1mM of CFDA SE (carboxyflascein diacetate succinimidyl
ester), followed by an incubation during 3 hours3a8fC. After incubation, the
solution is centrifuged and the precipitate is veamstwith PBS buffer. When
performing a biological tracer test, 5 ml of thaised cells suspension (2210
cells/ml) are poured at the level of the non-mixeatt of the SDR, whereas
samplings are taken at the level of the mixed paells are directly counted by
fluorescent microscopy. For each sample, threasaigjof 10 pl each are placed on
a microscopic plate for further counting. For eaagliquot, three counts are
performed for three widths of the microscopic pldtean and standard deviation

are calculated for each sample.

3. Mathematical models

The structured or compartment models can be divideédo categories : stochastic
or deterministic. Stochastic models have a discnetieire and are generally used
when considering small populations where heterageseand fluctuations are
important. Up to now, they have been especially usesimulate particulate mixing
processes [9]. Here, these stochastic models amoged to simulate microbial

cells circulation in bioreactors and, in a secantef are adapted to simulate fluid
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mixing. Deterministic compartment models are usedepresent fluid mixing and

are mathematically expressed by continuous ordid#fgrential equations. In this

study, deterministic model will be used to simuldte mixing of a salt tracer pulse
and as a reference for comparison with the perfooes of stochastic models for
fluid mixing. The goal here is to find a stochastiodel which can be used both in
the case of particle flow and fluid mixing, in orde simulate concentration profiles
experienced by microorganisms travelling in bioteex It implies that the relation

between microbial cells circulation and fluid nmigiin bioreactor is to be carefully
examined.

Model 1 : stochastic and deterministic expressioarh a simplified structure

A simplified model structure is used at first :
- To validate the equivalency assumption for the dflunixing and
microorganisms circulation processes in bioreactors
- To validate the assumption that the biomass yieks lin SDR can be
attributed to the passage of microorganisms atethel of the non-mixed
part of the reactor.

Figure 1 presents the simplified model structures.

1-P,

Figure 1 : simplified structures for the SDR model (M : miksection ; N-M : non-
mixed section) with the corresponding transitiomhabilities. A : classical SDR
(closed system) ; B : open system. P : probabititghift from a compartment to
another ; 1-P : probability to remain in the actt@inpartment.
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The non-mixed part of the SDR has been represdmtedsingle compartment. This
approach can be validated by the high dispersifegedf the reactor which strongly
perturbs the plug-flow inside this part of the teacThe tracer experiments relative
to the “closed” SDR have been first considered. phababilities between the two
compartments have been calculated from the real fite by the equation P = Q/V
(where Q represents the flow rate in m3/s and Vdbepartment volume in md).
This simplified model will be used in its stochasfiorm to express particles
dispersion in the SDR. This is numerically donecbynparing random numbers and
the respective transition probabilities that alldiaplacement from one compartment
to another. A deterministic expression with the sanodel structure has also been
used to characterize fluid mixing in the SDR. Tle¢edministic compartment model
has been widely used in the area of fluid mixingtinred bioreactors [1, 10-13]. Its
principle is based on the tank-in-series concegsthe&eompartment being assumed to
be perfectly mixed. The mathematical expressiorthef model involves a set of
ordinary differential equations representing thesgnbalance for each compartment
considered. The deterministic compartment model bél used in this study as a
reference for the stochastic expression of the I#iegh model structure. The same
model structure (i.e., the same well-mixed compartts arrangement) presented in
figure 1 and 2 can be used, but the mathematicptesgion is fundamentally
different. Indeed, in the case of a deterministimfulation, the probabilities are
replaced by flow rates between compartments. Thibenaatical expression of the
model comprises a set of ordinary differential d¢uues (ODEs) for the mass
balance for each compartment. For example, in &% of the model presented at

figure 1A, the mathematical expression is :

dd—cltvl:Qm-CNM —Qout-Cu (1)

dg’;M =Qn-Cu —~Qout-Cum 2)

Cwv being the tracer concentration in the mixed cotmpant ; Gy the tracer

concentration in the non-mixed compartment;, e flow rate (m?3/s) entering in
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the compartment ; £ the flow rate (m3/s) from the compartment. TheafedDESs

is numerically resolved by a Runge-Kutta algorithm.

Model 2 : complex structure allowing a better restibn on the hydrodynamic

mechanisms in SDR

The second model structure used in this study i®rataborated and allows a higher
resolution at the level of the concentration grati@nd the microorganism
circulation path. The expression of this modeltigbkastic, but the algorithm differs
according to whether this is fluid mixing or paldiccirculation that must be
simulated. These procedures will be further desdriin details. The structure of the

model is presented at figure 2.

Non-mixed part

Figure 2 : complex three-dimensional model structure,, P probability to stay in
the actual compartment ;;Ruae : probability to be convoyed by the impeller
circulation flow ; R, : probability to shift from the circulation 100p Penter :
probability to enter in the non-mixed part.

The stirred vessel constituting the mixed partted SDR has been modelled by
using eight vertical planes, each of them compgis@ight compartments. The
interconnections between compartments are in aaocsl with the radial flow
developed by the rushton turbine used for the éxymsts.

Two possibilities can be envisaged. Firstly, theecli translation of the equivalent

deterministic compartment model in a probabilistiontext. In this case, the
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transition probabilities are calculated from thearaf flow rates allocated to a given
compartment. This approach has been tested invdopeestudy that has shown the
great potentialites of Markov chain models in tbase of fluid mixing [8].
Secondly, and it is this option that has been amose can completely adapt the
model structure by considering four kinds of ptubtes : the probability to
reamin in a given circulation flow loop, the probip to remain in the same
compartment, the probability to shift to anothearfd, and the probability to switch
from the main flow loop (this method has been pemgbby [14]). The circulation
probability can be estimated from dimensionlessetation by the circulation flow

rate (md/s) :
Qc:ch.N.d3 3)

With N being the dimensionless circulation number hagimgnstant value of
1.51 in the turbulent flow regime for a rushton &tier with 6 blades ; N being the
impeller speed § ; d being the impeller diameter (m).

and :

=&

I:():irculation V
compartmen

(4)

With Veompartmentb€ing the respective volume occupied by a compgartnn the
model (m3) and\t being the time step chosen to run simulatioro(incaseit = 1s).
Two components are involved in the fluid mixing @ees in stirred vessel : a
circulation component and a turbulence componein. dirculation component has
been described by a probability expressed in eguati For each compartment of
the model, a particle or a fluid element has a abilly to follow the global
circulation pattern induced by the impeller, buhcalso switch from this flow
pattern under the influence of the turbulence fercehis is expressed by the

following equation :

I:)switch: tangentiaI:PStay:(l_R:irculatim)/ 3 (5)
With Py being the probability to stay in the actual comm@nt ; Ringeniab€ing the
probability to shift to another plane . being the probability to shift from the

main circulation flow loop. The assumption has bemade that all these
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probabilities have an equal value. This assumptambe accepted since it allows to
match the experimental tracer curves (as it wilkbewn in figure 6B).

In our model, particles are allowed to switch diagity from the flow loop in the
same plane, or to switch perpendicularly from tltual plane to the adjacent
planes. All the calculated transition probabilitee® stored in a transition matrix T
that will be used to run simulations. The stochasitnulation procedure is the same
as the one described for the simplified model aodsists to generate a random
number that governs the displacement of a partcieording to the respective
probability of the transition matrix T.

The second step, after simulating particles citauia is to describe the
concentration gradient inside the reactor. This banachieved by considering a
large amount of particles, but this method is €istis because of the important
computational time required. It has also been presly shown that it is possible to
use a Markov chain stochastic model to obtain thkies of the concentration
gradient. This approach has been previously usedadael fluid mixing in stirred
bioreactors [8]. In this case, the transition mapieviously presented for the non-
Markovian model is multiplied by a state vectorresenting the concentration in
each compartment. This multiplication leads to stee vector of the system at the
following time increment. The evolution of the centration gradient in the
modelled bioreactor can be expressed by this wapdnforming a cascade of state
vector — transition matrix multiplications. The adage of this method lies on the
fact that the same transition matrix than thosed Use particle circulation can be
used.

The Markov chain stochastic model consists of atmalnstate vector & which is
multiplied with a transition matrix T to give a nestate, $ This can be written as :
For the first transition: S= T . § (6)

The next step involves the multiplication of theanstate vector Swith the same
transition matrix T until a steady-state is reached

For the second transition:(ST.3S) or (S=T>.%) @)

For the 1 transition: ($=T.S4) or (S=T.%) (8)

In our case, the state vector contains the tracercentration values for all

compartments.
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Results and discussion

1. SDR experiments

Fed-batch cultures o%. cerevisiachave been performed in different bioreactor
configurations. For each culture, the biomass Vield been calculated (table 1) and

the growth curves are plotted in figure 3.

Table 1: biomass yield coefficients obtained for fed-lhattiltures ofS. cerevisiae
and for different bioreactor configurations

Biomass yield

Reactor Y,
Classical bioreactor 0.48
Reference SDR (glucose fed at the level of the mixed part) 0.47
SDR recirculation flow rate Q=18 I/h 0.36
SDR recirculation flow rate Q = 39 I/h 0.45

The analysis of the results presented in tablev@als a clear impact of the exposure
of microorganisms to glucose concentration fludaret. Indeed, the vyield
coefficient Y,s has a value of 0.48 in the case of the classitakactor (stirred
bioreactor without the non-mixed part). This vatlrep to 0.36 in the case of the
SDR with recirculation flow rate of 18 I/h, and @45 when the flow rate is
increased to 39 I/h. This drop can be attributedht passage of microorganisms
trough the non-mixed part where the pH, the tenpezaand the dissolved oxygen
concentration can be heterogeneous and where yaaElst are exposed to

flocculation.

142



Chapitre 6

40 40
=

30 30

20 20

10 / & Classical bioreactor 10 -©- Classical bioreactor

- SDR Q = 18 I/ mixed part 13- SDR Q = 39 I/h mixed part
4- SDR Q = 39 I/h non-mixed part
J

- SDR Q =18 l/h non-mixed part

% 0 20 40 60 0 20 40 60
7 A B
© >
g 40 =
2
m 30

20

10 % Classical bioreactor

SDR reference Q = 18 I/ mixed part
= SDR reference Q = 18 I/h non-mixed part

0 20 40 60
Time(h) C

Figure 3 : comparison of microbial kinetic in a classictired bioreactor and in a
scale-down reactor (SDR). The SDR tests have begformed by varying the
recirculation flow rate (A : Q =18l/h ; B : Q = 3) or the glucose feed location (C
: SDR with Q = 18 I/h but with a glucose feed pdotated in the mixed part of the
reactor instead of the non-mixed as for experimeftsand B). For all the
experiments, the growth curve is compared to aedfidgrowth curve obtained in a
classical stirred bioreactor

This effect has been tested by performing a SDRiteshich glucose was injected
at the level of the mixed part. The results cawibeed at figure 1 (lower part) and
it can be concluded that this effect is very slight; equal to 0.47 comparatively to
0.48 in the case of the classical bioreactor).

Differences between the growth curves obtained lassical and in scale-down
reactors appear after approximately 20 hours diums (figure 1). This lapse of
time includes the batch phase (4 hours) and thiirstShours of the fed-batch phase
for which the glucose pulses are very spaced aowptd the exponential regulation
of the feed flow rate. After 15 hours, the pulsegfiency becomes significative by
comparison with the mixing time of the SDR reactor.

From the results showed at figure 1, we can mageadsumption that the loss of

productivity can be attributed to the exposure dfroorganisms to a fluctuating
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environment, and more precisely to fluctuating ghe concentrations. The scale-
down effect can be attributed to the liquid redation flow rate between the mixed
and the non-mixed section of the SDR. It also ddpesn the non-mixed section
configuration and notably of the diameter of thertmoixed section. Other authors
have recorded productivity losses in function af tlkcirculation flow rate and the
non-mixed section configuration [5, 6]. This asstiom will be tested in the

following sections by the use of a structured miigistrategy.

2. First modelling approach (model 1) : circulation of a set of

microorganisms inside the bioreactors

This first modelling approach is coarse and is Basethe basic assumption that the
loss of productivity in SDR can be attributed te thassage of microorganisms
through the non-mixed part. The explanations nedatd this model can be found in
the material and methods section (model 1).

When simulating the mixing of a small amount oftjgées, the results are greatly
influenced by the probability effect. In order ttudy the impact of this effect,
several simulations have been performed by varthegnumber of particles (figure
3).
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Figure 4 : stochastic simulations performed with 10 (A), @), 100 (C), 200 (D)
and 500 (E) particles with a recirculation floweaif 18 I/h, or with 50 particles
with a recirculation flow rate of 39 I/h (F). Thanicles are starting from the non-
mixed part of the SDR (compartment NM at figureah)d the relative number
evolution is recorded at the level of the mixedt geompartment M in figure 1). For
each conditions, 10 simulations have been perforametithe mean as well as the
standard deviation are represented on the graphsip&rison with experimental
yeast cells tracer test is shown. In the case ratilsition E, comparison with the
equivalent deterministic compartment model has loeere.

Figure 4A shows that when operating with only 1Qtipkes, variation from a
simulation to another is important (representedhsy standard deviation). But the

standard deviation rapidly drops when the numbfepanticles involved in the
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simulation reached 50 (figure 4B). For the cellcking experiments, the
microscopic direct counting technique is involvimgnaximum of about 100 stained
yeast cells per microscopic plate. Thus, simulatiaith 50 or 100 particles can be
used to match the experimental results (Figures a#8 4C show a good
correspondance between simulated and experimeataés). But this number of
cells doesn't include the entire microbial populatin the bioreactor. In reality, the
microbial population is important and its repastitiin the bioreactor can be
represented by a deterministic model or by a sw&t@hamodel involving an
important number of particles (figure 4E). Thistfaghlights the relation existing
between stochastic and deterministic or discretk ammtinuous formulation of the
models.

The parameters considered for the previous tragperéments can be used to
perform simulations when the system is running éamtimuous (“open system”)
mode (figure 5). The model structure correspondinthis operating mode can be
found in figure 1B.
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Figure 5 : stochastic simulations performed in the “opentesy$ with a
recirculating and exit flow rate of 18 I/h (A) ai3® I/h (B). Simulations represent
the tracer concentration evolution at the leveltloé mixed part of the SDR
(compartment M in figure 1). For each condition,si®ulations are performed and
the mean as well as the standard deviation areesepted on the graphs.
Comparison with experimental yeast cells tracdr teswell as with inert tracer tests
(NaCl) is given.

The results showed at figure 5 highlight other ind@et phenomena such as the time
required for a microbial population to leave thexed or the non-mixed section of
the SDR. From a methodological point of view, thert tracer is used to validate
the fluid mixing - deterministic models and the Igebuspension is used to
implement the particle circulation — stochastic esdbut from the obtained results
(figure 5), it can be seen that the two kinds gfekments can be explained both in

a deterministic or stochastic context. This is guihportant, since a single model
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can be used to simulate fluid mixing and partiat@sulation. Some precautions
must however be taken, concerning for example thportance of microbial
population investigated. Indeed, for a reduced fagjmun, the probabilistic aspect
has an important role (see figure 4) and the stighanodel must be used. On the
contrary, for an important population (such asnbenber of NaCl molecules in an
inert tracer pulse), only will prevail the gener@nd, and the deterministic model is
recommended. But, in this case, a previous study dtewn that the transition
matrix can be used in a Markov chain context anggiresults similar to those
obtained with a determinist model [8]. In the foliag section, only the stochastic
basis will be used to elaborate the fluid mixingl arirculation models, the fluid
mixing being simulated with a Markov chain stociashodel and the particle
circulation with a stochastic non-Markov model.

At this level, we can thus estimate the transipoobabilities between the two parts
of the SDR and determinate the repartition of arofi@l population in this reactor.
But these probabilities doesn’t explain the fluighdmic effect on microbial growth
and it is necessary to refine the model. Indeeel,ctincentration gradient will be
influenced by the recirculation flow rate and by thulse frequency of the feed
pump. A more elaborated model is thus needed tesept precisely the evolution
of the concentration field at some points of thecter.

Another important conclusion is that the yeastscafppear to behave like the inert
tracer and consequently must be considered asvoldpthe global flow inside the
reactor. It is very important in the case of thecnaibial cell circulation model
elaboration. Indeed, we can conclude in our caaetlle same model structure can
be used to model the fluid mixing process and aghsulation, and this property

will be exploited in the next section.
3. Second modelling approach (model 2) : superimposith of
microorganisms circulation on the concentration graient inside

bioreactors

A more elaborated modelling approach can lead ® ¥isualisation of the

concentration gradient establishment and to a higdsmlution on the path taken by
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the microorganism during his circulation in the atea. The idea here is to
superimpose the microorganism circulation pathh® gradient field, in order to
obtain a characteristic concentration profile eigeed by the circulating
microorganisms. If increasing the number of comparits, we approach the
structure of a more elaborated compartment modeemgdly called network-of-
zones. This kind of model has been used to reprdséh mixing in bioreactors [1,
15] and we will extent its use in a stochastic eghtFigure 2 shows the complex
network of compartments used here in the caseeoSR (constituted by a mixed
part and a non mixed part).

Figure 6A shows a simulation performed with 350€tipkes (50 microbial cells per
compartment), which roughly correspond to the nunabenicroorganisms detected
during the CFDA stained cells experiments. By ragréimulations with this model,
we observe a probabilistic fluctuation more prormaththan the one which occurs
in the case of the simplified stochastic flow madabked in the previous section.
This can be explained by the increasing numberoafgartments which leads to a
multiplication of the possible trajectories thahdze taken by the flowing particles.
It should also be noted that the number of celtthatequilibrium is higher for the
compartments located in the non-mixed section efréactor. This is simply due to
the fact that the volume of these compartmentsdsenimportant than the one of

those located in the mixed section.
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Figure 6: A : random number stochastic simulation of midableells dispersion in
SDR (three-dimensional model with a recirculatidowf rate : 18l/h). Microbial
cells (quantity : 3500) were initially located attlevel of the first compartment of
the non-mixed section ; B : Markov chain simulatioitracer dispersion in SDR
reactor (three-dimensional model with a recircolatflow rate of 18 I/h). The pulse
injection of tracer was performed at the levettdd first compartment of the non-
mixed part of the SDR.

The Markov chain procedure (described in the maftamnd methods section) can be
used to perform a fluid mixing simulation with teame model structure and with
the same transition matrix. Figure 6B shows thelteof the simulation. We can
see that there is a good agreement between theastor random number (figure
6A) and the Markov simulation results (figure 6®)is observation validating the

fact that the same transition matrix can be usesinmlate fluid mixing and particle
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circulation. As shown before [8], the Markov chaimodel exhibits the same
potentialities than the deterministic compartmenddeis and can be used to
calculate the concentration field inside the reactiis fact is anew reinforced by
the logical evolution of the simulated tracer c@r\abtained in this study (figure
6B). Indeed, concentration variations are very ptoted in the compartments
located at the level of the non-mixed whereas thosated in the mixed part exhibit
tracer curves which are very close to each othaestd the high homogenisation
efficiency in this part of the reactor. From thessults, we can say that the model
structure is sufficiently elaborate to obtain a dasolution, both for the fluid
mixing and the cell circulation simulations. Thi important for the circulation
simulation for which the model structure has an dntpon the variance of the
circulation time distribution.

In order to obtain a good representation of theceatration field evolution during
the bioprocess, the pulse effect of the feed pwopntust be taken into account. In
our case, the pulse frequency is time varying beead the exponential increase of
the feed flow rate during the culture. This pulsegfiency can be included in the

stochastic model by the use of the following matrix

Coe 0 0. 0 Cpee O...
O 0O
Spulsez )
0 00, . .0

In the first row, the number of zero elements betwewvo pulses (Gise being the
concentration of the tracer pulse) depends of ¢sel foump activation frequency.
The number of elements in a column correspondsgmtimber of compartments in
the model. In the case of this matrix, the pulsadded at the level of the first state
of the model (first element in a column). The numioé elements in a row
corresponds to the number of simulation steps pedd.

The matrix Suse is included in the standard Markov chain procedsee equation

8) to describe the evolution of the state vector :
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S=T.S81+Suse (10)

The strategy adopted here consists in superimpabagradient field obtained with
the Markov chain model with the microorganisms ui@tion process obtained with
the classical stochastic model (i.e., with randommber generator), in order to
obtain the concentration profile experienced byoaytation comprising a given

number of microorganisms.

The first step consists in calculating the evolutaf the glucose concentration in
each compartment of the model. The problem hereesofmfom the reactive

behaviour of the investigated system. Indeed, ateae consumption component
exerted by yeast cells modifies the glucose gradfesid appearance in the
bioreactor. Figure 7 shows that glucose concentrait the outlet of the non-mixed

section is the same as the one observed in thedbtitle mixed section of the SDR.
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Figure 7 : evolution of glucose concentration during SDRements (A : Qg =
18 1/h ; B : Qecirc = 39 I/h)

Due to the large sample interval between glucosecemtration determination

experiments, the oscillatory effect induced by plése addition of glucose could be
not visible. But, in general, there are no sigaifitglucose concentration differences
between the two parts of the SDR. As shown in shigly and in others, during a
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fed-batch culture, the average glucose concentratiohe bioreactor is low, the cell
density is high and the glucose pulses are locatdéde immediate vicinity of the

feed addition point. The concentration profileghe different compartments of the
model will consequently be expressed in terms &dtikee differences. In others
words, the situation in a compartment for a givieretinterval will be calculated as
the difference beteween the relative concentratiothis compartment and the one
in the compartment exhibiting the smallest relatbgncentration. This approach
permits to calculate a representative normalisetteatration field in accordance
with the mixing performances of the system. In oftecompare the different SDR
tests on the basis of the mixing performance, Marttmain simulations have been
performed according to the feed pump pulse profilee pulse frequency matrix
Souise (€quation 10) has been extracted from the expetmhdéeed profile recorded

by the bioreactor control unit. The feed profile swmperformed according to an
exponential regulation (described in the matenad enethods section). Simulations
obtained by this way in the case of a SDR operattrayrecirculating flow rate of 39

I/h are shown at figure 8.
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Figure 8 : Markov chain simulation of tracer dispersion iBFS (Qecire = 39 I/h)
according to the pulse profile of the feed pump leygd during fed-batch test. The
system is assumed to be non-reacting (no substcatsumption by the
microorganisms). A : concentration gradient in tase of an exponential feeding
strategy with a time between two pulses always sopdo 30 seconds. B :
concentration gradient in the case of a constatifg strategy with a time interval
between two pulses equal to 5 seconds (correspgridipractice to the end of the
fed-batch culture). For the sake of simplicity, ules are expressed in relative
concentration in non-reacting system (no consumptb the tracer), each pulse
having a unitary intensity.

On the basis of the intermittent behaviour of thedf pump, two limiting cases can
be highlighted : the first one when the mixing tiofehe SDR is inferior to the time
interval between two pulses (T) ; the second oistngr when the mixing time of the

SDR is superior to T. Gradient appearance and gtersie arises when the
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characteristic mixing time of the bioreactor isgir than T. This phenomenom is
showed at figure 10, in which the impact of theréase of the pulse frequency on
the concentration gradient is clearly marked. Tigpact is traduced by an
increasing difference of concentration betweenntiteed and the non-mixed section
of the SDR. The gradient is expanded to the mixatdien of the SDR when the
mixing time related to this section of the readsolarger than the characteristic time
of the feed pump (figure 8B). These observatioghlights the fact that our model
is in accordance with the conclusions of a classiegime analysis of the process
[16]. From these observations, we can conclude thhan performing a SDR
experiment at a lower recirculation flow rate, tt@ncentration gradient appears
earlier and tends to be more pronounced. Thispgessible explanation for the,y
drop noted between the two SDR experiments presémthis study (figure 3).

A second explanation, that has been related ititdrature [17], involves the impact
of the pulse addition of glucose on the metabaddiciltations inside microbial cells.
It is clear that, from the above mentioned obséaat a yeast cell in displacement
in the SDR is submitted to a fluctuating extradalluenvironment, in terms of
glucose concentrations. Several reports show Hestet environmental fluctuations
induce a metabolic response. [17] have shown thahe case of the baker’s yeast,
glucose pulses induce an oscillatory response atlekrel of the intracellular
dynamics. Yeast cells submitted at a given frequencthis stimulus show to be
able to withstand these perturbations. In otherd&pyeast cells are trained to be
exposed further to environmental changes. Thisitrgi mechanism could also
explain the scale-down effect recorded during ddR®xperiments.

At the level of the bioreactor, the exposure of nolidal cells to a pulsing
environment is difficult to represent because ef strong probabilistic nature of the
system. However, this can be achieved by usingstmahastic model methodology.
The gradient field calculated by the Markov chaindal is superimposed to the
circulation of yeasts cells in the bioreactor irder to obtain the concentration
profiles experienced by microorganisms. To achiéng, we’ll focus our attention
on the constant flow rate period of the fed-batahuce, where glucose fluctuations

are the most intensive. On the other hand, thedfitlee microbial population to be
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considered in the stochastic circulation model nigstietermined in order to obtain

a representative simulation. Several approachebea@onsidered :

Firstly, simply by considering a single microbiadllc This approach was
adopted in a previous work in the case of realdascale bioreactors [18].
An example of a simulation performed in the case @DR is shown at
figure 9. It can be seen that microbial cell is mitted to rapid

concentration fluctuations, especially when entgiimthe non-mixed part
of the SDR. It can be deduced that the scale-doffecteis due to the
passage of microorganisms trough the non-mixedgfatie SDR because
of the larger concentration fluctuations encourtteie this part of the

reactor compared to those encountered at the ¢évké mixed part.
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Figure 9 : simulation of the relative concentration profégperienced by a yeast
cell in displacement inside the SDR.

Secondly, by considering a microbial populationnoficroorganisms. In
this case, concentration profile is calculatedhesrhean of all the glucose
concentration profiles experienced by the microp@bulation on the time

interval considered.
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The use of the second strategy would allow us Hoviothe history of a microbial
population inside the bioreactor. The difficultyoalb the simulation results analysis
come from the fact that each microbial cell invalia the model (3500 cells in this
case) has its own history. In order to overcome dbmplexity of this analysis,
frequency distributions of the mean relative comedion experienced by
microorganisms have to be considered. These ditivits have been calculated
from the superimposition of the relative gradiemeld simulation with the
circulation simulation of a population of 3500 nubral cells. Four cases have been
considered : scale-down tests performed with aaelition flow rate of 18 or 39
I/'h, by considering the microbial cells startingher from the mixed or the non-

mixed part of the reactor (figure 10).
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Figure 10 : frequency distributions of the mean relative aamtration experienced
by microorganisms circulating inside SDR. A & = 18 I/h, 3500 microbial cells
starting from the mixed part of the reactor ; B,s2= 39 I/h, 3500 microbial cells
starting from the mixed part of the reactor ; Cs2= 18 I/h, 3500 microbial cells
starting from the non-mixed part of the reactor ; Qecirc = 39 I/h, 3500 microbial
cells starting from the non-mixed part of the react

157



Chapitre 6

Figure 10 shows that there are significant diffeemnaccording to the initial location
of the microbial population in the SDR. When thecrmorganisms are initially
located at the level of the mixed part of the regdhere is a major fraction of the
microbial population experienced very low substret@centration : about 60% of
the microbial population experiencing a mean re¢ationcentration centred on 0 for
a Qecirc Of 18 I/h and about 30% when the. £ reach 39 I/h. This is a logical result
since when the recirculation flow ratg.g is doubled, the microbial fraction that
experiences small concentration variation centre@ drop from 60 to 30%. Indeed,
in the stochastic model, the probability for a mm@amganism to enter in the non-
mixed part of the SDR, where concentration fludaret are very high, is multiplied
by two. However, this phenomena is at the oppadithe fermentation tests results
in SDR. Indeed, for these fermentation tests, tlenass yield increase when the
recirculation flow rate increase. The frequencyriistions 10A and 10B must not
be analysed at the level of the fraction of therobi@l population subjected to very
low relative concentration centred on 0, but atléhel of their dispersion. Indeed,
we can see that the frequency distribution is naispersed in the case 10A than in
the case 10B, suggesting that the increase okttieculation flow rate diminish the
intensity of the relative concentration experienbgdhe microorganisms. This fact
is in good accordance with the fermentation test$opmed in the respective SDR.
The same dispersion phenomena can be viewed meilg atithe level of figures
10C and 10D. Indeed, it can be seen that whenmgafsim a recirculation flow rate
of 18 I/h to 39 I/h, there is a shift of the dibtrtion to the left, which means that the
microbial cells are exposed to less pronounced renmient fluctuations. A
percentage of about 7% of the microbial populat®exposed to a relative mean
concentration higher than 0.4 when operating witbcrculation flow rate of 18 I/h,
whereas less than 0.8% are exposed to such eleeateckntration when the
recirculation flow rate is increased to 39 I/h. $@eesults permit to explain the
scale-down effect induced by increasing the retitmn flow rate between the two
parts of the SDR. There is a strong probabilistigegt involved in this effect which
can be represented by stochastic models. Intujtiiey increasing the simulation
time, the entire microbial population would have time to visit the entire volume

of the SDR, and thus to be exposed to the highuaing environment of the non-
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mixed part of the reactor. The resulting simulationill be thus expressed by

identical frequency distribution whatever the miitiposition of the microbial

population in the reactor. These considerationsbgiltaken into account in a further

study.

Conclusion

Our contribution has consisted in the elaboratiost@hastic structured model

permitting to describe both the fluid mixing ande tiicrobial cell circulation in

stirred bioreactors and to use it in order to pievialuable insight about what

happens to the microbial cells during a fed-batatess performed in a SDR. The

following conclusions can be made :

This study highlights the impact of the probabhitishspect of both fluid
mixing and particle circulation in stirred vessehe probabilistic nature of
such phenomena has a direct impact in the casdiopaocess in the sense
that it will not only affects the environment hetgeneity in a bioreactor,
but also the way in which microbial cells are exgmbso these environment
fluctuations. The bioreactor mixing and circulatioprobabilistic
components can be efficiently studied by stochastidels.

The analysis puts in evidence a strong relationstej between
microorganisms circulation and fluid mixing. Thisoperty has been tested
by carrying out inert tracer and stained cells néta time experiments.
The comparison of the two kinds of tracer experitmigals shown strong
similarities, which implies that yeast cells ardmiitted to fluid dynamics
constraints similar to those of the classical ineacer. Because of the
above mentioned observations, the transition mafrtke stochastic model
exposed in this study can be used both for theahiat cell circulation and

the fluid mixing simulations.

The use of the stochastic model has permitted tecrie the concentration

fluctuations experienced by the microbial cells idgrthe culture. From these

observations, some assumptions can be advancegltrethe scale-down effect :
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- The increase of the recirculation flow rate betwdenmixed and the non-
mixed parts of the SDR can enhance the frequenahich yeast cells are
exposed to glucose fluctuations. This phenomendrzhurce the adaptation
phenomena reported by [17A similar adaptation phenomena has also
been noted in the case Bf coli [19] which is also a gradient sensitive
microorganism [6].

- The superposition of the circulation of 3500 migablzells on the gradient
field simulations has shown that the cells are stibchto higher mean
relative concentrations in the case of a lowermrceation flow rate (results
are presented in the form of frequency histogram§igare 10). These
simulation results are in accordance with the seale-down fermentation
tests.

Nevertheless, several issues are required befdamg bble to fully explain the yeast
cells metabolism - fluid mixing interaction mechamis. Some other components of
the problematic have been described in the liteeatand the following
considerations involve some of them :

- Our work is limited to the study of bioprocess icale-down
reactors which are easy to modelise from a fluidagyic point of
view. In large-scale bioreactors, circulation is rendifficult to
represent and experimental data are hard to be dfoun
Nevertheless, some circulation time distributions available in
the literature and can be helpful for the stockastbdelisation of
microbial cells circulation in large-scale bioremst The second
difficulty come from the determination of the effiwe volume of
the feed zone. This determination is easy in thee g a SDR
because of the physical retention of the feed énRRR section. In
the case of a large-scale bioreactor, the volumiheffeed zone
depends on the fluid mechanics and of the feediagegy. Some
data are available in the literature, but are Behif5].

- In the perspective of a microorganism-fluid miximgeraction
modelisation, the inclusion of a sufficiently resilc microbial

kinetic model is the key factor. To go furthercén be said that
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the importance of this model exceeds the hydrodymaart of the
problem. This fact has been highlighted by sevarghors and
some observations made in this study show the saaye [20]
have coupled a deterministic compartment model witllonod
kinetic to determine concentration gradient appezgan a stirred
vessel. The same methodology was adopted by [Zlihialving
a structured metabolic model. This last approachléd to more
reliable results about the impact of the bioreah&terogeneity on
bioprocesses. In the caseSHccharomyces cerevisjaeis known
that several glucose transporters are involvedunctfon of the
extracellular glucose concentrations [17]. Thismreena induces
some variations concerning the affinity constant tfe
microorganism for the substrate which can’t be maikéo account
by a simple Monod kinetic model.

The characterisation of the glucose gradient canagon and its
perception by the microorganism is an efficientictiured attempt
to study the scale-down effect on microbial grov@ht there are
many other factors which also are playing a rolehis effect.
Among these, shear stress and dissolved oxygeiegtadfluence
strongly the microbial process. It is possible bharacterize these
respective components by the use of the stochasticdels
presented in this study (e.g., shear stress carthbecterised by
calculating the passage frequency of microorganiatrtbe level
of the compartments close to the impeller, and dissolved
oxygen gradient field can be calculated by addingur model the
computational method proposed by [22]).
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Abstract

A methodology based on stochastic modelling isqes] to describe the influence
of the bioreactor heterogeneity on the microorgasigrowth and physiology. The
stochastic model is composed of two sub-modelmicaoorganism circulation sub-
model and a fluid mixing sub-model used for the rabterisation of the
concentration gradient. The first one is expredsgd classical stochastic model
(with random number generation), whereas the secumal is expressed by a
stochastic Markov chain. Their superimposition pé&ro obtain the concentration
profiles experienced by the microorganisms in tioedactor. The simulation results
are expressed in the form of frequency distribigtioht first, the study has been
focalised on the design of scale-down reactors (SDRis kind of reactor has been
reported to be an efficient tool to study at a $msehle the hydrodynamic behaviour
encountered in large-scale reactor [1]. Severarmaters affecting the shape of the
frequency distributions have been tested. Amongsethdt appears that the
perturbation frequency, the exposure time and #wgt of the non-mixed part of
the SDR have a significant influence on the shapethe distributions. The
respective influence of all these parameters madiaken into account in order to
obtain representative results. As a general trémel,increase of the recirculation
flow rate between the mixed and the non-mixed pitihe SDR induce a shift of the
frequency distribution for the lower relative contrations, which suggests an
attenuation of the scale-down effect. This has besdidated by using the SDR in
the case of the cultivation &accharomyces cerevisiadowever, the influence of
the non-mixed part of the SDR is not quite well erstiood if only taking account of
the frequency distribution analysis, and suppleamgnéxperiments are required to
elucidate the underlying mechanism.

The aspect of the frequency distributions suggdsts both the design and the
operating conditions of a scale-down reactor needet adjusted in order to match
the behaviour of a given large-scale reactor. Exesnpf frequency distributions

obtained in the case of large-scale reactors aengi

164



Chapitre 7

Introduction

Structured compartment models have been widely useddescribe the
hydrodynamics of stirred bioreactors [2-5]. Theye agenerally mathematically
expressed by a set of ordinary differential equestidRecently, stochastic models,
already well described for particulate mixing apations [6, 7], have been
developed in the case of fluid mixing in stirredigactors [8]. This kind of model
has shown good results if compared with the classleterministic compartment
models. The main advantage lies on the fact thastbchastic models can be used
both for fluid mixing and particle circulation sitation. The superimposition of the
two mechanisms (i.e. fluid mixing and particle aiation) permits to obtain the
concentration profiles experienced by microorgasisimside bioreactors. These
profiles can be used to elucidate some fluid meickaimpacts on the microbial
physiology. Indeed, the reactor heterogeneitiebal@ a significant influence on the
microorganisms physiology. This physiological changepends on the kind of
microorganism considered, for example :

- In the case oEscherichia coli spatial heterogeneities of glucose induce an
overflow metabolism which leads to the formatioracétate [1, 9]. On the
other hand, the passagekofcoliin oxygen depleted zones induces a mixed
acid fermentation metabolism [9].

- In the case oBaccharomyces cerevisjagpatial heterogeneities of glucose
also induces an overflow metabolism traduced byfah@ation of ethanol
[10-12].

When scaling-up a bioreactor, the homogenisatificieficy drops, which leads to
the appearance of concentration gradient. In additithe way in which
microorganisms are exposed to this gradient evphms account of to the
multiplication of the possible circulation pathsilghincreasing the reactor volume.
This phenomena can be represented by an increastheofvariance of the
corresponding circulation time distribution. Inghiay, the use of a model allowing
the description of the extracellular substrate eotmations experienced by the
microorganisms seems to be an efficient tool taidhate the bioreactor effect on its

biotic phase (constituted by the whole microbigbplation in the reactor).
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Firstly, stochastic models as presented in thidystuill be used to characterise the
mixing and circulation behaviours in scale-downctees (SDR). This kind of
reactor generally comprises a mixed part connetdea non-mixed part [1]. The
recirculation of the liquid through the non-mixeabp of the reactor leads to the
formation of concentration gradient. SDR is ancééfit tool to study at small scale
the fluid dynamic characteristics encountered ngdascale reactors. Secondly, the

stochastic modelling methodology will be used ia tlase of large-scale reactors.

Material and methods

1. Scale-down reactor configuration

The scale-down reactor (SDR) comprises a mixed gradta non-mixed one. The
mixed part consists of a 20l stirred bioreactor{[@.22 m ; working volume : 10
litters) equipped with a rushton disk turbine wéthlades (d = 0.1 m).

The design of the non-mixed part can be adaptethisnstudy, two configurations
have been tested :

- Configuration A (SDR type A) : the non-mixed paoheists of a glass bulb
(internal diameter : 85 mm ; length : 0.25 m ; cexians of 8 mm diameter
at each end).

- Configuration B (SDR type B) : the non-mixed paohsists of a silicone
tubing (internal diameter : 8mm ; length : 7.5m).

The liquid flow between the two parts of the SDReisured by a peristaltic pump
(Watson Marlow 323 SD).

2. Large-scale bioreactors configurations
Two kinds of large-scale reactors have been ingatgd :
- A 2 m3 stirred bioreactor (D : 1 m ; working volam 1800 | ; three

agitation stages ; rushton disk turbine with 4 bigdd : 0.45 m)
- A 9m?3 bubble column bioreactor (D : 2 m ; workinggjwme : 9000 I)
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3. Inert tracer test

Mixing experiments have been performed both inesdalwn reactor and in large-
scale reactors by a tracer pulse injection methblde technique consists in
measuring the conductivity (Hamilton Conducell prob Dagstation Yokogawa
recorder) evolution after the injection of a NaGlusion (the tracer solution volume
corresponds to 1% of the working volume of the t@gc In the case of SDR,
injection has been performed at the level of tHetinf the non-mixed part and
conductivity has been measured in the mixed parthé case of the large-scale
reactors, injection has been performed at the fapeovessel, and conductivity has

been measured in the lower part of the vessel.

4. Biological tracer tests

Biological tracer experiments are performed in Sigpe A by injecting a pulse of a
solution containing stained cells in the bioreactbhe cells are stained with a
fluorescent dye (Vybrant CFDA SE cell tracer kit12883) which permits to
facilitate the detection by epifluorescent micrgscolhe staining protocol consists
in performing a preculture in a 500 ml Erlenmeykask, in order to obtain the
required amount of biomass for further staining. &liquot of the preculture is
centrifuged (5 minutes at 4000 rpm). The precipiiatwashed with 10 ml of sterile
PBS buffer (NaCl 8 g/l ; KCI 0.2 g/l ; )IPQ, 1.44 g/l ; KHPO, 0.24 g/l ; adjusted
to pH 7.5 with KHPQO, and KHPQ,). Three successive centrifugation/washing
sequences are performed. After this step, micralaié are stained by adding 1mM
of CFDA SE (carboxyfluorescein diacetate succinihidster) followed by an
incubation for 3 hours at 30°C. After the incubatithe solution is centrifuged and
the precipitate is washed with PBS buffer. Wherfqratring a biological tracer test,
5 ml of the stained cells suspension (2.¢6lls/ml) are poured at the level of the
non-mixed part of the SDR, and samplings are takesf the mixed part. Cells are
directly counted by fluorescent microscopy. Forresample, three aliquots of 10 pl

each are placed on a microscopic plate for furtieemting. For each aliquot, three
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counts are performed, for three widths of the nscopic plate. Mean and standard

deviation are calculated for each sample.
5. Scale-down fermentation experiments

Saccharomyces cerevisig®lUCL 43341) strain is stored at —80°C. Cultures a
performed in a scale-down reactor including a 20rexl vessel (D = 0.22 m)
(Biolaffite-France) equipped with a RDT6 rushtonbine (d = 0.1 m) connected to
a non-mixed part. The two non-mixed part desigrestigated in this study have
been previously described in this material and oadhsection. Components of the
culture media are : glucose 5 g/l ; yeast extr@cg/Al ; casein pepton 10 g/l. During
the process, the broth is continuously recirculdtedveen the stirred vessel (mixed
part) and the non-mixed part by a peristaltic pUatson Marlow 323S/D). The
regulation of the culture parameters (pH, tempeeatu) is ensured by a direct
control system (ABB). Dissolved oxygen is maintaingbove 30% of saturation
level by modulating the stirrer speed. Glucose timttiis performed in the inlet of
the non-mixed part and is controlled by an expaakféeding algorithm according
to the equation F =gFexp(u.t). With F being the feed flow rate (m3fS)the initial
feed flow rate (m3/s), p the microorganism growdker(h") and t the culture time
(h). The two parameters p = 0.005 thiand k5 = 0.086 ml/min were calculated

from growth data oSaccharomyces cerevisiaea batch bioreactor.

6. Stochastic modelling principles and distribution frequency calculation

The modelling strategy exposed is entirely basedtoohastic processes. In fact,
two sub-models are required : a first sub-modeltifier microbial cells circulation
inside the bioreactor, and a second one for theulation of the gradient
concentration. The advantage of the stochastic dtation lies in the fact that the
two sub-models have the same structure based ocothpartmentalization of the
bioreactor. The principle is based on the tankeres concept and each
compartment, representing a given zone in the baoe, is assumed to be perfectly

mixed. In stochastic modelling, the displacemerdsnfone compartment to another
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are governed by probabilities. Figure 1 presergsniodel structure used in the case
of the SDR. The stirred vessel constituting the edippart of the SDR has been
modelled by eight vertical planes comprising eadghte compartments. The
compartments interconnections are in accordande tivé radial flow developed by

the rushton turbine used for the experiments.

Psmy

Pcil’culale

Peuler
Non-mixed part

Figure 1: structure of the compartment model used to ranhststic simulations. In
the case of the SDR type A, the non-mixed part etsap 3 compartments (with the
volume of each compartment being 0.33 I), wheredke case of SDR type B, there
are 15 compartments ( the volume of each compattbedng equal to 0.03 I).

The first sub-model describes the displacement afraarganisms inside the
bioreactor. In this model, the displacement of eigla (e.g., a microbial cell or a
tracer molecule) is calculated by comparison betwaeandom number and the
value of the transition probabilities. Four kindspoobabilities are to be considered
to describe the displacement of particles in thexeochi part of the SDR : the
probability to stay in a given circulation flow Ippthe probability to stay in the
same compartment, the probability to shift to aaothlane, and the probability to
switch from the main flow loop (this method has fbg@oposed by [13]). The
circulation probability can be estimated from dimmienless correlation with the

circulation flow rate, and is written as :
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Qc=Nge.N.ad3 )

Nqc being a dimensionless number having a constantevil the turbulent flow
regime and N being the impeller rotational spe&}, (s

and :

I:():irculation:\/ At (2)

compartme’n

At being the time interval between two transitioms! & ompartmenthe volume of a
compartment in the model.

The switching probability express the level of wdnt mixing is written as :

I:)switch: I:%amgentiad: PStay:(l_ I:%irculation )/ 3 (3)

With Py, being the probability to stay in the actual comp@nt ; Rygeniabeing the
probability to shift to another plane . being the probability to shift from the
main circulation flow loop.

In the case of a SDR, we also must express theapility for a particle to enter in

the non-mixed part, which can be written as :

Ft)ente_ Qrecirc mt @

Vcompartme’n

Qrecirc being the recirculation flow rate between the tparts of the SDR. The
probabilities inside the non-mixed part are detegdiaccording to the recirculation
flow rate and the respective compartment voluméthd transition probabilities to
pass from a compartment to another are collected itransition matrix for
computational ease.

The second sub-model is also based on the samstivanmatrix as the one used
for the previous sub-model, but the dispersiorraédr molecules is here described
by a Markov process. The Markov chain stochastidehoonsists of an initial state
vector $, which is multiplied with a transition matrix T ve a new state,;SThis
procedure can be written as:

For the first transition: S= T . § (5)
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The next stage involves the multiplication of trewnstate vector Swith the same
transition matrix T until a steady-state is reached

The second transition can be written as ; £ST . S) or (S = T?. S),
(6)

And the " transition: ($=T.S,) or (S=T.%) 7)

In our case, the state vector represents the tresecentration values for all
compartments. In order to obtain a valuable insigto the concentration field
evolution during the bioprocess, the pulse efféthe feed pump must be taken into
account. In our case, the pulse frequency is tierging because of the exponential
increase of the feed flow rate during the cultuféis pulse frequency can be

included in the stochastic model by the use oféHewing matrix :

(Coe 0 0. 0 Cpyee O...]
0 00
Spul.'se= ®)
0 00 . . .0

In the first row, the number of zero elements betwevo pulses (Lise being the

concentration of the tracer pulse) depends of ¢sel foump activation frequency.

The number of elements in a column correspondsgmtimber of compartments in

the model. In the case of this matrix, the pulsadded at the level of the first state

of the model (first element in a column). The numioé elements in a row

corresponds to the number of simulation steps pedd.

The matrix Suseis used as follow to describe the evolution ofdtate vector :
S=T.3:1+ Suse 9)

The strategy adopted here is to superimpose thdiegttafield obtained with the

Markov chain model on the microorganisms circulatfiocess obtained with the

classical stochastic model, in order to obtaindbecentration profile experienced

by a population comprising a given number of micganisms.

The superimposition results are expressed in tafiikequency distribution of the

mean relative concentrations experienced by theomiganisms. The frequency
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distributions calculated here are used to charnaet¢he environment heterogeneity
experienced by a microbial population of n cellseotime interval t for a given set

of operating conditions and bioreactor configunasio

Results and discussion

1. Validation of the fluid mixing (Markov chain) and of the circulation

(random number) models

Concentration gradient inside SDR is modelled bgtachastic Markov chain

procedure. The non-mixed part of the SDR type A $iagply been modelled by

three compartments in series. This is justifiedtfxy strong dispersing effect that
perturbs the establishment of a nearly plug-flow tiis part of the reactor.

Comparison between the experimental inert tracgraed the simulation results is
shown at figure 2A.

In the case of the SDR type B, due to the strong-flbw exhibited by the non-

mixed part, the number of compartments in thisisacof the reactor has been
increased. Different numbers of compartments haenhused to modelize this part
of the SDR. The best results are been obtained Witttcompartments in series.
Comparison between the simulation and the expetahdracer test is shown at
figure 2B. The results show that there is a gookement between the Markov

chain simulations and the experimental results.
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0.8

— Stochastic simulation

0.6 O Experimental tracer test |

0.4}

Relative concentration

0.2F

200 300 400 500 600 700 800
Time(s) A

Relative concentration

160
Time (s) B

Figure 2 : comparison of experimental tracer curve andhgtetic (Markov chain)
simulations results. A : SDR type A Q.= 18 I/h) ; B : SDR type B : Qecirc =
391/h ;0 : Qecirc= 18 I/h)

Figure 2 reveals fundamental differences betweerhtdrodynamics developed by
the SDR type A and type B. This suggests that tdadesdown effect will also be
different. This important point will be analysed bging the stochastic modelling
methodology presented in this study.

In order to follow the dispersion of a microbialgudation inside a bioreactor and
thus to validate the circulation stochastic mob#logical tracer tests are performed
on the SDR type A, to validate the simulation ressabtained by the stochastic non-

Markov model (figure 3).
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Figure 3 : comparison of biological tracer tests with st@&fic non-Markov
microbial cells dispersion simulations in SDR. 8DR type A Q=18 1/h ; B :
SDR type A Quire=39 I/h

Figure 3 shows that both the experimental and sitimr results show strong
variations. Variations are more pronounced for shmulation results than for the
experimental ones. Two explanations are possilitstly; the number of microbial

cells used to perform simulations is not high eroagd the stochasticity impact is
thus very important. In order to decrease the tdiatibns, the number of microbial
cells used to run simulations must be increasetjrbthis case the computational
time is increased too. Secondly, only three reipest per sample have been
performed during the biological tracer tests. lasirg the number of repetitions can

increase the standard deviation on each sample.

174



Chapitre 7

However, the same general trend is observed foexperimental results as well as
for the simulation ones. We can thus assume thatrthdel is reliable enough to

perform our microbial cells dispersion simulations.

2. Characterization of the concentration profiles expdenced by the

microbial cells

In the following sections, the stochastic bioreagtmdelling methodology will be
improved, mainly in taking account of the influenaokeseveral parameters on the

final concentration frequency distributions.

Effect of the glucose pulses frequency

During a fed-batch culture under exponential reptaof the substrate addition
into the reactor, the pulse frequency of the feethp is exponentially increasing
until reaching a constant level at the end of thléuce, to prevent glucose overflow.
In the earlier stage of the exponential feed peofjlucose pulses are very spaced
and the transient mixing behaviour of the systesufficient to reach an acceptable
degree of homogeneity during the time interval s&irag two successive pulses. In
the final stage of the exponential feed profilelsps are less and less spaced and a
stable concentration gradient thus appears.
The frequency distribution is calculated from siatigins performed in a scale-down
system A, with a recirculation flow rate of 39 lthese simulations involving 3500
microbial cells starting from the non-mixed pait(fe 4). These simulations show
that the pulse profile of the feed pump greatlyuafces the frequency distribution
of the mean concentration experienced by the migasasms in the bioreactor :
- For a time interval between two pulses,(f) smaller than the global
mixing time of the system (figure 4A), the mean oemtrations
experienced by the microorganisms are very low. tdb60% of the

microbial population is exposed to a mean relatimecentration centred on
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Percentage of the microbial population

Percentage of the microbial population

70,

a relative intensity of 0. This is due to the fdwt, between two pulses, the
concentration gradient at the level of the mixed pathe SDR disappears.
For Tpuse approximatively equal to the mixing time of thealsedown
reactor, figure 4B shows that a concentration gnaidis maintained. This
concentration gradient persistence leads to theease of the mean
concentration experienced by the microorganismsyedsas an increase of
the variance of the frequency distribution.

For Touse is inferior to the mixing time of the SDR (figu#C), these
observations are maintained, with anew increask bbthe mean relative
concentration experienced and of the varianceefréquency distribution.
For Touse Smaller than the mixing time related to the mipedt of the SDR
(figure 4D), there is also establishment of a gatin this part of the

reactor.
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Figure 4 : evolution of the distribution frequency in furmmi of the evolution of the
feed pump frequency during a fed-batch culture 8D type A working at .. =
391/h with the tracked microbial population stagtiffom the non-mixed part of the
reactor. A : moderate pulse frequency correspontbnthe earlier stage of a fed-
batch culture ; B : pulse frequency approachingntitrdng time of the reactor ; C :
pulse frequency inferior to the mixing time of theactor ; D : constant pulse
frequency of 5 s. For each distribution, the reationcentration profile is presented
at the right side.

Figure 4 clearly shows the critical phase of thd-lfatch culture, corresponding to
the case 4D, displaying the most dispersed frequeligtribution. For the next

calculations, this stage of the fed-batch cultheg will consequently be used.

Effect of the initial position of the tracked microbial population and of the

exposure time

By considering the initial position of the microargsms in the SDR, two kinds of
simulation can be run. Firstly, a simulation invaly an initial position located at
the level of the mixed part of the SDR, and secpradlsimulation involving an
initial position located at the level of the nonxendl part of the SDR. Since the feed
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addition is performed at the level of the non-mixedt inlet, differences can occur
when comparing the respective frequency distrilmstidndeed, if compared with
figure 4D, which shows the frequency distributiobtained under the same
operating conditions but with population startimgnfi the non-mixed part, figure 5
shows that about 30% of the microbial populatioe aubmitted to very low

extracellular concentration.
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Figure 5: distribution frequency obtained with a SDR ty&(Qyecirc = 39 I/h) with

a microbial population starting from the mixed pafrthe reactor

When performing a simulation with an initial positi corresponding to the non-
mixed part, each microorganism is exposed at leasttime to high extracellular

concentration fluctuations. This is not the caséhobe starting form the mixed part
of the SDR, for which the shape of the frequenciritiution is greatly influenced

by the probability to enter in the non-mixed settitn this context, it is interesting

to analyse the influence of the simulation time.
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Figure 6 : frequency distributions obtained A : for a noisial population starting
from the mixed part of the SDR and with an expogure of 5000 s ; B : for a
microbial population starting from the non-mixedrtpaf the SDR and with an
exposure time of 3000 s (for the two experimen&DR type A ; 39 I/h ; 3500
microbial cells involved)

Figure 6 shows that when increasing the simulatiome, the shapes of the
frequency distributions are very similar for theotvnitial positions. This fact
suggests that, for a sufficiently long simulatiomd, the initial position of the
tracked microbial population can be assumed to mavenfluence on the shape of

the frequency distribution.
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Effect of the microbial population size

It is also important to determine if the amountn@itrobial cells considered in the
simulations is sufficient to give a valuable ingigito the behaviour of the whole
population. Figure 7 shows the frequency distrifiutcorresponding to population

sizes of respectively 1000 and 10,000 microbidkcel
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Figure 7 : distribution frequency obtained with a SDR type (& ecirc = 39 I/h), for
an exposure time of 1000 seconds to a glucose putsie (Touse = 5 S). The
microbial population comprises respectively 100sd@) and 10,000 cells (B)

When considering a population of 1000 microbial Isce(figure 7A), the
corresponding distribution frequency displays dliglfferences compared with the

one involving a larger amount of cells (figure 7Bdafigure 4D). However, in the
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case of a population of 10,000 cells (figure 7B),significant difference appears,
compared with the results obtained for a limiteghydation of 3500 microbial cells
(figure 4D). Considering the large computationahdi required for microbial
population comprising a large number of cells, 0BB00 cells will be taken in

account for the next simulations.

3. Application to the analysis of fermentation tests arried out in SDR

In order to improve the modelling methodology inxed in this study, some
fermentation tests were carried out in SDR, fofedént operating conditions and
for different non-mixed part geometry. The resute presented at figure 8 and
show a better biomass yield in the case of a dakstirred bioreactor than for the
SDRs.
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Figure 8 : microbial growth curves obtained from classiaatl scale-down stirred
bioreactors

For each fermentation test, a stochastic simulasigrerformed in order to calculate

the corresponding relative concentration frequetisyribution. The simulations are

performed by considering 3500 microorganisms, féime interval of 5000 s. The
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initial location of the microbial population in thmodel is the mixed part of the
reactor, but a previous analysis has shown thatghrameter has no impact if the

exposure time is sufficiently long.
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Figure 9 : frequency distributions obtained in the case®f a SDR type A Q=

181/h;B:a SDRtype AQi=391/h; C:aSDRtypeB Q.=181/h;D:a
SDR type B Qe = 39 I/h. All the simulations involve a populatiari 3500
microorganisms for 5000 seconds

In the case of the SDR type A, figure 8 revealdearcimpact of the recirculation

flow rate between the mixed and the non-mixed péthe reactor. Increasing the
recirculation flow rate induces an increase of biemass yield. The frequency
distributions presented at figure 9 validate tHisarvation. Indeed, it is to be noted
that, when increasing the recirculation flow rdtesre is a shift of the distribution to
the left, which means that the microorganisms axposed to less elevated
extracellular substrate concentrations. This is #ige in the case of the SDR type B
(Figures 9C and 9B). Nevertheless, the biomasd yielvery low for the two

recirculation flow rates investigated in the cabéhe SDR type B (figure 8). On the
other hand, analysis of the respective frequencstridutions reveals better
hydrodynamic conditions than for the SDR type A this fact is not confirmed by
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fermentation experiments. Figure 10 shows thatetkgosure mechanisms in the
SDR type A and for the type B are quite differdntthe case of the SDR type B,
microorganisms are subjected to large extracellsidnstrate relative concentration
exceeding unity, whereas in the case of the SDR #hese fluctuations are less
intensive but more extended on time. These diffsencan be attributed to the
respective design of the non-mixed part of each SDR

The impact of such fluctuations on the physiology growth ofS. cerevisiaés not
actually well understood, but an hypothetical maisa can be proposed. Indeed, a
previous study as proven the capability f cerevisiaeto adapt its glucose
metabolism when submitted to repeated glucose isg. The authors highlight
the fact that the time scale involved at the leskthe microorganism exposure
frequency to extracellular glucose fluctuations migave drastic implications for
the metabolic performance of the cells and forrtgene expression patterns. Figure
10 shows that two distinct exposure mechanismsobeerved in function of the
kind of SDR used. For the SDR type A, a microorganentering in the non-mixed
part is submitted to a fluctuating extracellularviemnment maintained for a
relatively long time, whereas in the case of theRSpe B, these fluctuations are
not maintained for a long time but are more frequem more intensive. It can be
assumed, on the basis of the previously describak {d4], that microbial cells
travelling in SDR type A are more adapted to atfiating extracellular environment
than in the case of the SDR type B.

The connection of the stochastic hydrodynamic medesented in this study with a
microbial kinetic model would be helpful to invesie the impact of the

extracellular environment on the microorganismssotiggy.
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Figure 10: sample path of the stochastic displacementroicaoorganismin: A: a
SDR type A ; B : a SDR type B (Q..= 39I/h)

4. Are the SDR frequency distributions representativeof those calculated

for the large-scale reactors ?

All the previous frequency distributions are vaiidthe case of a SDR. But, are
these distributions representative of a large-sstiteed bioreactor ? The following
simulations have been performed on the basis ofngniime experiments in 2m3
three-staged bioreactor. This reactor has been lladden the same basis than the
SDR but without non-mixed part. The 2m3 reactor pdses three agitation stages

and the compartment arrangement for one agitatagescorresponds to the one of
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the mixed part of the SDR (figure 1). The volumesath compartment too has been
modified to give a global volume of 1800 littershjeh corresponds to the working
volume of the 2m3 reactor). The transitions betwienagitation stages have been
assumed to correspond to switching probabilitiegiétion 3). In the case of a 9m3
bubble column (D = 2m), we assumed an axial liquiidulation flow pattern. Due
to the height to diameter ration (1.5:1) of thipamtus, the compartments network
of figure 1 has been modified in eight planes casipg each 12 compartments. In
addition, the circulation transition probabilitiesentation have been modified to be
in accordance with an axial flow pattern. Liquidximg in bubble columns is
induced by the rise of bubbles through the liquichge. The circulation flow rate
can thus be calculated in function of the air floate. In this study, a correlation
previously used by Zahradné al.[4] for a determinist compartments network has

been selected :

Qc :|: DUg(,Q _pg )i| (10)

250

With D being the reactor diameter (m), the gas superficial velocity (m/g), the
liquid density (kg/m3)p, the gas density (kg/m?). In our case, the aiispetsed by
a multi-pipe sparger (holes diameter : 3 mm) placecbver the entire section of the
reactor.

For all the large-scale simulations, the conceiatnagradient sub-model has been
validated by inert tracer tests. In the case ofrfieroorganisms circulation sub-
model, the assumption has been made that fluid nmixt particle circulation
equivalency applies too in the case of large-scadetors (the realization of the

biological tracer tests being hard to be realizedhis kind of apparatus).
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Figure 11 : simulated and experimental tracer curve for lagg@le bioreactors

(probe located at the bottom part of the reactagaoh case). A : 2m3 three-staged
(RDT®) stirred bioreactor operating at 38 rpm ; 8m3 bubble column operating at
an air flow rate of 66 m3/h
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Figure 12: distribution frequency obtained in the case ofdascale bioreactors. A :
2m3 three-staged (RDT6) stirred bioreactor opegaéih 38 rpm ; B : 9m3 bubble
column operating at an air flow rate of 66 m3/h

On the basis of the homogenisation efficiency, idgul1B and 12B show that the
bubble column reactor is better. But this comparisas not been performed at the
same power input. Indeed, the stirred bioreacteratp at very low stirrer speed (38
rpm) which explains the poor mixing efficiency.

Figure 12 shows strong differences in terms of bighabetween the 2m3 stirred

bioreactor and the 9m3 bubble column hydrodynaméhabiour. Indeed, the

frequency distribution shows a more dispersed behavn the case of the stirred

bioreactor. This can be explained by the flow coripantalisation induced by the

three radial impellers delimiting three distinctitaion stages. It is interesting to
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note that the frequency distribution presents ssiméarities with those of the SDR
type A. In the case of the bubble column, the iflistion is mainly centred on the
mean. This is due to the strong circulation indubgdhe ascending bubbles in the
whole volume of the reactor. On the opposite ofdtieed bioreactor, it can be said
that the behaviour of the bubble column can be @ared by the SDR type B.
These observations point out the fact that the momd part design of SDR can be
arranged in such fashion to reproduce efficientig extracellular environment
experienced by the microorganisms in displacenreatgiven large scale reactor.

In this section, simulation results relative to gkvscale reactors have been
presented. However, in large-scale reactors, tlssiple paths that can be taken by
the circulating microorganisms are numerous. A mogBned model structure
(obtained by increasing the number of compartmantsby considering concentric
flow loops [15]) would lead to better results, etsense that the circulation time

distribution is affected by the number of compantiseof the stochastic model.

Conclusions

A stochastic structured model has been elaboratesrder to analyse both fluid
mixing and microorganisms displacement dynamics hioreactors. The
superimposition of the concentration gradient oa thicroorganisms circulation
paths has allowed to obtain the characteristic eotmation profiles encountered in
the bioreactor. The results are presented on time &b frequency distribution of the
mean relative concentration experienced by micraaigms. It has been shown that
these distributions reflect the mixing and circigdatefficiency of a bioreactor, in
connection with the microorganism exposure to graidétress.

Several parameters being able to have an impadherdistributions have been
tested. It has to be noted that the pulse frequendiie feed pump in a fed-batch
context, the exposure time and the initial locat@nthe microorganisms in the
reactor have a significant influence on the shdpbendistributions. For a sufficient
exposure time (5000 s), simulations have shown thatinitial location of the
tracked population has no impact on the results. ddsign of the non-mixed part of
the SDR too has a great impact on the frequendgdd, the frequency distributions
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analysis provides valuable insights into the bicsngield differences obtained if
increasing or decreasing the recirculation floveriat the case of the fermentation
tests performed in SDR, but cannot provides anyaggtion about the differences
observed between the SDR type A and the SDR typ&his suggests that two
distinct mechanisms for the microorganisms exposurgradient stress have to be
considered, the hydrodynamics generated by the Sy A allowing the
adaptation of microbial cells to a fluctuating extellular environment.

The analysis of the distributions reveals that ssvenicrobial sub-populations can
be delimited, differing by the extracellular sulastr concentrations experienced. In
the perspective to elucidate the stress mechanisdisced by the bioreactor
hydrodynamic performances, it should be interestmgdelimitate clearly these
different sub-populations, by considering for ex#npransition values of mean
relative concentration experienced. This is noteasy task since each microbial
strain has its own sensibility to concentrationdigat. To be able to study these
transitions between sub-populations, the elabaratiba microbial growth model
taking into account the respective flow history ezfch cell, can be an efficient
method. In this context, the stochastic methodolpmgsented in this study could
constitute the first step in the elaboration ofediable microbial kinetic model.
Nevertheless, there is a lack about the size obbserved microbial population. In
our simulations, this size was not exceeding 10,@@Jobial cells, whereas about
10%-10° microbial cells per ml of broth have in fact to tensidered. This fact could
disturb the representativeness of the frequendyilulisions, but considering such a
large microbial population is not quite possibleeda the excessive computational
time this would take.

In another perspective, other sources of heterdgesiecan be studied by the
methodology presented in this paper. For exampke,oixygen gradient impact on

the microbial population growth can be studieditig tvay [16].

Nomenclature

d : impeller diameter (m)

D : vessel diameter (m)
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N : stirred speed (8

Ngc : circulation flow number (dimensionless)

P : probability to achieve a given displacemerthinstochastic model
Q. : circulation flow rate (m3/s)

S : state vector of a Markov chain stochastic model

S : initial state vector

Souise - Matrix expressing the fed-batch pump pulsesuieeqy
SDR : scale-down reactor

T : transition matrix of the stochastic model

Ug : gas superficial velocity (m/s)

py: density of the gas phase (kg/m?)

p, : density of the liquid phase (kg/m3)
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Abstract

A stochastic microbial growth model has been elatsal in the case of the culture
of E. coliin fed-batch reactor and scale-down reactor (SDRis model is based on
the stochastic determination of the generation twhethe microbial cells. The
determination of generation time is determined lhyosing the appropriate value on
a lognormal distribution. The appropriateness athsdistribution is discussed and
permits to obtain growth curves which show goodeagrent compared with the
experimental results. The mean and the standardatdev of the lognormal
distribution can be considered to be constant dutfie batch phase of the culture,
but vary when the fed-batch mode is started. Itheen shown that the parameters
related to the lognormal distribution are submittecin exponential evolution. The
aim of this study is to explore the bioreactor logmamic effect on microbial
growth. Thus, in a second time, the stochastic granodel has been reinforced by
data coming from previous stochastic bioreactorimgixnodel [1]. The connexion
of these hydrodynamic data with the actual stoohasbwth model has allowed us
to explain the scale-down effect associated witle thlucose concentration
fluctuations. It is important to point out that tlseale-down effect is induced

differently according to the feeding strategy irnxed in the fed-batch experiments.

Abbreviations :

MCPM : multiple change point model
SCPM : single change point model
SDR : scale-down reactor

1. Introduction

Microorganisms growing in industrial stirred bioctars are submitted to
heterogeneities which can affect their physiololy.a previous study [1], the
substrate concentration profiles experienced byi@atial population have been
modelled in the case of a fed-batch stirred bidmeac This approach has been

recognised as an efficient tool to characterize gtaient stress experienced by
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microorganisms, but some underlying mechanismscinduthese stresses need to
be investigated. In front of this, it would be irgsting to model the growth of a
microbial population evolving in a bioreactor bykitay into account the
perturbations induced by the mixing imperfectioristteese systems. Indeed, the
knowledge of the impact of the non-ideal bioreadtgdrodynamic behaviour on
microbial physiology is important to perform aniei#fnt scale-up operation. The
previous studies performed in this subject area ls&own the stochastic behaviour
of the microorganism exposition to environmentatfuations in bioreactor [2, 3]. It
is thus reasonable to suppose that the growth lixhited microbial population
(comprising initially 30,000 individuals in our &gsin relation with the bioreactor
performances can be expressed by a stochastic nwdél thus express the fate of
a given microbial population in function of the i@actor performances. Microbial
cells are able to divide after a given period aidicalled generation time. In our
case, this generation time will be extracted fronprabability distribution, the
respective probabilities being conditioned by thei®nment inside the bioreactor
(in other words, longer generation times have netwance to occur if the bioreactor
induces unfavourable environmental conditions foicrabial growth). In a
stochastic context, the model developed here camas@émilated to a branching
process [4], each cell of the initial populatiorving the capability to give birth to a
series of daughter cells [5]. The determinationttef generation time probability
distribution is the key factor for a reliable modeid a special attention must be
attached to this point. Referring to the literat{8e7], a log-normal shape will be
adopted for the generation time probability disttibns. The log-normal
distribution has been reported to be ubiquitougfénscience and notably in the area
of cellular dynamics [8]. Indeed, the distributiohfluorescent proteins in bacterial
cells (and notably in differerf. coli strains) has been studied and has shown that
the protein abundances obey to a log-normal lalerathan a normal one. This fact
was also pointed out in the case of several prak@ryand eukaryotic
microorganisms [9]. In a review about the applmatof log-normal law in science,
it has been highlighted that the exponential groveth be supported by a log-normal
distribution. In a more general context, the litara highlights the importance of

this distribution in life science : medicine, emrnment, ecology, plant
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physiology,... In the area of microbiology, the logrmal distribution permits to
represent the bacterial population sizes at a dgiwvea [10], and notably in the case
of E. coli[11]. Indeed, the cell lengths repartition for coli at a given culture time
is log-normally distributed [12]. It is importand tpoint out that theée. coli cells
extent only in length and not in width, the divisibeing induced by the constriction
of the mother cell [13]. This fact highlights thelationship existing between cell
length and the generation time in the casdcotoli. This property will be used
further for the validation of the stochastic midalgrowth model. The context of
this study is the fed-batch culture Bf coliin small-scale and scale-down reactors.
The scale-down reactor will be used here in ordeohtain microbial kinetic data
when bioreactor mixing imperfections occur [14,.18]addition, the environmental
conditions developed in such reactors have beenqu#y characterized by using a
stochastic hydrodynamic model and the resulting detl be used in the present

work.

2. Material and methods

Culture of E. coli in small-scale stirred bioreacto and in scale-down reactors
(SDR)

Escherichia coli(ATCC 10536) strain is stored at —80°C. Fermémamedium is
composed of glucose (10 g/l), casein pepton (1P ayjil yeast extract (10 g/l).
Cultures are performed in 20l stirred bioreact@s=0.22 m) (Biolaffite-France)
equipped with a RDT6 rushton turbine (d = 0.1 n)e Growth ofE. coliinside the
bioreactor is followed by optical density measuram@vavelength : 600 nm). A
direct control system (ABB) ensure a constant teatpee of 37°C and a pH of 7.
Dissolved oxygen level is maintained above 30%atfirmtion by modulating the
stirrer speed. For the scale-down tests, the puslyjodescribed stirred vessel has
been connected to a glass bulb of 1 liter (diame®@©085 m ; length : 0.25 m).
During fermentation runs, the broth is continuousgirculated between the stirred
vessel (mixed part) and the glass bulb (non-mixad)pby a peristaltic pump

(Watson Marlow 323S/D). In the case of the scalerdoeactor (SDR) experiments,
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glucose addition is performed at the level of th@-mixed part. In the case of the
classical bioreactor experiments, glucose is fedth®y top of the stirred vessel.
Glucose addition is controlled by an exponentialdiag algorithm according to the
equation :
F=FR_ exp(u.t) 1)

With F being the feed flow rate (m3/s), the initial feed flow rate (m3/s), p the
microorganism growth rate {h and t the culture time (h). Two feeding strategie
have been investigated :

- Feeding strategy 1 : for the first set of fermentattests, the two
parameters used for the exponential feeding alyorire p = 0.36 hand
Fo = 0.012 L/h, the exponential feed rate regulatieing started after 2
hours of culture followed by a constant feed rdt8.a5 L/h after 10 hours
of culture. This feed profile induces a strong awulation of glucose
during the course of the culture, the maximum ghovate of our strain
being on the order of 0.3*hlt is important to point out that, for the SDR
experiments, the glucose level is only measurettheatevel of the mixed
part. According to the arrangement of the SDRs itédasonable to assume
that stronger glucose concentrations are encouhieréhe nonmixed part
of the system.

- Feeding strategy 2 : in this case, the paramefetsedeed equation, i.e. 4
= 024 K and | = 0.012 L/h have been calculated to limit the
accumulation of glucose inside the bioreactor. €kponential feed rate
regulation is started after 2 hours of culturedakd by a constant feed rate
of 0.15 L/h after 13 hours of culture.

Microbial growth stochastic model : branching process

Each cell is individually characterised by a getieratime stochastically extracted
from a given probability distribution. This probbtyi distribution is the core of the
model and its impact on the simulations will be elesd in the results and
discussion section. It will be shown that the shafihe distribution is continuously
modified during the course of the culture. The datian is started with 30,000
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microbial cells for which the generation time istatenined from the above
mentioned probability distribution. Two parametars used to describe the shape of
the distribution : p ana [10], p being the mean of the distribution amdits
standard deviation.

Indeed, it is assumed that each cell will evolvBedently inside the bioreactor,
leading to a given value of generation time (thst lsenditions leading to a decrease
of the generation time). The simulation is disciateme and each time increment is
progressively withdrawn from the respective genenatime of individual cells.
Once a cell reaches its generation time, divisiooucs and two new generation
times are extracted from the distribution (onetfa mother cell and another for the
daughter cell). The development pattern of the ohial population with the mother
cells and the daughter cells follows a branchingcess [4]. This simulation

procedure is schematised at figure 1.

O ceannet

Generation
time ot cell
n°l

Cell n°1 o o Cell n°2

Cell n°1 f ell n°3 ‘
Cell n°4

Cell n°2 O

TIME
v

Figure 1 : schematisation of the stochastic microbial glowiodel according to a
branching process. The procedure is illustrateithéncase of a lone mother cell. For
this cell and their daughters, the generation fsngtochastically determined from a
log-normal distribution
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The bioreactor hydrodynamic effect on microbialwgtito constitute the background
of this work. In the results and discussion secgte®veral ways to implement the
effect of the bioreactor mixing performance on tneration time probability

distribution will be outlined. The simulation retul will be confronted to

experimental ones which have been obtained in aiapbioreactor arrangement
called scale-down reactor (SDR). The SDR has beseribed previously in this

section and is used in order to reproduce hydrathjma@onditions encountered in
large-scale bioreactors. In our case, the cirauatif the microorganisms inside the
bioreactor is the stochastic component of the systadeed, when considering a
small population of 30,000 microorganisms travellin a SDR, several fractions
can be described in function of the specific disptaent path taken by each
individuals. For example, inside a given populatisome individuals encounter
large concentration fluctuations induced by thespge at the level of the nonmixed
section of the SDR. Such individuals exhibit thu$fedent growth behaviour

according to the environmental stress experiendde stochastic nature of the
model and the relatively small size of the micrbpiapulation considered (typically,
there are up to facells par ml of broth in the reactor) induce sgrdtuctuations

from a simulation result to another. According liést the simulations performed in
this work are made on the basis of an initial papah of 30,000 cells in order to

limit the effect of the standard deviation [16].

Variation of the parameters of the lognormal didbtution and change point

strategies

When observing the microbial growth curve of a edeh reactor, two distinct
phases can be delimited (figure 2) : an exponeptiae during the five first hours
of culture corresponding to the batch culture arel heginning of the exponential
fed-batch phase operating with a very low feed ftate ; a linear phase during the
fed-batch phase operating with a more elevated fleadrate. When a scale-down
effect is involved (in our case, this effect isuéd by the appearance of a glucose

concentration gradient in the late stage of theucel), a third linear phase can be

197



Chapitre 8

highlighted. Our stochastic microbial growth modsl not able to capture by
themselves these transitions from phase to phase.

A

1
1
Biomass I
1
1

Fed-batch
phase with scale-
down effect

>

Time

Figure 2 : illustration of the different microbial growth pkes observed in scale-
down fed-batch bioreactors

Typically, the concept of changing point model dan used here. The changing
point concept allows to change the formulationtaf model after a given time. In
our case, we will adopt different strategies inesrth reflect the phase transitions at
the level of the simulated growth curves :

- First change point : during the first 3 hours oftuxe, corresponding to the
initial batch phase, a probability distribution vigiven p andr parameters
is considered in order to represent the microbiawth process. This
assumption can be considered because the bioréadaperating in batch
mode and only a few perturbations are encountérbid. is clearly not the
case when operating in fed-batch mode for which dgenisation and
oxygen transfer perturbations can occur. In theteodnof the stochastic
model, this phenomena is traduced by a modificatibthe shape of the
distribution. It has been considered that this yrbdtion depends on the
importance of the microbial population (increasthg number of cells to
be considered induces an increase of the probabditbe submitted to
growth perturbations) and the importance of thedaotor environmental

perturbations. The two parameters of the log-nordistributions, i.e. u
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ando are both varying during the growth process. Theppsed equations
used to express the variation of these two paramétave the following

form :

g=0,texpt (2

W= texg™ ()
witha andp being the variation factors and t the process.time
Second change point: in order to allow the repriedion of the entire
growth curve with the three distinct phases (fig@)e a second change
point will be considered to simulate the appearawnfethe growth
perturbations induced by the glucose concentrafiantuations. Two
mathematical implementations will be considerearider to simulate the

scale-down mechanism as it will be discussed below.

On the basis of these considerations, a singlegehanint model and two kinds of

multiple change point stochastic model will be eradéd in this work :

Single change point model (SCPM) : only the traosibetween the initial
batch phase and the beginning of the fed-batchephds be involved in
the SCPM. The simulation procedure involves thest fichange point
described above. The aim of this preliminary SCBbievaluate the set of
parametersx and being the most suited to reproduce the initiaiestaf
the experimental growth curve before the appeararicihe scale-down
effect. This preliminary evaluation of the SCPM fpemances allows to
simplify the non linear regression analysis.

Multiple change point model 1 (MCPM 1) : in thisseatwo change points
are considered. The second change point is relatdte appearance of the
scale-down effect (in our case, the appearancduabge heterogeneities
inside the broth) at a critical time,;t This time corresponds to the time at
which the interval between two injection pulsggd of the feed pump is
inferior or close to the global mixing timg of the system. Indeed, in these
conditions it has been shown that a stable coragmtr gradient is

established over the whole system at a given timenw,s. < tm [1]. The
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second change point consists to modify ahend3 parameters when;t is
reached according to the equations 2 and 3.

- Multiple change point model 2 (MCPM 2) : the matlatical
implementation of this model is similar to the anfethe MCPM 1. The
sole difference lies on the consideration of a phility for a microbial cell
to encounter a gradient stress. This probabilitycédculated from a
stochastic hydrodynamic model. Details will be givi@ the results and

discussion section.
Non-linear regression analysis

In order to evaluate the simulations quality, a tinear regression analysis will be
performed on the experimental and simulated grosutves. An efficient way to

represent a population dynamics curve is to uséotistic equation :

C(ij—>t(=l’ .X(l—%) 4)

With X being the microbial concentration (in numleéicells or in g/L), r being the
growth rate (i) and K being the carrying capacity of the popolafin number of
cells or in g/L).

The differential equation can be solved by sepamadf variables and partial

fractions :

X(to)-K
K-X))e +X(t)  ©

The regression analysis will be performed on thsisbaf equation by using the

X(t)= (

Isqcurvefitfunction of MatLab. This algorithm is based on tleenberg-Marquardt
method and returns the values of the carrying dgpand the growth rate as well as

the fitting error (or, more precisely, the sum gfigred errors).
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Bioreactor hydrodynamic model

The stochastic microbial growth model will be camfred to bioreactor

hydrodynamic data coming from some previously presg models [1]. These

bioreactor mixing models are also stochasticallpregssed and will be briefly

described here.

Two kinds of stochastic hydrodynamic model willused :

A simplified flow model (figure 3A) for the determation of the passage
probability at the level of the non-mixed part b&tSDR : the two parts of
the SDR are each modelized by a perfectly mixed pastment. The

probabilities to shift from a compartment to anotare calculated from the
real flow rate promoted by the recirculation pump the equation P =
QrecirldV (Where Q.qirc represents the recirculation flow rate in m3/s &hd
the compartment volume in m3). The model is usete e perform

microbial cells residence time experiment.

A complex flow model (figure 3B) to calculate thkicose concentrations
experienced by the microbial cells in the reactam this case, both the
mixed and the non-mixed part of the SDR are reprtese by several
perfectly mixed compartments in series. A randonmiper generation
procedure permits to obtain the circulation of acfemicrobial cells inside

the reactor. On the other hand, a Markov chain gdoe permits the
representation of the concentration gradient intieereactor according to
the injection frequency of the feed pump. The sppsition of the two

phenomena permits to obtain the relative substratecentration

encountered by the microorganisms during theirwgojén the reactor.
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Non-mixed part

B

Figure 3 : stochastic flow models structure used for thecwdation of the
hydrodynamic data implemented at the level of tteelsstic microbial growth
model. A : simplified flow model of a SDR working icontinuous mode ; B :
complex flow model of the SDR

Exhaustive informations involving the calculatiof the transition probabilities
from a state to another (i.€.;, P, Psay Prircuiate Psnit @Nd Rnerin figure 3) can be

found in previous publications [1, 16].

Biological tracer experiments

Fluorescent stained cells have been used as & tiraagder to determine their
respective residence time in the mixed and nonmpeetl of the SDR. The cells are
stained with a fluorescent dye (Vybrant CFDA SH telcer kit V-12883) which
facilitates the detection by epifluorescent micogsc The staining protocol consists
to perform a preculture in a 500 ml ErlenmeyerkKlasorder to obtain the required
amount of biomass for further staining. An aligobthe preculture is centrifuged (5
minutes at 4000 rpm). The precipitate is washedh W ml of sterile PBS buffer
(NaCl 8 g/l ; KCI 0.2 g/l ; LHPQ, 1.44 g/l ; KHPO, 0.24 g/l ; adjusted to pH 7.5
with K,HPO, and KHPQy). Three successive centrifugation/washing sequseane
performed. After this, microbial cells are stairigdaddition of 1mM of CFDA SE
(carboxyfluorescein diacetate succinimidyl estiljpwed by an incubation during
3 hours at 30°C. After incubation, the solutiorcéntrifuged and the precipitate is
washed with PBS buffer. When performing a biolobizacer test, 5 ml of the

stained cells suspension (2Xlls/ml, in order to detect a sufficient amouhtells
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by microscopy) are poured at the level of the noxeoh part of the SDR, and
samples are taken at the level of the mixed paitarthe outlet of the nonmixed
part. Cells are directly counted by fluorescentroscopy. For each sample, three
aliquots of 10 pl each are placed on a microscpfste for further counting. For
each aliquot, three counts are performed for thvieiths of the microscopic plate.

Mean and standard deviation are calculated for saniple.

3. Results and discussion

Growth behaviour of E. coli in SDRs

TheE. coli cultivation tests are presented at figure 4. Twal& of glucose feeding
algorithm have been used. The feeding strategyguréf 4A) induces an glucose
excess in the whole reactor. In this case, thezenardifferences between the SDR
tests. The feeding strategy 2 allows to limit tHecgse excess and in this case,
different growth evolution can be observed in fimetof the recirculation flow rate
of the SDR. In a previous study [1], a hydrodynastachastic model has been used
in order to determine the mean relative substrataecentration fluctuations
experienced by. cerevisiaén a fed-batch reactor. The analysis revealed thdhe
case of a scale-down reactor, the exposure to higltestrate concentrations was
increased when increasing the recirculation flote taetween the two parts of the
reactor. The frequency distribution of the experéxhconcentration followed a log-
normal law, the right side of this distribution mesponding to the fraction of
microbial cells being the more exposed to concéntrdluctuations, or in the case
of a scale-down reactor, having the higher pasfageency at the level of the non-
mixed part (these frequency distribution will betadled in the section concerned
with the MCPM 2).
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Figure 4 : microbial growth and glucose consumption curveésimed in scale-
down and in classical small-scale reactors (refaregractor). A : feeding strategy 1
; B : feeding strategy 2

Considering the problem related to the tests pewar with the feeding strategy 1,
only the tests carried out with the feeding strat@gwill be used to validate the

simulations results in the following sections.

Evaluation of the SCPM by non linear regression dgais

The initial batch phase of the culture (figure asbeen modelled preliminary to the
elaboration of the SCPM. The generation time prdipakdistribution associated
with this initial batch phase is easy to deterndimee we know that, in this case, the
culture conditions are relatively constants. Il Ww# thus assumed a mean generation
time of 20 min that will be used as in the corresfing generation time distribution.
We need thus to determine the value of the standlndation allowing to
reproduce the experimental growth curves. Figush®ws different case study in

function of the value of the standard deviationtlod lognormal generation time
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distribution. We can see that for a standard dewiainferior to 0.2 hours, the
simulated growth curves exhibit an oscillating bebar (figure 5A). This
phenomena can be explained by the fact that, inetlwmses, the corresponding
generation time distribution is strongly centereduad the mean. The whole
microbial population is thus subjected to approxahathe same generation time
value. This case study do not reflect the microbdiglamics in bioreactors where
cells taken at a given time are in different grayvstages [11]. When the value of
the standard deviation is below 1 (figure 5C), stechastic nature of the process is
so pronounced that unrealistic growth outburst caeurs. The experimental
exponential growth curve can be simulated by carsid standard deviation values
comprised between 0.2 and 1 (figure 5B). A spesifamdard deviation value cannot
be extracted from the results presented at figlead the minimal value of 0.2
will be adopted for the rest of the study consigrithe small amount of
perturbations encountered in the batch phase. ditiand, this minimal value will
allow a greater range of variation of the stand#ediation for the validation of the

single and multiple change point models.
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Figure 5: comparison of the experimental (circle) and dated results. A : sample
paths obtained foo < 0.1 ; B : sample paths obtained for &2 < 1; C : sample
paths obtained far = 1.5
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The mean and the standard deviation will be thssiraed constant for the initial

batch phase before an exponential change (equafioasd 3) occurring in the

earlier fed-batch phase. These changes of the Ipifitpaistribution parameters can

be modelled by the SCPM. In this case, the ratehafnge represented by the
parameters (equations 2 and 3) must be determifigd. determination has been
done on the basis of a non-linear regression aisaltygolving the experimental and

simulated data fits to the logistic equation (equab). The results of this analysis
are presented at figure 6.
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Figure 6 : non linear regression analysis performed on tineulated growth

obtained by using the SCPM. The simulated growttvesihave been fitted with a
logistic equation and the carrying capacity of gopulation as well as the growth
rate have been calculated in function of dhend parameters of equations 2 and 3
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The fitted parameters in the case of the experiahgrbwth curve obtained in fed-

batch reactors (feeding strategy 2) are presenteblel.

Table 1: non linear regression results obtained frometkgerimental data (feeding
strategy 2)

Estimated carrying

Estimated growth .
capacity (number of

-1
rate (h”) microbial cells)
Reference reactor 0.678 1.19 10°
SDR Qrecirc =18 L/H 0.6 8.07 105
SDR Qyeqirc = 39 L/H 0.56 9.55 10°

The carrying capacity is the parameter showingctharer evolution in function of
the o and 3 parameters of equations 2 and 3. The regressisultseof the
experimental data (table 1) are included in a zwmaprises between 9.3@nd 16

at the level of the carrying capacity contour ffajure 6). The growth rate contour
plot (figure 6) permits to determine that an inseeaf thea parameter is necessary
to match both the carrying capacity and the gronath of the experimental results.
By superimposing the results of the two contoutgldigure 6), optimal values of
the a and parameters are determined. The valwes 0.2 and3 = 0.1 allows the
SCPM to match the experimental ones. In all case,sum of squared error was
below 13° microbial cells and the fit quality was good. Tbemparison of the
experimental growth curve obtained from the fedzbatulture ofE. coliin small-
scale stirred bioreactor (feeding strategy 2) wiie simulated growth curve

obtained with the SCPM with the optimised paranwigpresented at figure 7.
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Figure 7 : evolution of the probability distribution shaperthg the simulation (top)
and subsequent microbial growth curve (bottomhindase of the fed-batch culture
of E. coliin small-scale stirred bioreactor. The mean situtaresults have been
obtained on the basis of an initial population 6{0®0 cells (solid line) and are
compared with the experimental results (circle)

At the beginning of each simulation, 30,000 cellvén been considered. Each
simulation corresponds thus to the fate of a lichiteicrobial population for a given
sojourn time in a bioreactor running with given g conditions.

The results presented at figure 7 permits to calelthat there is a significant
modification of the microorganisms growth behaviauring the course of the
culture, even in small-scale stirred bioreactoreSehperturbations can be attributed
to several factors such as the growth limitationthey sugar feed profile during the

fed-batch mode, the inhibition by acetate excretiorj17, 18]. It is important to
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estimate the magnitude of these intrinsic pertiobatin order to estimate further
the mixing impact on the process. Another remarkrétation with the results
presented at figure 7 is that the log-normal shafpthe distribution is more and
more attenuated during the course of the proceassthis case, it could be
hypothesized that the cell size-generation timatiehship is no longer valid due to

the elongation of the cell generation time indubgenvironmental fluctuations.

Evaluation of the MCPM 1

In a second step, the impact of the scale-downceffas been included by
considering a second change point. Indeed, it easeln from figure that there is an
abrupt change of the growth trajectory after appnaxely 10 hours of culture. As
discussed previously, this time correspond to ttitical time for which the feed
pump frequency induces the appearance of a martaiegt concentration. The
evaluation of the MCPM 1 has been done by focusimgattention at the level of
the second change point. The simulated growth cresalting from the use of the
SCPM with the optimised parameters (figure 7) aseduas a reference. The
corresponding generation time distribution after H@urs of culture has been
considered at the beginning of each simulation. Thange point at this level
consists to increase the and 3 parameters of equations 2 and 3. Several set of

parameters have been tested and the results @enped at figure 8.
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Figure 8 : comparison of the experimental results with theutations performed
with the MCPM1

Figure 8A shows that the increase of fhparameter of equations 3 is a necessary
conditions in order to match the experimental ddthis parameter induces an
increase of the mean value of the generation tiisteilslition used in the stochastic

growth model.
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These simulations carried out with the MCPM 1 shibat the attenuation of the cell
size-generation time relationship is thus a necgssandition for the scale-down
effect. This fact is also pointed out when varythga parameter (figure 8B). Two
problems have to be considered when dealing with BCPM 1. Firstly,
considering the discrete nature of the model, ahly cells at the end of the
generation time are affected by the second chaogg. pndeed, the cells keep the
same generation time until the elongation and sjoar processes are unachieved.
Secondly, it is difficult to extract informationdeut the bioreactor hydrodynamic
impact on the microbial growth process. In additiorthis two main problems, the
MCPM1 is unable to reproduce the net change of tirdmjectory observed in the
case of the SDR test carried out at a recirculafiiow rate of 18 L/h. In order to
give more physical significance at the level of seond change point attributed to

the scale-down effect, bioreactor hydrodynamic eallebe considered.

Inclusion of bioreactor hydrodynamic data and evaltion of the MCPM2

In order to enhance the reliability of the micrdlgeowth simulations, data coming
from bioreactor hydrodynamic models will be implares in a new version of the
multiple change point model (i.e., MCPM 2). In poas studies [1, 16], the impact
of mixing on a fed-batch culture @&. cerevisiachas been estimated by using a
stochastic bioreactor hydrodynamic model taking iatcount the mixing and the
microorganism circulation processes. It has beemwshthat the major fraction of
the microorganisms that was exposed to large editdar concentration
fluctuations was linked to the passage at the le/#ie non-mixed part of the scale-
down reactor. The probability of passage at thelle¥the non-mixed part is thus an
important element that must be implemented at ¢vellof the microbial growth
model (and, more precisely, at the level of theoedcchange point of this model).
This probability of passage is obtained from a dified stochastic compartment
flow model and is validated by biological tracestte(see materials and methods).
Figure 9 shows the comparison of the simulatedexqérimental tracer curves for
the scale-down reactor working in continuous mddesh water is added at the top

of the mixed part and evacuated at the outlet efrtn-mixed part) in order to
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follow the residence time of the microbial cellstla¢ level of the different parts of
the SDR. It can be observed that there is a googeatent between the simulated
and the experimental results, which permit the dadion of the probability of

passage between the mixed and the nonmixed secfithe SDR.
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Figure 9 : comparison of experimental and simulated resoftsnicrobial cells
dispersion inside the SDR running in continuous endthe simulations have been
performed by using a simplified stochastic flow reb(see Material and Methods).
A : Qrecire = 39 L/h ; mixed part of the SDR. B ;&. = 39 L/h ; nonmixed part of
the SDR. C : Q.= 18 L/h ; mixed part of the SDR. D ;.= 18 L/h ; nonmixed
part of the SDR. The simulated results are predeasethe mean and the standard
deviation calculated from 10 simulations

The hydrodynamic data are then implemented atdfel lof the microbial growth
model by considering, at the level of the secondnge point, the probability to
enter in the non-mixed section of the SDR. As fer MCPM 1, the critical time is
reached after approximately 10 hours of culturegmvthe global mixing time of the
system is superior to the time between two pul$ékeofeed pump. After this time,
microorganisms entering into the non-mixed sectiom considered to be perturbed
by the fluctuating extracellular environment, whishtraduced at the level of the

microbial growth simulation by a drastic increa$¢he generation time.
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The increase of the recirculation flow rat of thBFSleads to the increase of the
passage frequency of microorganisms at the levethef nonmixed part of the
reactor. This passage induces a hydrodynamic sirieie is well represented both
by the experimental and the simulated microbiawghocurve. But it has been
shown that the passage frequency at the leveleofitin-mixed part of the SDR is
not the sole component playing a role at the le¥#&he microorganisms exposure to
gradient stress [1]. The probability for a micrdhdall to encounter a stress must be
related to the magnitude of the extracellular cotregion fluctuation as well as the
time of exposure. Such probabilities can be esgohdiy using a more refined
bioreactor modelling procedure (complex stochafitir model, see Material and
Methods). In this procedure, the circulation patken by a microorganism in a
bioreactor is superimposed to the concentratiodignh The results are presented
as a frequency distribution of the mean relativacemtration experienced by each
microbial cell of a given population on a givendemf time [16]. Figure 10 presents
such frequency distributions in the case of the 8f@R operating conditions. From
the observation of figure 10, we can reasonablyrrassthat the fraction of the
microbial population located at the right side ok tfrequency distribution is
exposed to the more intensive substrate fluctuationthe nonmixed part of the
SDR. Thus, at the level of the stochastic growtldehothe probability to encounter
a hydrodynamic stress will be calculated by estimgathe fraction of the stressed

population on the basis of these frequency didtiobs.
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Figure 10: frequency distributions of the mean relative antcation experienced
by microbial cells obtained in the case of the SDRing with Qeic = 39 L/h (A),
and with Q. = 18 L/h (B). The simulations have been obtaingd the
superposition of a stochastic mixing model and arofiial cell circulation model
(see complex model structure in Material and Method

In the case of the simulations showed at figureaklly 3500 microbial cells have
been considered in order to limit the computatidmaé. Thus, the probability for a

cell to encounter a stress is given by :

P _fractionof thepopulationon thefrequencydistribution
stress— 35()( (5)

In order to accurately determine the fraction & flopulation encountering a stress,
the percentage will be determined on a relativasblag comparing the two SDR

tests. Indeed, the SDR test performed with&,(bf 39 L/h presents approximately
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the same biomass yield than the reference reafiurd 4B). It can thus be
assumed that for this SDR test no significant hgignamic stress is encountered.
We will thus consider that the frequency distribus (figure 10) reflect a good
image of the situation of the microbial populatiamside the SDR, and the
percentage of the stressed population is thus rdeted by simply comparing the
two frequency distributions relative to the SDRtded~or this purpose, several
values of the critical relative concentration lewgdio a stress can be considered. It
comes from the observation of the frequency distitims presented at figure 10 that
the principal differences between the two frequedtstributions arise beyond a
relative concentration of 0.2. In order to factiathe following discussion, the
frequency distribution results of figure 10 haveeeeformulated in table 2. This
table presents the number of microbial cells foche@lass of mean relative

concentration experienced.
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Table 2: number of microbial cells per mean relative @nication class in the case
of the two SDR tests performed with the feedingtsigy 2
Mean relative
concentration class

SDR Qpecie =39 L/h~ SDR Qyecire = 18 L/h

0.2 22 51
0.21 14 32
0.22 7 25
0.23 4 18
0.24 1 17
0.25 1 10
0.26 1 16
0.27 _ 6
0.28 _ 6
0.29 _ 4
0.3 _ 5
0.31 _ 3
0.32 _ 1
0.33 _ 2
0.34 _ 3
0.35 _ 1
0.36 1

As shown in table 2, an amount of 26 microorganisiosstitute the difference
between the SDR test performed ai.fo= 39 L/h from the one performed af.(.

= 18 L/h. On the basis of this amount of microoigars, a Bress= 26/3500 =
0.0074 or 0.74% can be calculated. This probabiitiybe then implemented at the
level of the second change point of the MCPM 2 eeftécts the probability for a
microbial cell to experience a stress during if@wm in the SDR. Figure 11 shows
a comparison between the experimental growth cuameshe simulated ones. It can
be seen that the use of the MCPM 2 withyaFvalue of 0.0074 allows to reproduce
the SDR results obtained with a6 = 18 L/h.

The culture time being long (several hours), evesrmall probability can have a
strong impact on the global simulation results. eked, the microbial cells are
submitted to the probability to encounter a stratssach time interval, suggesting

that the scale-down effect is driven in our casa lsymulative process.
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Figure 11 : comparison of the SDR tests with the simulatesults obtained by
using the MCPM 2

This conclusion is important for the reactor degigacedure or in the context of a
scaling-up operation, because a few modificatidiih@® mixing performances of the
system can induce strong ameliorations at the lef/¢he bioprocess yield (or, on
the contrary, can induces a drastic drop of thecgse performances if we have
wrong with the scale-up calculation). This conddusiis validated by the

experimental growth curves exposed in figure 4Bclwhshow a net increase of

biomass yield when increasing the circulation istgnof the SDR.

Conclusion

We have presented a simple procedure to simulatettithastic microbial growth
of E. coli under bioreactor environment perturbations. In ptdeachieve this, a
multiple change point model (MCPM) is necessarysimulate efficiently the
transitions between growth phases, i.e. from thi@ibatch phase to the earlier fed-
batch phase and to the late fed-batch phase wéttoturrence of the scale-down
effect. As previously determined [1, 3, 16], thecstastic component comes from

the random nature of the microorganism displacenretie bioreactor where the
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environment is fluctuating in function of space.iSThomponent has been entirely
characterised in a previous study by a bioreacymirddynamic stochastic model
allowing the superimposition of the concentratignadient field with the
microorganisms displacements. The observationeofiittrobial growth simulations
performed by the aim of the stochastic model ledadsvo main conclusions. First,
the lognormal law is well-suited to represent tlemayation time distribution dt.
coli cells in a bioreactor. Indeed, the stochastic ¢hawodel is able to simulate the
entire growth curve of a fed-batch process in allsscale bioreactor by modulating
the parameters of the afferent lognormal probabilistributions. Second, it has
been observed that, even in small-scale stirreckaator, the growth process is not
easy to interpret due to the numerous factors iinducariations at the level of the
growth trajectory. This is expressed at the levieloor model by continuously
modifying the shape of the generation time distidru This suggests that the law
describing the growth dE. coli cells in fed-batch reactor is continuously chaggin
leading to intrinsic perturbations. These intrinpeerturbations can be regarded as
the adaptation mechanisms developed by the midraieiés in response to the
continuously changing growth conditions encountdrea fed-batch reactor [19].
These intrinsic perturbations have been stochdlsticedelled in this study, which
permit their isolation and the observation of tl&iasic perturbations. In our case,
we have observed the impact of the bioreactor tdydramic, and more precisely
the impact of the substrate concentration fluctuestiinduced by the fed-batch
mode.

For the fermentation tests carried out with thediieg strategy 2, the scale-down
effect is not systematically observed for all theRSexperiments and depends on the
mixing and the circulation mechanisms induced kg bioreactor hydrodynamics.
This fact has also been observed in the case oérevisiagsuggesting that similar
physiological mechanisms are involved in response ektracellular glucose
fluctuations. In the case of the feeding strategy & multiple changing point
stochastic model (MCPM 2) is able to reproduce thierobial kinetic when
connected to simulation results obtained from ardwggnamic model involving
mixing behaviour of the SDR and the circulatiortta microorganisms.

In front of all these discussions, more generathaions can be drawn :
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It has been shown that the increase of the reeitioul flow rate of the SDR
leads to an improvement of the biomass yield. Taimark is only valid
when the feeding strategy is designed to avoidagle@ccumulation in the
reactor. This observation leads to the conclusia, tin the case of large
scale fed-batch bioreactor, the microbial kinetan cbe improved by
enhancing the circulation flow rate provided by itmpeller system. If not
possible, e.g. in the case of mechanical limitajamprovements can be
achieved by redesigning the impellers geometrycamibination.

When the feed flow rate is well suited and alloves avoid glucose
accumulation (feeding strategy 2), the impact o thioreactor mixing
performance ofk. coli growth is similar to that previously observed &r
cerevisiag1]. It suggests that the stress induction medmaris similar for
these two microorganisms. In spite of the fact thatoliandS. cerevisiae
are very different on the morphological point okwi (we consider a
prokaryotic and an eukaryotic organism), these miggas present several
similarities at the level of the glucose metabolisfirst, the two
microorganisms exhibit a similar overflow metabwlisvhen submitted to
excessive glucose concentrations (traduced by etatacproduction in the
case ofE. coli [17], and by an ethanol production in the caseSof
cerevisiae[20]). Second, they both exhibit metabolism oatitins when
the cells encounter fluctuating extracellular gkeconcentration due to an
adaptation of the glucose transporters [19, 21js Tdct suggests that the
modelling strategy adopted during this work can deeneralized to

microorganisms exhibiting an overflow metabolism.

It is also important to point out some possibleiayements of this work. Indeed, in

order to enhance the reliability of the stochasticrobial growth model, it would be

interesting to include experimental generation tidistributions. The cell size

distributions can be readily obtained by using mmodechniques, such as image

analysis and flow cytometry [22-24]. In the ca$eEo coli, the cell length can be

correlated to the progression in the cell cycleicwlallow to obtain the generation

time distribution. However, it has been supposed the cell size-generation time

relationship is not valid for the late stage of tte&l-batch culture due to the
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inhibition mechanisms affecting cell growth andunihg a lag at the level of the
generation time evolution, and this experimentaidasion would be only effective
for the earlier stage of the microbial culture.Wloytometry can be more efficiently
used to determine more exactly the evolution of fteetion of the microbial

population experiencing a hydrodynamic stress dutfie course of the culture [25].
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Chapitre 9

La problématique sur laquelle repose ce travailceome le dimensionnement et
I'extrapolation des bio-réacteurs en respectant destraintes liées aux micro-
organismes. La stratégie de recherche exposéduapsemier chapitre de ce travail
propose de se focaliser sur les deux composartsénant dans la problématique
(le bio-réacteur et le micro-organisme) et le déppement d’outils de modélisation
pour chacune des composantes. Les différents nivé@tude abordés au cours du

travail sont schématisés a la figure 1.

PROBLEMATIQUE : impact du réacteur
sur le développement des micro-organismes

v

2 composantes

7N

Bio-réacteur ‘ ‘ Micro-organisme

17" niveau d’étude :
approche globale

Techniques expérimentales : mesure
de temps de mélange....

Techniques expérimentales : mesure
de la cinétique microbienne en
réacteur....

29" niveau d'étude :

approche locale

Techniques de modélisation
mathématique : modéles
hydrodynamiques structurés

Techniques de modélisation
mathématique : modéles stochastiques
de croissance microbienne

Figure 1 : présentation des deux composantes intervenard ldaproblématique
abordée au cours de ce travail, ainsi que desumvd'@tude ayant été employés.

Les deux composantes de la problématiques, c'dseae micro-organisme et le
bio-réacteur, présentent des parameétres propiatestgissent entre elles. En effet,
le bio-réacteur posséde un temps de mélange, um&nee capacité de transfert
d'oxygene,..., alors que la population microbiennessgale une vitesse de
croissance. Tous ces paramétres vont interagwrétaonditionner les performances
du bio-procédé. Le premier niveau d'étude met envreewne approche
expérimentale qui permet de déterminer des paremégtobaux (comme par

exemple, le temps de mélange pour la composanie-réacteur » et la vitesse de
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croissance pour la composante « micro-organismeAs$in de faciliter I'étude des
deux composantes et de leurs interactions, dedsodéi modélisation ont été
développés. Comme démontré lors du chapitre ktihécessaire de développer des
modéles de type structuré (ou ségrégé dans leecks anétique microbienne) afin
de scruter la dynamique interne des systémes. &'esffet cette dynamique interne
qui permet d’expliquer de nombreux phénoménesetautions entre le bio-réacteur
et les micro-organismes. Les outils de modélisasimacturée ont fait I'objet d’'un
deuxiéme niveau d’étude. Il est important de napee les données du premier
niveau d'étude ont été nécessaires afin de valekemodéles. Les deux niveaux
d’étude ont donc été utilisés en paralléle durarttavail.

Pour rappel, la stratégie scientifique adoptéecauscde ce travail se résume comme
suit :

- Développement des outils de modélisation de I'hglgnamique du
réacteur, ces aspects ayant été abordés au ceuchajstres 2 et 3.

- Dimensionnement d’'un réactescale-downpermettant de reproduire en
laboratoire les conditions hydrodynamiques reném®r a I'échelle
industrielle, celui-ci ayant été effectué au calushapitre 4.

- Etude de limpact des conditions hydrodynamiques réacteur sur
différents micro-organismes, celle-ci ayant été rdbe au cours des
chapitres 5, 6 et 7.

- Développement d’'un modéle de cinétique microbigmmmant en compte
les performances du bio-réacteur, abordé au cauchapitre 7.

Les discussions principales et conclusions relati&eces 4 points seront reprises

dans ce chapitre.

9.1. Développement d’outils de modélisation pour hydrodynamique des

réacteurs (chapitre 2 et 3)

La premiére partie du travail a été focalisée aucdmposante « bio-réacteur » du
probleme. Dans une premiére étape, l'approche iglassdu génie chimique
appliqué au mélange dans les bio-procédés a éféontde a une approche plus

élaborée (Chapitre 2). L’approche classique a stdhgin I'étude des paramétres de
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performance de I'opération de mélange ayant un énpar le procédé considéré.
Ces paramétres de performance sont :

- le taux de transfert d'oxygéne, qui traduit la s#te de transfert de
'oxygene des bulles gazeuses au milieu liquidetermemt les micro-
organismes.

- le temps de mélange, traduisant le temps que msyd®me agité pour
revenir a un état d’ équilibre suite a une perttiooa

Le procédé considéré étant la cultdegl-batchd’'une levure sauvage deichia
pastorisen réacteur de 20 litres et de 500 litres.

Les deux opérations de mélange se sont avéréesrtantes dans les cultures
réalisées, le taux de transfert d’oxygeéne ayaninypmact plus important que le
processus d’homogénéisation. En effet, les écheléeséacteur considérées sont
restées modestes. Néanmoins, méme a petite éclesllinhomogénéités peuvent
survenir [1] et 'approche structurée a permis datra en évidence 'apparition de
gradients de concentration suite a I'ajout de lare® de carbone lors de la phase
fed-batchdu procédé. Certaines combinaisons d’agitateusosteavérées efficaces
pour réduire ce gradient, et notamment le passdge dystéme d’agitation
purement radial a un systéeme comprenant un ou dmitateurs axiaux. La
combinaison hybride (un agitateur radial + un dgiia axial) s'est avérée
intéressante du fait de ses performances a lapois I'homogénéisation et le
transfert d’oxygéne. L'approche structurée a égatgmpermis de mettre en
évidence l'impact de l'augmentation d’échelle dwatéur sur le gradient de
concentration. En effet, les simulations ont moniné augmentation de l'intensité
du gradient de concentration lors du passage @éaateur de 20 litres a un réacteur
de 500 litres.

Cette premiére phase d'étude (chapitre 2) a mévatence :

- la nécessité de pouvoir réaliser des expériences das réacteurs de
volume plus important afin d’observer un impact ldf®mogénéisation
plus marqué. En effet, ce phénoméne d’homogéngisath conditionner
I'extrapolation du procédé. Afin de permettre laaligation de telles
expériences, la conception d'un réactegale-down sera une étape

indispensable (voir chapitre 3 et suivants).
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- lintérét de l'approche structurée, méme si les abesl mathématiques
relatifs & celle-ci doivent encore étre amélio@ss améliorations ont été
abordées au cours du chapitre 3.

En effet, au cours du chapitre 3, le modéle stréctlassique (déterministe) a été
confronté au modeéle structuré stochastique. It sleéré que ce dernier présente les
mémes performances que le modeéle structuré classijgéanmoins, le modéle
stochastique permet également d’intégrer la citmradu micro-organisme et est
plus facile a exprimer du point de vue mathématiqoe qui en fait un modéle de

choix pour représenter I’hydrodynamique des biatéas

9.2. Dimensionnement d’'un réacteuscale-down(chapitre 4)

Afin de permettre la réalisation de cultures deroiimrganismes dans des conditions
d’écoulement de réacteur industriel, un systémerdteur scale-downa été
imaginé (celui-ci a été présenté au chapitre 1). rhedéle hydrodynamique
stochastique a été utilisé afin de comparer leBpeances de mélange du réacteur
scale-dowrpar rapport a des réacteurs de taille industriethes de cette étude, il a
été montré que la modification de la géométrieadedrtie non mélangée du réacteur
scale-down ainsi que la modification du débit de la pompe reeirculation
permettaient de retrouver les courbes de tracdilis¢es pour déterminer le temps
de mélange, voir chapitre 1) de plusieurs réacteutsstriels. De plus, le modéle
hydrodynamique stochastique a pu étre employé peproduire ces courbes de
traceurs. Néanmoins, la valeur du temps de mélargjies méme la forme de la
courbe de traceur ne sont pas des parameétres asfigoour comparer les
performances hydrodynamiques des réacteurs datedte des bio-procédés. Afin
de comparer de maniére plus fine I'effet du mélasgela physiologie microbienne
entre différents réacteurs, le modéle stochastiguété utilisé pour simuler le
phénomene de mélange et I'apparition de gradientoeentration, mais aussi le
phénomeéne de circulation des micro-organismes g@apart a ce gradient. Cette
approche permet, par superposition des deux phéresnél’'obtenir le profil de
concentration rencontré par un micro-organismederson séjour dans un réacteur.

Il a été démontré au cours du chapitre 4 que egipeoche constitue une base de
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comparaison plus fiable. La méme approche de sopitign des deux modéles sera
utilisée dans la suite du travail pour étudier pewt de I'hydrodynamique du

réacteur sur la physiologie et le développemertedtains micro-organismes.

9.3. Impact des conditions hydrodynamiques du réaetir sur le développement

des micro-organismegchapitre 5, 6 et 7)

L'utilisation des modéles stochastiques relatifsbdarréacteur permet I'obtention
des profils de concentration rencontrés par lesavocganismes. En effet, ceux-ci
permettent d’obtenir une représentation du gradiEntoncentration qui s'établit
dans le réacteur, mais aussi la circulation ddslesImicrobiennes par rapport a ce
gradient. Cette idée de détermination des varigtitnconcentration pergues par une
cellule microbienne durant son séjour dans un eéac déja été proposée dans la
littérature [2]. Celle-ci a été exploitée dans cavail et a été étendue a une
population microbienne de taille donnée (chapiées 7). De plus, une méthode de
standardisation des résultats de simulation hydrachyque a été proposée au cours
du chapitre 6. De cette maniére, les résultatsndelation sont exprimés sous forme
d'un diagramme de fréquence représentant les diffés fractions de la population
microbienne en fonction des profils moyens de cotredion rencontrés. Un

exemple de diagramme de fréquence est donné guiz 2.
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Figure 2: exemple de diagramme de fréquence obtenu par dthatie de

standardisation des résultats de simulation hydracyque (chapitre 6). La
simulation présentée ici met en ceuvre une populaticrobienne de 3500 cellules
circulant dans un réacteur dans lequel se dévelopggadient de substrat.

L’histogramme de fréquence présenté a la figuraiR dpparaitre les différentes
fractions la population microbienne soumises agtadients de concentration plus
ou moins importants. Cette approche a permis diguel les chutes de rendements
notées lorsque le débit de recirculation entre deip mélangée et la partie non
mélangée d'un réactelgcale-downétait diminué. En effet, lorsque le débit de
recirculation baisse, on note un étirement de tiigsamme de fréquence (figure 2)
vers la droite, ce qui se traduit par une plus dgaproportion de micro-organismes

soumis a des gradients de concentration intenses.

9.4. Elaboration d’'un_modéle de cinétigue microbiene prenant en compte les

performances du bio-réacteur(chapitre 8)

La deuxieme composante de la problématique (figyrétait le micro-organisme
lui-méme. Afin d’étudier au mieux le comportememisdnicro-organismes face a
I'nydrodynamique du réacteur, un modeéle stochastid@ cinétique microbienne a
été proposé. L'expression d'un modéle de cinétiguierobienne sous forme

stochastique permet d'une part duniformiser leshtgégques de modélisation
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utilisées au cours de ce travail, et d'autre paeffectuer plus facilement la
connexion entre le modéle de cinétique microbienae les modéles
hydrodynamiques élaborés précédemment.

Le modéle stochastique de cinétique microbiennpge® dans ce travail repose sur
la détermination aléatoire des temps de générdiarhaque cellule de la population
considérée (dans notre cas, 3500 cellules microbepnt été considérées au début
de chaque simulation). A ce niveau, la principaificdité réside dans la
détermination de la distribution de probabilité a@rtp de laquelle les temps de
génération sont déterminés. Il a été démontré qu'distribution de type log-
normale était bien adaptée pour reproduire lesbesuexpérimentales de cinétique
microbienne. En moddatch la distribution posséde une forme constante. Par
contre, en modéd-batch I'allure de la distribution évolue de maniére ttone, ce
qui reflete bien les contraintes physiologiquesiessiipar la population microbienne
lorsque celle-ci occupe de plus en plus de plaos tiaréacteur. Cela a été exprimé
au niveau du modéle par une augmentation expofientde la moyenne et de
I'écart-type de la distribution de probabilité.

Lorsque les contraintes hydrodynamiques devienmesondérantes, la distribution
de probabilités a été remplacée par une probabiiité chaque cellule microbienne
de subir un stress hydrodynamique. Cette probébiie ressentir un stress
hydrodynamique a été déterminée a partir de donmd#smites des modeles
hydrodynamiques stochastiques. Le modele obteragtie maniere permet de faire
le lien entre la composante « micro-organisme ba €@mposante « bio-réacteur »,
et permet de mieux comprendre les facteurs inflalsnies rendements en biomasse
lors d’'un changement d’échelle de réacteur oudarse modification de conditions
opératoires. En effet, ce modéle permet de repredeis courbes de cinétique

microbienne obtenues lors des essais dans différéatteurscale-down

9.5. Conclusion générale

Ce travail concerne la caractérisation de [limpatt bio-réacteur sur les
performances des bio-procédés. Les deux composamtiasproblématique, c’'est-a-

dire le bio-réacteur et le micro-organisme, ontrét@élisées et des expériences de
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cinétiqgue microbienne en réactesrale-downont été menées afin de valider ces
modéles. La conclusion de ce travail reprendra d@esdrois points.

- Le modéle hydrodynamique de bio-réacteur consisteugerposer un
modele de mélange et une modele de circulation @giare a obtenir les
profils de concentration rencontrés par les miogaoismes durant leur
séjour dans le réacteur (Chapitres 3 et 4). Leslteds de simulation ont
permis d’expliquer les différences de rendemertiemasse obtenues pour
des réacteurscale-downet des réacteurs agités classiques (Chapitres 5 et
6).

- Le modéle de cinétique microbienne repose sur léeraénation
stochastique des temps de mélange pour une papulaticrobienne
donnée (dans notre cas, une population microbianitile de 3500
individus a été considérée). Les données du mdudgleodynamique ont
été intégrées pour réaliser la détermination sktdnse des temps de
génération des cellules microbiennes (Chapitré&8jte approche a permis
d’obtenir des courbes de cinétique microbienneidaiss pour des cultures
batch que pour des culturded-batch De plus, les résultats obtenus sont
en accord avec les expériences réalisées en réastale-down
Néanmoins, le modéle de cinétique microbienne paabre étre affiné de
maniere a obtenir des informations supplémentaine$état physiologique
des cellules. Ceci sera discuté plus en détail demperspectives de ce
travail.

- Les expériences réalisées en réactmate-downont permis de mettre en
évidence un effet de I’hydrodynamique du réacteurles rendements en
biomasse. Les expériences ont été réalisées endéoars deux micro-
organismes : une bactérie de tyscherichia coliet une levure de type
Saccharomyces cerevisid@ans les deux cas, une baisse des performances
de circulation du réactewstale-downa entrainé une chute importante du
rendement en biomasse en fin de culture. Il esreéssant de noter qu’'un
effet hydrodynamique analogue a été observé aisapiourE. coli et S.
cerevisiae qui sont pourtant deux micro-organismes éloigthégoint de

vue phylogénie. Néanmoins, ces deux organismesemrs certaines
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similitudes au niveau de leur métabolisme du glacgsi pourraient
expliquer l'analogie au niveau des effets hydrodyitmes observés.
Premierements. coli etS. cerevisiasont tous deux des micro-organismes
sensibles aux fortes concentrations en glucoseeqtriainent chez eux
linduction de voies métaboliques « surverse »x(é&s de glucose est
transformé en acétate dans le cagdeoli et en éthanol dans le cas Sle
cerevisiag¢. Deuxiemement, on observe pour ces deux micrafosges
des phénoménes d’'oscillations métaboliques (surtautniveau de la
glycolyse et des voies annexes d'assimilation ducage) lorsque la
concentration en glucose extracellulaire fluctuersLde ce travall, il a été
avancé que ce phénomeéene d'oscillations métaboliquesvait étre

responsable de I'effet hydrodynamique noté lorsedggriences.

9.6. Perspectives

Le présent travail ouvre de nouvelles perspectidégpprofondissement des
connaissances relatives aux deux composantesgtebd#&matique abordée dans ce
travail : le bio-réacteur et le micro-organisme.

Au niveau de la composante « bio-réacteurde la problématique, celle-ci a été
abondamment abordée tant au niveau expérimentalu giveau de la modélisation
mathématique. Cependant, deux problémes ont é&&éslconcernant le modele
hydrodynamique stochastique. Le premier probléemaeceme le manque de
résolution au niveau des gradients de concentrafianeffet, la résolution dépend
directement du nombre d’états utilisés pour repri&sde réacteur. Plus ce nombre
d’'états est élevé et plus grande est la résolationiveau du calcul des gradients de
concentration locaux. Néanmoins, I'augmentationndmbre d’états implique une
connaissanca priori du sens et de I'orientation des écoulements lgaguixne sont
pas toujours connus, comme dans le cas notammdat giatie non mélangée des
réacteursscale-down L'augmentation de la résolution spatiale du medgiplique
donc la mise en ceuvre de techniques avancées de ¢gdmique, comme par
exemple laLaser Induced Fluorecend8], qui permet de suivre avec une grande

précision et une grande résolution spatiale (aganivdu pixel) la répartition de
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molécules de fluorochrome au sein d'un réacteurse@ond probléme concernant
I'utilisation des modéles hydrodynamiques stoclyasts décrits dans ce travail est
le temps de simulation relativement élevé requisr pmuler la circulation des
micro-organismes dans le réacteur. Malheureuserergrobléeme ne peut pas étre
contourné a I'heure actuelle.

La modélisation mathématique de [I'hydrodynamique #io-réacteur est
relativement bien détaillée dans ce travail. Néansjooutre I'homogénéisation,
d’autres types d’'opération de mélange peuvent gavgportants dans le cadre des
bio-procédés. Citons par exemple le probléeme chstest d’oxygéne. Ce probléme
peut également étre traité par une approche de lisafitgn structurée [4, 5] et la
méthodologie présentée au cours de ce travailgisaiappliquée a la caractérisation
des fluctuations en oxygene dissous pergues paritge-organismes.

Au niveau de la composante « micro-organismele la problématique, une des
perspectives importantes de ce travail est I'élatiom d’'un modéle de cinétique
microbienne prenant en compte les fluctuations renmementales induites par
I'hydrodynamique du réacteur. La complexité coneetnce type modélisation
mathématique réside dans le fait que plusieurs -smgeles sont requis afin
d’obtenir un modéle réaliste du point de vue physigt biologique :

- un premier sous-modele permettant de décrire lgepépn des fluctuations
environnementales au niveau intracellulaire. Erteffles éléments de la
littérature laissent & penser que le micro-orgaeisst capable de « filtrer »
le bruit extracellulaire afin d’optimiser ses réans biochimiques internes
[6, 7]. Ce sous-modéle est particulierement impurtans le cadre de ce
travail puisqu’il permet d’effectuer un lien diresttre la composante « bio-
réacteur » et la composante « micro-organisme ».

- un deuxiéme ensemble de sous-modeles permettgmteddre en compte
les aspects concernant les voies génétiques etbaligizes régulant
I'activité de la cellule. Les systemes d'inductieinde répression des voies
métaboliques peuvent étre aisément modélisés par teehniques de
« circuits intracellulaires » [8, 9]. Vu le nombrelativement restreint de
molécules activatrices et inhibitrices, ainsi quees d récepteurs

intracellulaires, les systémes d’induction et deression sont également
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soumis a des lois stochastiques [10]. La compedét cette approche vient
du nombre de voies ou de circuits a prendre en mpaur reproduire le
phénomene visé.
- La troisieme et derniere composante concerne laéhsation de la
croissance cellulaire elle-méme.
En rapport avec ce dernier sous-modéle, le modglehastique de cinétique
microbienne mis au point au cours de ce travaibfithe 8) permet d’intégrer les
contraintes hydrodynamiques du réacteur et refié&e I'impact de celles-ci sur la
courbe de croissance microbienne. Néanmoins, ce dgpmodeéle présente deux
inconvénients :
- il est difficile a valider par des résultats exp@ntaux, car il est basé sur
les temps génération individuels des cellules nbiemnes.
- il ne prend pas en compte I'état physiologique ckdhiles, ce qui comme
nous l'avons vu précédemment doit faire I'objetrdaous-modéle.
Ce dernier point est important pour la conduite nd’'bio-procédé, les états
physiologiques des cellules influencant la qudiitéle du produit (dans le cas de la
production de biomasse) ou la capacité de synttiésaolécules d’intérét (dans le
cas de la production de métabolites). Une des gmapdrspectives de ce travail est
le développement d'un modéle stochastique de gmétimicrobienne ségrégé et
structuré (c’est-a-dire prenant en compte les ta@natiques individuelles de chaque
cellule et la dynamique interne de celle-ci) de iB@na obtenir une représentation
des différents états physiologiques des celluletadgopulation microbienne a un
instant donné. Dans cette optique de caracténsates états physiologiques des
cellules microbiennes, les techniques de cytométneflux constituent un outil
important [11]. Ces techniques ont d’ailleurs d&g utilisées a de multiples reprises
pour la mise en évidence de I'impact de I'hydrodyigue des réacteurs sur la
physiologie microbienne [12, 13], ou sur l'impact grocédé sur la qualité
technologique des cellules microbiennes [14].
La prise en compte de tout les phénomeénes citémidat permettre d’élaborer un
modéle mathématique puissant permettant de sinielleomportement du micro-
organisme (ou d’'une population microbienne) face eapacités hydrodynamiques

du réacteur. D’'une maniére plus générale, ce tgpmadéle pourra étre utilisé pour
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décrire I'évolution d'une population microbienne nda n'importe quel type
d’environnement (aliments, sols, cours d'eau,...).difficulté pour parvenir a ce
genre de résultat réside dans le nombre importanptttnoménes a prendre en
compte, ainsi que dans le manque de données aaunide la dynamique des

mécanismes intracellulaires.
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ANNEXE

Principes d’'élaboration des modéles stochastiquespr la simulation de
I’'hydrodynamique des bio-réacteurs mécaniquement atgs

1. Introduction

Les modéles hydrodynamiques de bio-réacteurs agilau cours de ce travall

possedent deux caractéristiques principales :

ils sont structurés : le bio-réacteur n'est passit#ré comme une
boite noire, mais comme un réseau de zones flludesidérées
comme parfaitement mélangée€e concept trés important a été
développé a l'origine pour simuler I'influence délange sur les
réactions dans l'industrie chimique de base [1h Bté appliqué
dans le cadre de cette étude pour calculer lesiggiad de
concentration au sein des bio-réacteurs.

ils sont stochastiques : en d’autres termes, delaifie que le
passage d’'une molécule ou d’une particule d’'une zmfluide a
une autre (appelée état dans le cas des modétdmstiojues) est
gouverné par une probabilité. Le but de cette amesk de décrire

I'élaboration de ce type de modéle.

2. Exemple préliminaire

Pour faciliter la compréhension des principes nratitéques et algorithmiques

utilisés pour I'élaboration des modéles stochastgun exemple concret est décrit

dans les lignes qui suivent. La figure 1 montreexemple simplifié de modéle

hydrodynamique structuré de bio-réacteur compreiuix zones de fluide (le

modele a deux zones constitue la configurationnmate pour un modéle structuré).

! Dans la littérature, ces zones de fluide sont lépge« zones », « compartiments »,
ou encore « états » dans le cas particulier deglie®dtochastiques
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fluide 1

fluide 2
"

Figure 1: modele hydrodynamique structuré comprenant denes de fluide

Le processus stochastique qui est utilisé pour lsimlhomogénéisation d'un
traceur au sein du réacteur est un processus deoMéencore appelé chaine de
Markov). Le modéle a chaine de Markov utilisé aursale ce travail est discret au
niveau temporel et au niveau spatial.

La discrétisation au niveau spatial implique unaesp« d’états » S. Dans notre cas,
ces états ;Scorrespondent aux zones de fluides au sein duedraagité. Une
maniére pratique de représenter ces états au serdadkov est le graphe de
transition [2, 3]. Dans le cas de la structure deléfe de la figure 1, le graphe de
transition est le suivant :

P]*)]

A

Pl—>2 ‘ l)Z—H

\

PZ%Z

Figure 2: graphe de transition correspondant au modéleodiément de réacteur
présenté a la figure 1

Le graphe de transition présenté a la figure 2bi@ih apparaitre les probabilités de

transition entre les états 8t S du modele. Les probabilités de transition d'une
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chaine de Markov a temps discret peuvent étre mddées dans une matrice de
transition T. Dans le cas du graphe de transitiomaddéle présenté a la figure 2, la
matrice de transition est la suivante :
R.i R
T= (A-1)
SN
Avec R_; étant la probabilité de passer de I'état i & t'¢tdDeux conditions sont
requises au niveau de la valeur de ces probalbilités
- la somme des valeurs des probabilités d’une mégre Ide la
matrice T est égale a 1
- la valeur de chacune des probabilités est striatemérieure a 1
(sauf dans le cas des états dits « absorbantsus, Iesquels la
valeur correspondante de probabilité est égale a 1)
La discrétisation au niveau spatial étant défifligeste a décrire I'évolution du
systéeme au niveau temporel. Le modéle étant égatediscret en temps, une
discrétisation temporelle est également requisenptique de considérer I'espace
d’état de la chaine de Markov a des temps donreshhine de Markov est alors

représentée par I'’équation suivante :

S =TxSq4 (A-2)

De maniéere développée :

St||Ra R[S
X

%,t PZ—'l PZ—.Z %,t—l

Ce qui signifie que le vecteur d'états S au temps tiépend que du vecteur d’'états

(A-3)

au temps t-1 et pas des vecteurs d'états précédantfautres termes, un processus
de Markov est un processus stochastique pour ldguebmportement futur du
systeme ne dépend que du présent et pas de Ithigtassée du systeme. Cette
propriété est connue sou s le nom de propriété al&dw [2, 3] et a des implications
trés importantes au niveau du présent travail. fiat, éa simplicité du processus de
Markov au niveau de la formulation mathématiquefanun algorithme rapide au
niveau temps de simulation, mais ne permet pasideesle passage d’'un élément

particulier d’état en état au cours du temps. Lecgssus d’homogénéisation peut
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donc étre simulé, mais ce n'est pas le cas du psosede circulation ou du
déplacement d’élémeritau sein du réacteur. Pour réaliser de telles sitionls, un
autre type de processus stochastique doit étnséutiDans ce cas, la matrice de
transition et les différents états du modéle sonjours valables, mais I'algorithme
de développement temporel doit étre modifié. Uroailgme simple pour ce type
d’'application et la simulation de Monte Carlo. Gelu sera décrit au cours du
paragraphe 3.

Avant d'aller plus loin dans la discussion, il estportant d’éclaircir un aspect
conceptuel lié au modéle hydrodynamique stochasstigen effet, lors de
l'introduction de cette partie annexe, les modéigdrodynamiques structurés de
réacteur ont été définis comme étant des rése@snoénts considérés comme étant
parfaitement mélangés. A ce niveau, la questiovasie se pose : I'état au sens de
Markov (dans notre cas, une zone fluide) peutré €bnsidéré comme un élément
parfaitement mélangé ? Pour répondre a cette questiest utile de rappeler les
deux types d’écoulement idéaux utilisés en génimicjue pour la modélisation des
écoulements réels au sein des réacteurs :

- I'élément parfaitement mélangé, pour lequel un tsolest
instantanément homogénéisé dans le volume de Bfiédes son
entrée dans celui-ci

- I'élément piston, pour lequel un soluté entranttemnps t dans
I'élément en ressort inchangé au temps t+r (r émriemps de
rétention au sein de I'élément piston)

Pour représenter une courbe de sortie de tracens wla réacteur piston au niveau
d'un état de Markov, les probabilités de transitaa sortie de cet état doivent

répondre a [4] :
0 t(t+r
I:)sortie: 1 t=t+r (A-4)

0 tht+r

2 Par éléments, il est entendu des particules omitgs-organismes dans le cas de
la simulation d’un processus de circulation ou mhe$ecules en solution dans le cas
de la simulation d’'un processus d’homogénéisation
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Tout état ayant des valeurs de probabilités deesdifférentes de celles proposées
dans cette équation peuvent étre considérés conarfaitpment mélangés. Les
probabilités de transition de sortie utilisées daeste étude ont des valeurs
strictement inférieures a 1, ce qui impliqgue que détats du modeéle peuvent étre

considérés comme parfaitement mélangés.

3. Application de la procédure de modélisation stochdisiue a un cas

concret

Les principes de base d'élaboration d'un modélehststique ayant été décrits, un
exemple concret de modéle utilisé dans ce trawait pnaintenant étre abordé. La
figure 3 reprend le schéma du modéle stochastigtigséu pour décrire

I'hydrodynamique au sein d’un réactemale-down

ens
..............

Psta_\'
o Punife
s
Pcil‘cnlﬂte “ »
O |
.
.
»
0
»
.

Penter

Non-mixed part

Figure 3: schéma du modéle stochastique utilisé pour gmithydrodynamique
d'un réacteurscale-down Huit plans comprenant chacun 8 états ont été emis
ceuvre pour modéliser la partie mélangée du réaetdunis états placés en série ont
été utilisés pour modéliser la partie non mélangée

Dans ce cas, la matrice de transition est une ceatie 67 éléments sur 67 (le

modele comprenant 67 états ou zones de fluide)t dgyairucture suivante :
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1-PplugPplug 00 000000000000 000000000000000000000000000000000000000000000000000
0 1-Pplug Pplug 00000000000 00000000 000000000000000000000000000000000000000000000
00 1-PplugPplug 0 0 00 0 000 0000000000 000 000000000000000000000000000000000000000000
000PtL0OPcircPs1000000Psl 0000000000 0000000000000000000000000000000000000Ps100 000
000PcircPtIPs1 0000 0Ps1 000000000000 00000000000 000000000000000000000000Ps10000000
0000Ps2Pt2Pcirc 0Ps200000Ps2000000000000000 000000 0000000000000000000 000000 0Ps2000 0
000Ps1 1-(3*Ps)-PtOPtIO0000Ps100000000000000000000000000000000000000000000000Ps1000000
000000Ps2Pt2Pcirc0Ps200000Ps200000000000000000000000000000000000000000000000 Ps200
0000 0000Ptl Ps1Pcirc0000000Ps100000000000000000000000000000000000000000000000Ps1
0000000PcircPs1Pt1O0000Ps100000000000000000000000000000000000000000000000Ps1000
0000000Ps1 OPcircPt1000000Ps10 0000000000000000000000000000000000000000000000Ps10
00000Ps100000Pt1 0PcircPs1000000Ps1000 000000000000 0000 00000000000000000000000000
00 0Ps10 000 000Pcirc PtIPs1 0000 0Ps100000000000000000000000000000000000 000000000000
000000Ps200000Ps2Pt2Pcirc0Ps200000Ps2000 0000 000000000000000000000000000000000000
0000Ps1000000Ps1 PcircOPt100000Ps100000000000000000 00000 000000000000000000000000
00000000Ps200000Ps2 Pt2 Pcirc 0Ps2 0000 0Ps2000000 000 000 000000000 00000000000000000000
0000000000Ps10 0000Ptl Ps1 Pcirc00 00000 Ps10000000000000000000000000000000000000000
0000000Ps10 000 000Pcirc Ps1 Pt1 00000 Ps10000 00000 0000000000000000000000000000000000
000000000Ps1000 00Psl 0Pcirc Pt1000000Ps10 0000000 000000000000000000000000000000000
000000000000 0Ps100 00 Ps1Ptl OPcirc00 00000Ps10000000000000000000000000000000000000
0000000 0000Ps10000000PcircPtlPs100000Ps100 000 0000000000000000000000000000000000
00000000000000Ps200000Ps2Pt2 PcircOPs20 0000Ps2000000 0000000000000 00000000000000000
000000000000Ps10 0000 OPsl PcircO Pt100000 Ps100000000000000000000000000000000000000
00000000000000 00Ps2 000 00Ps2 Pt2 Pcrc 0Ps200000 Ps2 0000000000000000000000000000000000
000000000000000000Ps100000Ptl Psl Pcirc 000000 0Ps100000000000000000000000000000000
000000000000000Ps100 0000 0Pcirc Ps1 Pt100000 Ps1 00000000 000000000000000000000000000
00000000000000000Ps100000 Ps10 PcircPt10000 00 Ps1000000000000000000000000000000000
000000000000000000000Ps1 0000 PsLPtl 0Pcirc0000000 Ps10000000000 0000000000000000000
000000000000000000 0Ps1000000 0Pcirc Pt1 Ps100000 Ps10000 0000 000000000000000000000 00
0000000000000000000000Ps200000Ps2 Pt2 PcircOPs200000 Ps200000000 000000000000 0000 0000
00000000000000000000Ps100000 0OPsl Pcirc0 Pt1 00000 Ps10000000000000000000000 00000000
000000000000000000000000Ps200000Ps2Pt2Pcirc 0Ps2 00000 Ps200000000000000000000000000
00000000000000000000000000Ps1 00000 PtlPsl Pcirc0000000 Ps100000000 000000000000 0000
00000000000000000000000Ps1 0000000 PcircPsl Pt100 000 Ps1000000000000000000000000000
0000000000000000000000000Ps10 0000 Psl OPcirc Pt1000 000Ps10000 00000 0000000000000000
0000000000000000000 00000000 00Ps10000Ps1Pt10 PcircO000 000 Ps10000000000000 00000000
0000000000000000000000000 00Ps1 000000 OPcirc Pt1 Ps1 00000 Ps100000 000000000000000000
0000000000000000000000000000 00Ps200000Ps2 Pt2 Pcirc 0 Ps200000 Ps20000000000000000 0000
000000000000000 000000000000 0P1000 000Ps1 PcircO Pt100000 Ps10000000 00000000000 0000
00000000000000000000000000000000Ps200000Ps2Pt2Pcirc0Ps200 000Ps2000000000000000000
0000000000000000000000000000000000Ps100000Pt1 Ps1 Pcirc0000 000Ps1000 0000000000000
0000000000000 000000000000 000000Ps100000 00Pcirc Ps1Pt100000Ps100000 000000 00000000
000000000000000000000000000000000Ps100000Ps10 Pecirc Pt10000 00Ps100000000000000000
0000000000000000000000000000000000000Ps1 0000 Psl Pt10 Pcirc0000000 Ps10000 000000 000
00000000000000000000000000000000000000Ps20 0000Ps2 Pt2 PcircOPs200000Ps2000000000000
000000000000000000000000000000000000Ps1 000000Ps1 PcircOPt1I0000 0Ps100000000000000
0000000000000000000000000000000000000000Ps200000 Ps2 Pt2 Pcirc0Ps200000Ps20000000000
000000000000000000000000000000000000000000Ps100000PtLPsl Pcirc0000000Ps100000000
000000000000000000000000000000000000000Ps10000000Pcirc Ps1 Pt1000 00Ps100 000000000
00000000000000000000000000000000000000000Ps100000Ps10PcircPtI00000 0Ps100 0000000
000000000000000000000000000000000000000000000Ps10 000Ps1Pt10 Pcirc0000000Ps100000
000000000000000000000000 0000000000000000000Ps100000 00PcircPtl Ps1000 00Ps10000000
0000000000000000000000000000000000000000000000Ps200000Ps2 Pt2 Pcirc0Ps20000 0Ps20 000
00000000000000000000000000000000000000000000Ps1000000Ps1Pcirc0PtI0O0000Ps1000000
000000000000000000000000000000000000000000000000Ps20 0000Ps2Pt2PcircOPs200 000Ps200
00000000000000000000000000000000000000000000000000Ps100 000PtIPsl Pcirc 000000 0Psl
00000000000000000000000000000000000000 000000000 Ps100000 00Pcirc Ps1 Pt100000Ps1 000
0000000000000000000000000000000000000000000000000Ps10000 0Ps10Pcirc Pt10000 00Ps10
00000Ps10000000000000000000 00000000 00000000000000000000Ps100000 Pt10 Pcirc Ps10000
000Ps100000000000000000000000000000000000000000000 000Ps10000 000Pcirc Pt1Ps100000
000000Ps200000000000000000000000000000000000000000000000Ps2000 00Ps2 Pt2 Pcirc0 Ps200
0000Ps100000000000000000 0000 00000000000000000000000000Ps100 0000Ps1 PcircOPt10000
00000000Ps200000000000000000000000000000000000000000000000Ps20 0000Ps2 Pt2 Pcirc 0Ps2
000000000 0Ps100000000000000000000000000000000000000000000000Ps10 0000Pt1Psl Pcirc
0000000Ps100000000000000000000000000000000000000000000000Ps10000000 Pcirc Ps1 Pt10
Pexit00000000Ps300000000000000000000000000000000000000000000000Ps300 000 Ps30 PeircPt3

A partir de cette matrice, I'équation A-2 peut &itéisée pour simuler 'avancement

du vecteur d’état du systtme au cours du temps.nikgau numérique, cette

procédure peut étre représentée de la maniérensefiva

farl:t
S(1:67,i) = T"i*B67,0);

end

Comme dit précédemment, cet algorithme ne peutiéilieé que pour simuler le

processus d’homogénéisation. Pour simuler la @tmn de particules ou de micro-

% Les notations pour les algorithmes sont valabéesde cas du logiciel MatLab
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organismes, un processus de Monte Carlo reposaria ggénération de nombres
aléatoires doit étre employé. Cet algorithme faiivenir plusieurs étapes :

- pour un élément en mouvement dans le réacteur @t poe
transition, génération d'un nombre aléatoire a ipadune
distribution normale

- comparaison de ce nombre aléatoire avec les pidbabi
contenues dans la matrice de transition du modéle

- sur base de cette comparaison, prise de décisiorcégure
numérique du typeif rand > T(i,j),...,elseif.....end)

Le grand avantage de l'algorithme de type MonteldCast la prise en compte de
I'historique des éléments qui se déplacent d'étmtetmt dans le modele, ce qui
permet de représenter le processus de circulasins I réacteur. Le désavantage de
cette approche est le temps de simulation qui gsttdment proportionnel au
nombre de particules considérées. Dans le conthxt&avail, I'algorithme a été
utilisé pour simuler le déplacement des micro-oig/aes au sein du réacteur. Vu les
concentrations cellulaires trés importantes dassle-réacteurs (de I'ordre de®10
cellules par ml), seul un nombre limité de micrgamismes a pu étre considéré afin

de limiter le temps de simulation.
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